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ABSTRACT
In recent years, there has been a considerable interest in the application of solid-liquid 
fluidized bed heat exchangers in various process industries. The importance of these heat 
exchangers arises from their ability to remove large quantities of heat per unit time and area 
from a hot surface. The value of the heat transfer coefficient in solid-liquid fluidized beds can 
be up to 8 times higher than for single phase forced convection, due to the increase in 
turbulence level. In addition, in cases where severe fouling is expected, any deposits that may 
form on the heat transfer surfaces are immediately removed by the abrasive action of the 
particles.
Accurate prediction of hydrodynamic design parameters, such as particle terminal velocity, 
bed voidage, minimum fluidization velocity and its corresponding bed voidage, and heat 
transfer coefficient is essential for sizing solid-liquid fluidized bed heat exchangers. In recent
years, solid-liquid fluidized beds are also finding application in the chemical, petrochemical
/
and mineral process industries in which the liquid phase is viscous with non-Newtonian 
behavior.
In this investigation, after an extensive literature review of the subjects, a complete 
experimental set-up for measuring particle terminal velocity, bed voidage and heat transfer 
was constructed. Then, using Newtonian and non-Newtonian liquids experimental results on 
particle terminal velocity, bed voidage, minimum fluidization velocity and heat transfer were 
obtained. It is necessary to mention that the term of non-Newtonian in this investigation 
implies shear-thinning power law liquids. New experimental data were obtained where 
published results were insufficient. The results were systematically analyzed and compared 
with previously published models.
Particle terminal falling velocity was measured for different spherical and cylindrical particles 
with Newtonian and non-Newtonian liquids. The results show that for predicting the particle 
terminal velocity with Newtonian liquids, the correlation suggested by Hartman et al. (1992) 
has the best accuracy and is suitable. Few attempts have been made to establish the functional 
dependence on the particle terminal Reynolds number for solutions with non-Newtonian 
behavior. Therefore, by analyzing the measured data, a correlation for predicting the particle 
terminal velocity in non-Newtonian liquids was developed that predicts the experimental
results with very good accuracy.
The minimum fluidization velocity point represents the transition between the fixed and 
fluidized states. In this study, the minimum fluidization velocity was obtained by plotting 
pressure drop gradient versus liquid phase Reynolds number for fixed bed and fluidized 
regime. The results of the present investigation show that the correlation proposed by Wen 
and Yu (1966) is the best correlation for predicting the minimum fluidization velocity for 
Newtonian and non-Newtonian solutions if the apparent viscosity is used for Remf and Ar in 
fluidization with non-Newtonian liquids.
Bed voidage was studied for fluidization with Newtonian and non-Newtonian liquids. The 
different effects of particle and liquid properties such as particle size and density, and liquid 
viscosity on bed voidage were studied. A new semi-theoretical model was developed which 
predicts the bed voidage for fluidized beds with Newtonian and non-Newtonian liquids with 
very good accuracy.
Convective heat transfer coefficients were measured for fluidization of various particles with 
Newtonian and non-Newtonian liquids under constant heat flux. Different effects of 
operational parameters such as particle size and density, bulk temperature, liquid viscosity and 
bed voidage were studied. A new model that is based on the findings of this study and on 
previous investigations was developed for predicting the heat transfer coefficient in solid- 
liquid fluidized beds with Newtonian and non-Newtonian liquids. This model predicts the 
experimental data with good accuracy. A data bank of published fluidized bed heat transfer 
data was obtained and completely revised. The measured heat transfer coefficients in this 
study and all results in the refined data bank were compared with the predictions of 39 
published correlation and also with the present model. For both Newtonian and non- 
Newtonian liquids, the present model out-perfonns all others correlations.
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1. INTRODUCTION
In view of the petroleum shortages that the world is facing and which are expected to 
become more acute, proper steps have to be taken to assure the most efficient and 
economic use of the available natural energy resources and the development of new 
alternative sources. Use of fluidized beds in various industries is one of such steps that 
would enhance the utilization of energy. Liquid fluidization is the operation by which 
small solid particles are transferred into a fluid-like state through contact with a liquid. 
High heat transfer rates and intimate mixing of liquid and solid phases are the most 
important properties of liquid fluidization.
Solid-liquid fluidized beds are used throughout the process industry for hydrometallurgical 
operations, catalytic cracking, heat transfer, crystallization and sedimentation. In processes 
where severe fouling of the heat transfer surfaces is expected, installation of a fluidized 
bed heat exchanger where the solid phase is cylindrical stainless steel or tantalum particles 
is also recommended. Over the years, fluidized beds have been the subject of intensive 
research, covering both fundamental and applied aspects. As a result, considerable progress 
has been made towards understanding the detailed hydrodynamic and heat transfer aspects 
as well as in the development of sound methodologies for the design of fluidized bed 
systems. Most of these research efforts have been expended on low viscosity liquids with 
Newtonian behavior, with spherical glass particles as the solid phase. Fluidized beds 
involving high viscosity liquids and non-spherical heavy particles have been the subject of 
much less investigations, and little information can be found on the hydrodynamic 
behavior and heat transfer of these systems.
In recent years, solid-liquid fluidized beds are also finding increasing applications in 
treatment of aqueous wastes, heavy oil cracking, polymerization, biotechnology, 
fermentation, and food processing. Here, the liquid phase is viscous with non-Newtonian 
behavior. In contrast to the large number of investigations of solid-liquid fluidized beds 
with Newtonian liquids very little information is available on hydrodynamics, heat 
transfer, and performance of fluidized beds with non-Newtonian liquids. The literature on 
hydrodynamics and heat transfer for solid-liquid fluidized beds using non-Newtonian 
liquid is very sparse, especially when the fluidized particles are non-spherical.
Solid-liquid fluidized bed heat exchangers have been studied in the United States, the
1
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Netherlands and the Federal Republic of Germany from 1965. Between 1965 and 1970, 
fluidized bed heat exchangers were developed in the United State as brine heaters in 
seawater desalination (Hatch and Weth, 1970). Furthermore, their potential in the 
utilization of geothermal energy was tested between 1975 and 1980 (Allen and Grimmett, 
1978). In the Netherlands, fluidized bed heat exchangers have been developed since 1973 
for brine heating and heat recovery in multistage flash evaporators for seawater 
desalination (Meijer, 1984) and since about 1980, for application in the process industry 
(Klaren, 1983). The main advantages of liquid fluidized beds are six fold:
1. Extremely large area of contact between solid and fluid.
2. The comparative ease with which solids can be handled.
3. Good solid mixing leading to nearly uniform temperature and concentration 
distribution throughout the bed.
4. High rates of mass and heat transfer.
5. The fluidized bed heat exchangers in many cases will maintain totally clean surfaces on 
that neither scaling nor fouling will occur. In cases where even a fluidized bed cannot 
completely prevent scaling or fouling, the thickness of the layer is controlled.
6. The pressure losses are comparable with those in normal heat exchangers since 
fluidized bed heat exchangers are mostly operated at low superficial velocities.
To apply the fluidized bed technology in the plant a circulating rather than a stationary 
fluidized bed is recommended. There are two design options for the circulation:
For circulation inside the exchanger, the particles are disengaged from the fluid by 
reducing the velocity in a conical shaped outlet channel. The overflow of the bed in the 
outlet is returned to the inlet channel through one or more slightly longer and wider 
downcomer tubes where the cycle is repeated. Figure 1.1 demonstrates an example of such 
a heat exchanger with the internal circulation of the particles compared with a conventional 
heat exchanger. As shown in Figure 1.1, almost every single-pass shell-and-tube heat 
exchanger can be converted into a fluidized bed heat exchanger by a few relatively simple 
changes:
2
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1. Tube exit nozzles, which are necessary for a stable upward flow.
2. A large outlet chamber for separation of the particles. The size of the outlet chamber 
depends on the operating range of feed flow.
3. Tube extensions, short for the upward flow and longer for the particle recycle tubes 
(downward flow).
4. A check-ball to prevent flow of particles into the feed tube after shutdown.
5. A larger inlet chamber as a consequence of the tube extensions and the check-ball.
These simple devices allow stable operation of the fluidized bed heat exchanger and 
prevent any carryover of particles to other parts of the process as long as the heat 
exchanger is operated within the range of feed flow.
Large outlet chamber
Stable upper level o f  
fluidized bed
Tube exit nozzles
Upward tubes
Particles recycle tubes
Tube extensions 
Large inlet chamber
Check-ball
Figure 1.1 Conventional heat exchanger and modified heat exchanger with 
circulating fluidized bed
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For circulation outside the exchanger a hydrocyclone is used for the solid-liquid 
separation. The particles are then guided back to the inlet channel through separate piping 
outside the exchanger. With this design high superficial velocities can be achieved. One 
disadvantage is that the design is not as compact as with internal circulation and more 
pumping power is needed, because of additional pressure drop in piping and hydrocyclone.
Before considering the heat transfer processes in a liquid fluidized bed the fluid 
mechanical characteristics of fluidization must be understood. The fluid mechanical 
processes control the residence time of the solid and the liquid phases, and the density of 
the solids at the heat transfer surfaces. The hydrodynamics of fluidization are functions of 
the terminal settling velocity of the particles, the minimum fluidization velocity and its 
corresponding voidage, and the velocity-voidage relationship. Considerable progress has 
been made on the measurement of these parameters and in establishing the velocity- 
voidage relationship in fluidized beds involving low viscosity Newtonian liquids, and 
several correlations have been proposed for their prediction. A review of the existing 
literature reveals that no general and accurate criteria are available for the prediction of the 
hydrodynamic design parameters of liquid fluidized beds with Newtonian nature. 
Furthermore, their prediction is the major unresolved problem in fluidized beds involving 
non-Newtonian liquids. Obviously, there is a lack of experimental evidence and physical 
understanding with respect to hydrodynamics in solid-liquid fluidized beds with non- 
Newtonian nature. For this reason a more detailed experimental investigation of such 
fluidized beds is necessary before physically sound prediction models, for particle terminal 
velocity, minimum fluidization velocity and velocity-voidage relationship can be 
developed for Newtonian and non-Newtonian liquids.
In many applications of solid-liquid fluidized bed systems addition or removal of heat 
through the retaining walls of the bed or an immersed heat transfer surface is very 
important. The wall to bed heat transfer characteristics are among the most important 
subjects for the design and operation of solid-liquid fluidized beds, which are of industrial 
importance for processes involving chemical reaction and mass transfer. One of the 
difficulties in optimum design and operation of solid-liquid fluidized bed heat exchangers 
is the dependence of the heat transfer coefficient on a number of operational and 
geometrical parameters. These includes parameters such as liquid viscosity, density, 
specific heat, thermal conductivity, hydraulic flow diameter and also the physical
4
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properties and the dimensions of the fluidizing particles. A review of the existing literature 
reveals that there is a wealth of experimental data on the effect of various parameters on 
heat transfer coefficient, but few attempts have been made to analyze these data in a 
coherent way. Moreover up until now there have been very few studies of heat transfer to 
non-Newtonian liquids in solid-liquid fluidized beds. Therefore a fundamental 
understanding of heat transfer is essential knowledge for the rational design of any process.
The aim of the present investigation is, therefore, to measure hydrodynamics and heat 
transfer parameters over a wide range of particle size, density and shape using liquids with 
Newtonian and non-Newtonian (shear-thinning power law) behavior. The work is divided 
essentially into two parts: In the first, fundamental hydrodynamic parameters such as 
particle terminal settling velocity, static bed voidage, minimum fluidization velocity and its 
corresponding bed voidage, and the velocity-voidage relationship are studied. In the 
second part of this study the effect of operating parameters such as liquid velocity, particle 
size, particle density, and liquid viscosity on the heat transfer coefficient in solid-liquid 
fluidized beds is considered. For the study of hydrodynamics the set-up includes a test rig 
for measuring bed expansion characteristics, and also a series of glass columns with 
different diameter and height, an electronic timer and a video camera for measuring 
particle terminal settling velocity. For the study of heat transfer a test rig for measuring 
wall to bed heat transfer coefficients is used. All experiments are performed utilizing 
different spherical and cylindrical particles along with distilled water and different 
concentrations of aqueous sugar and CMC solutions as test liquids. These measurements 
are done to provide new experimental information on design parameters especially for 
regions where the published data are insufficient and to elucidate further the hydrodynamic 
and heat transfer behavior of these systems. Predictions of various published correlations 
from the literature are compared with these experimental data.
The outcome of this study provides further insights into the mechanisms of bed expansion 
characteristics and heat transfer and provides a more extensive understanding of the effect 
of different process parameters on particle terminal velocity, minimum fluidization 
velocity, bed expansion characteristics and heat transfer in solid-liquid fluidized beds. New 
models and methodologies are presented for the prediction of these parameters in beds, 
which are fluidized with Newtonian and non-Newtonian (shear-thinning power law) 
liquids.
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2. LITERATURE REVIEW
The first part of this review describes the hydrodynamic characteristics of solid-liquid 
fluidized beds. This includes the different forms of fluidization, particle terminal velocity, 
minimum fluidization velocity and the velocity-voidage relationship in Newtonian and 
non-Newtonian liquids. The second part of the review concentrates on the heat transfer 
characteristics of solid-liquid fluidized beds in relation to the hydrodynamic aspects of 
fluidization.
2.1 Hydrodynamics
2.1.1 Different Forms of Fluidization
Hydrodynamic behavior of liquid-solid fluidization depends on system geometry, bed 
voidage, and physical properties of solid and liquid phases. The operating conditions can 
produce several modes of fluidization, i.e. particulate fluidization, aggregative fluidization 
and transition from particulate to aggregative fluidization. Particulate and aggregative 
fluidization represent the two extremes of a continuous spectrum of behavior patterns for 
fluidized bed systems. In particulate beds, the solid particles expand homogeneously while 
in aggregate fluidizations small groups of particles are assumed to move as individual units 
through the system. For a given liquid, the transition from particulate to aggregate 
fluidization depends on both size and density of the suspended particles and physical 
properties of the liquid phase. Size and density of suspended particles and the physical 
properties of the liquid phase are the parameters that affect the nature of fluidization. 
Fluidized systems with large particles, low viscosity and a large density difference between 
particles and fluid, tend to fluidize more aggregately. The opposite is true for particulate 
fluidization.
Several attempts have been made to formulate a hydrodynamic criterion for the onset of 
aggregative fluidization. Wilhelm and Kwauk (1948) had some success in using the Froude 
number (which is the ratio of kinetic to gravitational energy) to predict whether a system 
fluidized particulately or aggregately. They found that the Froude number was less than one 
for most particulate systems and greater than one for most aggregative systems. 
Nevertheless no physical justification was given.
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Wallis (1968) showed that the stability of particulate fluidization depends entirely on the 
relative magnitude of the dynamic and continuity wave velocities in the bed. For the cases 
where the dynamic wave velocity exceeds that of the continuity wave, particulate 
fluidization is preserved. For cases where continuity wave velocities are greater than 
dynamic wave velocities, voidage inhomogeneities grow and can develop into complete 
aggregates.
uc > ue Homogeneous, Stable, Particulate, or Segregate
ue < ue Heterogeneous, Bubbling, or Aggregate
Here ue is the dynamic wave velocity or velocity of an elastic wave in a compressible fluid, 
which is analogous to the sonic velocity in compressible fluids, and ue is the continuity 
wave velocity or voidage propagation velocity.
An expression for the continuity wave velocity has been proposed by Slis et al. (1959):
u« = ( 1 - e ) - T i- (2.1)da
Where the derivative —^ - is  to be evaluated from the equilibrium particulate expansion
ds
characteristics of the bed; on the basis of the Richardson and Zaki (1954) model:
u s =Ut Sn (2.2)
Equation (1) becomes:
u E = n u t ( l - s ) e n_1 (2.3)
Due to the lack of a general explicit expression for the dynamic wave velocity as a function 
of system properties, there has been little progress in applying Wallis’ (1968) stability 
criterion for prediction of fluidization quality. Verloop and Hertjes (1970) previously 
attempted to formulate an equation describing the elastic wave velocity in a fluidized bed. 
However, they encountered difficulties in obtaining a general expression and their final 
equation was only valid in the viscous regime. Joshi (1983) presented a theory based on the 
predicted increase in power dissipation per unit mass, from particulate to aggregative
7
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fluidization. However, it appears that more experimental investigation is necessary to test 
the validity of this theory. Foscolo and Gibilaro (1984) successfully derived an expression
The formulations leading to the explicit relationship for the dynamic wave velocity, 
equation (4), were obtained by considering the primary forces (gravity, buoyancy and drag)
hypothesis in this formulation is that they are applicable, to an acceptable degree of 
approximation, to the non-equilibrium state. Therefore, this expression is based 011 a purely 
dynamic formulation. Consequently, these equations do not hold in the fixed bed region.
Gibilaro et al. (1986) adopted the approach of Verlooop and Hertjes (1970) based on the 
reasoning of Wallis (1969) that bubbles occur when conditions are such that the 
propagation velocity of a voidage disturbance reaches the velocity of elastic waves in the 
bed. In some respects this is analogous to the condition of a projectile reaching the velocity 
of sound in a fluid. The criterion of Wallis (1969) for the condition under which bubbles 
will just appear in a fluidized bed is simply ue = ue. For voidage propagation velocity
smaller than the elastic wave velocity u8 < ue, disturbances will be accommodated in an
essentially homogeneous manner, whereas for u6 > ue this is no longer possible and
bubbles are formed. Therefore, the stability of a fluidized bed is completely determined by 
the velocity of the elastic wave (or dynamic Wave) and voidage disturbances (the 
continuity wave).
To quantify Wallis’ stability criterion, Gibilaro et al. (1986) defined the following 
dimensionless criterion:
for the drag force on a particle in a fluidized suspension that is valid under all flow 
conditions. The final expression for the elastic wave velocity is given by:
|~3.2gdp(l —s)(p r - p | ) ~l°5
e (2.4)
Pr
acting on particles in a fluidized suspension under equilibrium conditions. The working
(2.5)
For a given system (in which the fluid density and viscosity, and particle density and 
diameter, are specified) Fu may be readily evaluated as a function of voidage, using
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equation 2.3 and 2.4. Positive and negative values of Fu indicate particulate and
aggregative behavior of the bed respectively and a zero value indicates the transition from 
particulate to aggregate fluidization. Since both wave velocities depend on the voidage, it is 
possible that, within the operation range 0 . 4 <  s < 1 ,  the continuity wave velocity increases 
over the dynamic wave velocity, thus causing a transition from particulate to aggregate 
fluidization.
The function Fu displays a quadratic relationship with a minimum that always occurs 
within the operating voidage range. This minimum which is the point of maximum 
aggregation of the solid phase, and hence maximum mixing in the fluidized bed, also 
corresponds to the point of maximum heat transfer rate. Jamialahmadi et al. (1996) by 
differentiating Fu with respect to s developed a model for the prediction of smin.
transfer coefficients. The substantial number of investigations on this topic reflects the 
importance of particle settling velocity in solid-liquid systems (Lali et al., 1989; Chhabra, 
1996). The previous findings particularly with respect to the influence of particle shape, 
density and the behavior of the liquid phase on the terminal velocity are often of 
contradictory nature. The forces acting on a particle moving with its terminal velocity 
through a fluid are in dynamic equilibrium. Namely, the effective weight (the gravitational 
force, Fg> minus buoyancy force, Fb) is equal to the drag force, F(j.
(2.6)
Where n is the exponent of Richardson-Zaki (1954) model.
2.1.2 Particle Terminal Velocity
Particle settling velocity is essential for the prediction of bed voidage, and heat and mass
Fg-  Fb -  Fd ( 2 . 7 )
Or
(2.8)
Solving for the free terminal velocity yields
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u
00
4d„(pp-p.)g
3CDp,
(2.9)
Equation (2.9) may be written in terms of free fall particle Reynolds number:
Re 4Pidp(Pp~Pi)g
3Cd)u2
(2.10)
Equation (2.9) shows that the terminal velocity of a particle is inversely proportional to the 
square root of drag coefficient. Theoretically, the drag coefficient, Cd, can be obtained 
from the solution of the equation of momentum for the system. In the absence of the 
inertial terms it yields:
in the momentum equation and no solutions are possible under these conditions. Therefore, 
almost ail drag coefficients reported for higher Reynolds numbers have been obtained from 
experiments. These results are generally presented in graphical form as a complex function 
of the flow conditions. Most of this work has been reviewed and critically evaluated by 
several investigators (Clift et ah, 1978; Khan and Richardson, 1987). Clift et al. (1978) 
and Lydersen (1989) fitted these data to a series of straight lines for calculating the value of 
Cd for a given value of Rep and embracing the complete standard drag curve. Description 
of these equations and conditions for which their application has been recommended are 
summarized in Table 2.1. For a given value of Reynolds number, calculation of Cd using 
one of these correlations is a straightforward matter. Unfortunately, the form of these 
correlations is not convenient for the calculation of the free settling velocity for a given 
solid-liquid system as the unknown velocity appears in both Repoo and Cd-
(2.11)
As particle Reynolds number increases, the inertial terms become increasingly significant
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Table 2.1 Recommended drag correlations
Author Correlation Range of applicability
Oseen 
( 1927 )
CA = —  ( 1 + ^* R e .
Re. 16
Dallavalle 
(1948 ) 0.63 +
4.8 V
Rep y
Clift et al. 
( 1978 )
CD = -----1 1 + — Re
R e P
24CD =  (l + 0.1315Re;,O82-OO5w))
C„ =
ReV
24
Re..
(l + 0.1935 Re"06305)
logCD = 1.6435 -  1.1242 co + 0.1558co2
logCD = -2.4571 + 2.5558co-0.9295co2 +0.1049co3
logCD =-1.9181+ 0.637(o-0.0636(o2
logCD = -4.339 + 1.5 809 co-0.1546 co2
CD = 29.78-5.3co
CD = 0. lo) -  0.49
CD = 0.19-
(0= Log Rep
8x10^
Re„
Rep < 0.01
0.01 < Rep < 20
20 < Rep < 260
260 <Rep< 1500
1500 < Rep < 1.2x10
1.2xl04 <Rep< 4.4x104
4.4x10 <Rep< 3.38x10
3.38xl05 <Re„ < 4x 105
4xl05 <Rep < 106
10 < Rer
Khan and 
Richardson
( 1987 ) CD = (2.25 Re p°31 + 0.36 Re006)3 ” 10'2< Rep < 3 xlO
Lydersen CD = 24Re;'
( 1989 )
CD = 18.5 Re“ 
CD =0.44
0.00001< Rep< 2 
2 < Rep < 500 
500 < Rep < 200000
Chhabra Rep = a Arb
(1991) f 0.51 .a = exp — -  | -  0.73 n
b = ° ^ _ 0 . . 6
For non-Newtonian 
liquids
n = Rate index of 
power law model
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This difficulty is overcome by writing equation (2.10) in terms of Archimedes number, 
which is not a function of the terminal velocity:
(2-12)4 p
Equation (2.12) shows that the particle free fall Reynolds number is only a function of 
Archimedes number and is better presented in the form:
Re poo = F (Ar) (2.13)
Several attempts have been made to establish this functionality between the Archimedes 
number and the particle Reynolds number. Most of this has been reviewed by Khan and 
Richardson (1987). These authors, proposed the following correlation, based on a large 
body of experimental data extracted from the literature:
Re,„=[^2.342Ar')»18- 3 p rj  (2.14)
Hartman et al. (1992) proposed the following explicit relation for the prediction of the free 
fall velocity of a spherical particle in an infinite medium, which avoids the iterative 
solution of equation (2.10) and the equations for C d:
Logio Re,„ = P(C)+ log,,, R(C) (2.15)
where
P(C) = ((0.0017795C -  0.0573)C + 1.0315)C -1.26222
(2.16)
R(C)= 0.99947 + 0.01853 sin(l.848C -  3.14)
and
C = Log10Ar (2.17)
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The progress from packed bed to fluidized bed is best followed on a pressure drop vs. 
velocity graph, as shown in Figure 2.1a for the case of solid particles uniform in shape and 
size. The AB region corresponds to a fixed bed where the solid particles lie on top of each 
other and on the bottom of the column; pressure drop increases with flow rate. At point B 
fluidization begins; the upper surface of the bed becomes plane and horizontal, the particles 
inside the layer can move slowly and rearrange. As the fluid flow rate increases further, the 
pressure drop stabilizes and remains constant; the height of the bed, on the contrary, 
increases as shown in the Figure 2.1b. This is the expansion phenomenon, characteristic of 
fluidized beds.
2.1.3 Minimum Fluidization Velocity
Figure 2.1a Pressure drop vs. velocity curve Figure 2.1b Height of the bed vs. velocity curve
When the flow rate decreases from point C, a new curve CDE is observed. This difference 
results from variations in the fixed bed voidage, which takes now a particular and 
reproducible value emf, the minimum fluidization voidage, whereas for curve AB it 
exhibited a different value s, resulting from the procedure selected to introduce the solid 
particles into the column. The incipient fluidization conditions, or minimum fluidization 
conditions, are defined as the transition point D between fixed and fluidized states 
observed at decreasing flow rate. If the velocity were now increased again, it would be 
expected that the curve (EDC) would be retraced. This condition is difficult to produce, 
however, because the bed tends to become consolidated again as a result of stray vibrations 
and disturbances.
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In an ideal fluidized bed, that is free from irregularities and channelling, the pressure drop 
corresponding to region BDC is equal to the buoyant weight per unit area. In practice, it 
may deviate appreciably from this value, and not remain constant, as a result of channelling 
and interlocking of particles. Therefore, Point B in Figure 2.1a will be located on a 
maximum because the frictional forces between the particles have to be overcome before 
rearrangement of particles can occur.
Figure 2.2 shows a two-phase system containing a liquid phase bounded by plane 1 at the 
distributor level and plane 2 at the upper surface. The solid particles initially rest on the 
distributor, and if the velocity of liquid is increased upward through the bed, the particles 
can become supported by the liquid and the bed becomes fluidized. The total force of the 
liquid on the solid surfaces is made up of the force on the column wall and the force on the 
solid fluidized particles. Generally, the huge difference in surface areas suggests strongly 
that the force on the column walls can be neglected in comparison with the force on the 
solid particles.
Plane 2
Plane 1
© ® © © O0 © ~ 
%  •  
® ® ® ® ® a  
-  8 ®
IT.
Figure 2.2 Schematic diagram of a fluidized system
Therefore, the total force of the liquid on the solid surfaces appears to be equal to the net 
weight of the suspended solid particles.
rtotal upward drag force 
v by fluid on particles
Giet weight of solids^ 
in the bed
or,
(  frictional 7 ( cross -  sec tionaH
pressure drop area of bed J
volume^ (  fraction
Vof bed of solids
net specific weight^ 
of solids
or, in symbols,
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Apfl. A c = A cL ( l - s ) ( p p - p , ) g  (2.18)
At incipient fluidization:
^  = ( l  - e mr)(pp -  Pi) g (2.19)
At flow velocities between umf and ut, this frictional pressure drop remains practically 
unchanged. From a methodological point of view, three different procedures have been 
widely used for the estimation of minimum fluidization velocity.
1. Use of a fixed bed, pressure drop-velocity equation
2. Use of a bed voidage-velocity equation
3. Development of empirical equation
Most attempts to develop models for the estimation of minimum fluidization velocity are 
based on the fact that at the point of incipient fluidization, the pressure drop for a fixed bed 
is equal to the apparent buoyancy weight of solid particles. The most widely used 
correlation for fixed beds is that of Ergun (1952):
APfl. (1 -  e)2 p 1 -  s p. 2= i 5 0 L _ y  • us +1.75— -AA-. Us2 (2>20)
L s vj; dp 8 \|/dp
At incipient fluidization, this frictional pressure drop is equal to that calculated from 
equation (2.19). Combining equations (2.19) and (2.20) yields:
1.75 2 150(1 - s mfl . A
~ J -  mf +  r  3   nif -  Ar = 0 (2.21)
V£„,f M/ s mf
Equation (2.21) is a dimensionless equation for the minimum fluidization velocity. The 
main problem with the solution of this equation is that smf is unknown. Based on 
experimental observations, Wen and Yu (1966) suggested that:
1 14 and - y £;if = 1 1  (2.22)
ll/E nif ,nf
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With these approximations the solution of equation (2.19) yields:
Rellir = /(33 .7)2 + 0.0408Ar -3 3 .7  (2.23)
The shape factor or sphericity, vj/, of a particle is defined as
f
vp = surface of sphere  ^ _ 7i1/3(6Vp)2/3  ^ 4.84Vp/3 ^_ mrt   ■-*
surface of particle snrne * .^OUlltlVV VFX JJtll nv iv  j  volume A  A^} (2.24)
Table 2.2 shows values of sphericity for some familiar shaped particles. For non-spherical 
particles dp is the diameter of a sphere having the same volume as the particle.
Table 2.2 Sphericity or shape factor of some particles
Particle shape Sphericity, *P
Sphere 1.00
Cube 0.81
Cylinders
h = d 0.87
h = 5d 0.70
h =10d 0.58
Disks
h = d/3 0.76
h = d/6 0.60
h = d/10 0.47
h =  height o f  cylinder or disc 
d = diam eter o f  cylinder or disc
In contrast to this, very little information is available on fluidized bed systems involving 
non-Newtonian fluids. The limited amount of investigations, which are available in this 
area, is summarized in Table 2.3.
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Table 2.3 Correlation available for predicting umf in power law liquids
Author Correlation Remarks
Yu et al. 
(1968)
Remf = ( a yArIIlf)~ r
gl+2n
a y “ l2 .5 [(9 n + 3 /n X l-s„ r )]”
For creeping flow 
only
M ishra et al. 
(1975)
7 .143Armf|32/2~" = (a p Remf)*/2“n + 85.714(a|1Remf) ' / 2-0
f  I \ l  —11S":2/2 p -_ Em— 4n
0 ~ sinf)” V 3n + 1 
4n
12V2 
v 5 ,
a„ =
3n +1 0 Smf) X2(l
No upper limit on 
the value of Remf 
was stated
Brea et al. 
(1976) e > r mf = ( l 6 0 / a > e 2-r" + 1.75ReS" 
4n
3n +1 0 emf) 1 2 ( l - e mr)
No upper limit on 
the value of Remf
K um ar and 
U padhyay 
(1981)
Same as Brea et al. Except substitute 150 for 160
No upper limit on 
the value of Reinf
Kaw ase and 
Ulbrecht 
(1985)
Apgdn+I 
18 Y m
where Y = f(n,s) is available in the original publication
Creeping flow only
M achac et al. 
(1986)
U mf = 0 .0 19u,
umf = 0.015(1+ 0 .73 (d /p ) )u t
Error 14.6% 
Error 10.3%
Jaisw al et al. 
(1992)
Same as K aw ase and U lbrecht Y(n,s) is available 
up to ReP=20
2.1.4 The Velocity-Voidage Relationship
Bed voidage is defined by:
- v T T v p  ( 2 ' 2 5 )
Accurate prediction of the velocity-voidage relationship is essential for the characterization 
of systems involving sedimentation or fluidization. Many correlations have been 
recommended in the literature to describe liquid fluidized bed expansion data. Table 2.4 
summarizes the majority of the published equations and the conditions for which their 
application has been recommended. Most of the presented correlations are purely empirical 
and apply only over a restricted range of Reynolds numbers or for a specific particle type.
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Garside and Al-Dibouni (1977) concluded that none of the published correlations 
accurately predicted the voidage for laminar to fully turbulent conditions. The laminar and 
turbulent regimes in solid-liquid fluidized beds are defined as flow regions where the ratio 
of superficial liquid velocity to particle terminal velocity is independent of the particle 
Reynolds number at the terminal velocity, Repoo. In the transition regime this ratio is a 
function of the particle Reynolds number at the terminal velocity. Some authors such as 
Joshi (1983) described these regions as:
Laminar flow regime Repoo < 0.2
Transition flow regime 0.2 < Repoo < 500
Turbulent flow regime Repo0 >500
Garside and Al-Dibouni (1977) proposed that as the bed voidage is increased the value of 
Repoo, below which laminar flow occurs, increases while the value of Repoo, above which 
turbulent flow occurs, decreases.
The equation proposed by Richardson and Zald (1954) is a widely used correlation for 
solid-liquid systems. The exponent n is given in Table 2.4 as a function of particle to vessel 
diameter ratio, dp/D and the particle Reynolds number at terminal velocity Repoo. As an 
alternative to the use of the Richardson and Zaki (1954) equation, it is convenient to use a 
single equation for the calculation of n over the whole range of value of Ar or Repoo of 
interest. Thus, Garside and Al-Dibouni (1977) based on experimental results covering a 
wide range of values of dp/D proposed:
= 0.1 Re”  (2.26)
n -  2.7
Wallis (1969) has suggested an empirical expression for the exponent n which can be used 
to represent the experimental data for Ret values up to 500.
n = 4.7 1 +0.15 Re ^  A 
v l + 0.253 Re J'68,y (2.27)
Rowe (1989) has subsequently given a generalized equation for the exponent n
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conditions where dp/D is negligible.
n -  2.35
EL-1. = 0.175 Re J'75 (2.28)
Which can be rearranged as:
_ 2.35(2 + 0.175Re;*” ) 
(1 + 0.175 Re ™5) (2.29)
Khan and Richardson (1989) have examined the published experimental results for both 
sedimentation and fluidization of uniform spherical particles and recommended the 
following equation from which n may be calculated in terms of both the Archimedes 
number Ar, and dp/D.
It is preferable to employ an equation in terms of Ar, which can be directly calculated from 
the properties of the solid and of the liquid. Khan and Richardson (1989) have shown that 
for low values of dp/D (neglecting the wall effect), the exponent n can be calculated by the 
following equation:
They speculated that for a value of e,„f = 0.45, the calculated values of n are virtually 
unchanged over the range 10 < Ar < 10s.
Some investigators such as Hirata and Bulos (1990) and Jamialahmadi and Miiller- 
Steinhagen (1992) have criticized the Richardson and Zaki model (1954) because of the 
discontinuities at the transition points between the different Repoo ranges. Furthermore, the 
Richardson and Zaki model (1954) is not a function of the static bed voidage and, 
therefore, predicts zero voidage at zero liquid velocity. Hirata and Bulos (1990) corrected 
the above two disadvantages, suggesting the following correlation for the estimation of the 
voidage of solid-liquid systems:
— ■ -n = 0.043Ar057 1 -1 .24
n — 2.4 (2.30)
(2.31)
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s— e PK+ (l bpk) e (2.32)
where a 7 7  ^  8dr A = 2.2n + — L (2.33)
D
and B = 2.1 n (2.34)
Hirata and Bulos (1990) suggested that the exponent n could be calculated from the 
equation (2.29) proposed by Rowe (1987).
Most correlations for predicting the bed voidage have been presented in a form where the 
ratio of superficial liquid velocity to terminal velocity of the particles is expressed as a 
function of bed voidage, the Reynolds number at the terminal velocity and the physical 
properties. The presence of the wall in the vicinity of a particle makes the velocity gradient 
steeper than that present in an infinite medium, so the magnitude of the terminal velocity 
may be affected by the presence of the container walls. Although this is unlikely to be 
important in industrial situations, it can be highly significant for laboratory-scale 
experiments, particularly when using comparatively large particles.
Joshi (1983) claims that the effect of the wall on the particle terminal velocity is significant 
even at a particle to bed diameter ratio of 1:100. The prediction of the bed voidage, 
therefore, requires the prediction of the terminal velocity of the particles corrected for the 
wall effect. Several authors such as Richardson and Zalci (1954), Garside and Al-Dibouni 
(1977), Joshi (1983) and Khan and Richardson (1989) have proposed equations to estimate 
the wall effect on the terminal velocity of a single particle as shown below.
Richardson and Zald (1954) Log10 p (2.35)
D,h
Garside and Al-Dibouni (1977)
u
= 1 + 2.35 (2.36)
20
Literature Review
Joshi (1983)
u,
u
1 -
(2.37)
D
Khan and Richardson (1989) —  = 1-1 .15 (2.38)
Most of the correlations in Table 2.4 for predicting the bed expansion characteristics of 
solid-liquid fluidized beds are complex or limited in their application. Furthermore in most 
of these correlations it is necessary to use an iterative procedure to predict bed voidage as a 
function of superficial liquid velocity or vice versa. The equation proposed by Richardson 
and Zaki (1954), which gives a simple and satisfactory relationship between bed voidage 
and superficial liquid velocity is applicable over a wide range of operating parameters, 10‘2 
< Ar < 1010 and 10'3 < Re, < 10s. Some investigators have suggested improvements of the 
original Richardson and Zaki (1954) equation. As can be seen later in chapter 4 of this 
investigation (Table 4.3) the predictive capability does not change significantly in spite of 
increased complexity.
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Table 2.4 Published correlations for the bed expansion characteristics o f  solid-liquid fluidized beds.
Author Equation Range o f  applicability Type o f  equation
Steinour
(1944)
7k
u .
= e2 ex p [-4 .19(l-8)] Repoo<0.2 , s < 0.85
Semitheoretical
Brinkman
(1947) I k
u,
11 + © 1 CO
1 
i 
1
1 
OO
CO
1 u>
p
1 
1
RepM< 2
Theoretical
Lewis et al. 
(1949)
7k
=  8^ 1.1 <  RepM <  26
Empirical
Hawksley
11 s -  c2 exof - 2 -50 - e) 1 0.001< Repco < 58
Semitheoretical
(1951) u, ( l - 3 9 ( l - s ) / 6 4  J
Jottrand
(1952)
7k
u ,
= s 56 0.001< Rep* <0.4
Empirical
Lewis & 
Bowerman 
(1952)
—  = 0.9 s 297 
u«
—  = 0 .7s2J! 
u.
2< Repw < 500
Repm>500, s <0.9
Empirical
Richardson & 
Zaki 
(1954) where n=4.65+20dp/D
n=(4.4+18dp/D) Repa/ 003 
n =(4.4+18dp/D) Repco'01 
n=4.4 RepL ° ' 
n=2.4
Repa3< 0.2 
0.2< RepOT<l 
1 < Repw) <200 
200< Repca<500 
500<Rentt)
Semitheoretical
Happel
(1958)
3 -  4.5(l -  e ) im + 4.5(l -  s f 3 -  3(l -  s)2 
3 + 2(l -  z f n Repw< 0.2
Theoretical
Goroshko et al 
(1958)
18 Re p+0.036 Re; 
Ar
unknown
Empirical
Loeffler & 
Ruth
(1959)
e
11 s _ 1 -  s
u. Repm < 0.55.7 + 1 -  £
Semitheoretical
Oliver
(1961)
L*- = (l -  2.15(l -  s))[l -  0.75(1 -  e)1/3 ] Repoo< 0.4
Semitheoretical
Wen & Yu 
(1966)
e Ar = 18Rep+ 2.7 Rep 0.01< Repc0 <10
Empirical
Barnea & 
Mizrahi
(1973)
4dp(pP-pi)g e fo 63+ 4,8 1
3p,u7 |_ 1 + (l — s)in J Re*_ 10 < RepOT< 3x10
~ s (l + 0.15Re;;68,J)s55
s V 0 689
1+0.15 Re.. L*J ~172
Empirical
Letan
(1974) 1.5 < Repc0< 2200
Semitheoretical
Wen & Fan 
(1974)
Ar
13.9 Re;- Ar°0463(*‘- “1) = (j)3 026 [l + 1.13 x 10"3 (p4025 ]
3Ar
Re
^ Ar°03M(K-l) = + ]15x KJ-^ 3 ,02]
8 < Ar < 105 
Ar> 105
L = [i-1.21(1-e)2/3]'
Empirical
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Table 2.4 Published correlations for the bed expansion characteristics o f solid-liquid fluidized beds.
(Continue)______
Author Equation Range o f applicability Type o f equation
Garside & us 
Al-Dibouni u,s 
(1977)
B-
= 0.06 Re';+2
u.s
10 < Repo0< 3x10
B=0.8e‘28 for s < 0.85 
B=s2'65 for s > 0.85
Empirical
Riba & 
Couderc 
(1977)
s = 1.58Re
Ar 
1.2 Re!8 =
Ar'
for 8 <0.85
for s >0.85
Empirical
Ganguly
(1980) L„ =
1.27 W
p,D 2(l -  1.762u + 0.95u2)j
where u = mf
0.12<Repco< 43.66 
Le = height of expanded 
bed, m
W= mass of feed, kg
Empirical
Kemic
(1982) s =
_ (l 8Re p + 2.7 Re p687 )°209 
(Ar)0209
12 < Repm <877 
6x l0 3 < Ar < 3.79xl06
Empirical
Foscolo e ta l. u s e 4
(1983) u , 4(1 - 5) 4. gj
u, _ 0.0777Rep(l +0.01941 Rep)e4* 
u, 0.0388 Rep
r , no 5
U, 
u, 3.55(1-e)+e3
Repoo< 0.2
0.2< Repw <500
RepOT >500
Theoretical
Patwardhan & u 
Tien u 
(1985)
8
M for low Re,
Empirical
pco
M =1+2.5(1-s)+ l 0.05(1-s) +0.00273 
e 166(l-e )
8 + (I -  s)J
for high Rep
Rowe Es. = s n w here n _ 2.j5(2 + 0.175Re)ra ) as Richardson & Zaki Semitheoretical
(1987) 111 (1 + 0.175 Re ^ 5) (1954)
Jean & Fan 
(1989) E t
u,
3 -  4.5(1 -  e ) ,/? + 4.5(l -  s f 3 -  3(l -  e)2 
3 + 2(l -  e f n
for Repoo< 0.2
Theoretical
Hirata & Bulos E = e + ( l - s pk )e jz ex p (B (l-sK ))
(1990)
■pk
where
pk
A = 2.2n+^
D
B = 2.1 n
_ 2.35 (2 + 0.175 Re° f )  
(1 + 0.175Re"J5)
Empirical
as Richardson & Zaki 
(1954)
Hartman et al.
(1992) 1.4402Rep!i<U5+ 20.359Rep-  e4 72%Ar = 0 for K r<R e,„<10* EmpilHCal 
and l< A r< 1 0 7
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Solid-liquid fluidized beds are finding increasing applications in treatment of aqueous 
wastes, polymerization, biological oxidation, and fermentation wherein the liquid phase is 
often of a non-Newtonian nature. Little information is available on solid-liquid fluidized 
beds with non-Newtonian liquids. The effects of rheological properties of the liquid phase 
on minimum fluidization velocity and bed expansion characteristics have been the main 
subject for researchers in this field. Table 2.5 summarizes most investigations available in 
the literature together with the range of conditions encompassed.
Table 2.5 Sum m ary o f previous studies on non-N ew tonian solid-liquid fluidization.
A uthor Type o f  study Experimental specifications Remarks
Yu et al. 
(1968)
Experimental D|,=100 mm 
d p= 2-9 mm 
pp= 1050-2450 Kg / m3 
Aqueous solution of Polyox 
0.81 <n < 1
Tentative modification of Richardson- 
Zaki correlation For v-e relationship
Wen & fan 
(1973)
Experimental Dh=50 mm 
d p= 0.12-1.43 mm 
pp= 15200-1 1300 K g / m3 
Aqueous solutions of CMC 
0.86 < n < 1
No significant departure in extent of 
axial dispersion from Newtonian 
behavior
Mishra et al 
(1975)
Experimental Dh=70 mm
d p= 4.3-6 mm
pp= 1200-2500 ICg/m 3
Poly vinyl alcohol in water.
Clay suspension. Kerosene in
water
Only one very mildly non-Newtonian 
liquid (n = 0.96) used.
No significant departure from 
Newtonian behavior predicted.
Brea et al. 
(1976)
Experimental Dh=50 mm 
d p= 1.1-3.1 mm 
pp= 2500-7790 Kg / m3 
Aqueous Ti 0 2 suspensions
Mainly concerned with fixed beds and 
very few points on fluidization.
Tonini et al. 
(1981)
Experimental Dh=50 mm 
d p= 0.12-1.43 mm 
pp= 15200-11300 K g /m 3 
Aqueous solution of CMC
Mainly concerned with mass transfer
Kamar & 
Upadhyay 
(1981)
Experimental D^SO, 60, 120 mm 
d p= 0.52-3.05 mm 
pp= 1300-2500 K g /m 3 
Aqueous solution of CMC 
(n=0.85)
Preliminary data on mass transfer with 
scant information on velocity-voidage 
relationship.
Briend et al. 
(1984)
Experimental Dh=102 mm 
d p= 0.23-1.86 mm 
pp= 2480-11350 Kg / m3 
Aqueous solution of Carbopol and 
Poly acrylamid.
Mainly concerned with fixed beds and 
limited results for minimum 
fluidization velocity.
Kawase & 
Ulbrecht 
(1985)
Semi-theoretical — Extension of Richardson and Zaki 
concept to develop a simple method 
of predicting mass and momentum 
transfer.
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Table 2.5 Summary o f previous studies on non-Newtonian solid-liquid fluidization. (Continue)
Author Type o f  study Experimental specifications Remarks
Machac et al. 
(1986)
Experimental Dh=20, 40 mm 
d p= 1.47, 3.5 mm 
pp= 2500 -11600 Kg /m 3 
Aqueous solution of CMC, 
Natrosol, Poly aery lam id
Maximum possible bed expansion 
decreased with decreasing value of 
flow index, n. Empirical equations 
were suggested for predicting bed 
porosity and maximum of it during 
the bed expansion.
Lali et al. 
(1989)
Experimental D|1=76 mm 
d p= 1.65, 3.1 mm 
pp= 2500 Kg / m3 
Aqueous solution of CMC
Limited data on velocity - voidage 
behavior in accord with Newtonian 
results.
Srinivas & 
chhabra 
(1991)
Experimental D|,=50, 100 nun 
d p= 1.27-15.8 mm 
pp= 2500 Kg / m3 
Aqueous solution of CMC, 
Poly(acrylamid)
0.38 <n < 1
Experimental data of velocity-voidage 
characteristics are reported.
No unusual behavior was observed 
with visco-elastic liquids.
Machac et al. 
(1993)
Experimental Dh=20, 40, 80 mm The limited bed expansion observed 
d p= 1.47, 4.12 mm previously in the creeping flow region 
pp= 2500 -11195 Kg / m3 was again verified.
Aqueous solution of CMC, The reduction of expansion weakens 
Natrosol, Poly aery lam id with increasing Reynolds number. 
Polyox, Hercofloc 818, Kerafloc A 
4008, saccharide Xanthane CXI2
Chhabra
(1993)
Semi-theoretical Applicability of different methods 
available for the estimation of umf for 
power law fluids has been 
investigated.
Chhabra
(1996)
Experimental D|,=20-100 mm 
pp= 1200-8000 Kg / m3 
Aqueous solution of CMC 
Methocel HG 90
The hindrance effect due to the walls 
is quantified in terms of a wall factor, 
which is a function only of particle 
size and shape and tube diameter in 
the streamline region.
Machac et al. 
(1997)
Experimental Two rectangular columns 
1.2x8x80 & 0.8x8x80 
on cylindrical column, Dh=2 cm 
glycerol, Natrosol 250MR 
Poly(acrylamid), Kerafloc Ap45
The limited bed expansion observed 
previously in the creeping flow region 
was again verified.
The reduction of expansion weakens 
with increasing Reynolds number.
Miura & Kawase Semi-theoretical Dh = 68 mm PVC 
(1998) dP= 3 ,5 ,7  mm
pp= 2500 Kg / m3 
0.489 < n < 1
Aqueous solution of CMC, 
Xanthane gum
umf for solid-liquid and gas - non- 
Newtonian liquid -  solid phase 
fluidized beds is investigated.
With increasing viscous non- 
Newtonian flow behavior umf 
decreased.
Chhabra et al. 
(2001)
Review The non-Newtonian liquid-solid 
fluidized beds have received limited 
attention especially little works has 
been reported on fluidization with 
non-spherical particles.
Polyox -  poly (ethylene oxide); Carbopo! = carboxy poly (methylene); Natrosol = hydroxyethyl cellulose
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There are many published reports on heat transfer to solid-liquid fluidized beds. Published 
reports either deal with wall-to-bed heat transfer (Lemlich and Caldas, 1958; Richardson 
and Mitson, 1958; Richardson and Smith, 1962; Wassmund and Smith, 1967; Brea and 
Hamilton, 1971; Patel and Simpson, 1977; Kato et ah, 1981; Chiu and Ziegler, 1985; 
Murayama et al., 1984, 1986; Jamialahmadi et al., 1995) or with immersed heater-to-bed 
heat transfer (Richardson et al., 1976; Baker et al., 1978; Khan et al., 1983; Juma et al., 
1985; Kim et al., 1986; Kang and Kim, 1987; Magiliotou et al., 1988; Grewal and 
Zimerman, 1988; Kang et al., 1991; Jamialahmadi et al., 1992). The immersed heat transfer 
surface can be installed vertically or horizontally. A review of the existing literature reveals 
that while some variation in the liquid and solids exists, most experimental work during the 
past 40 years on heat transfer to solid-liquid fluidized beds was conducted with water and 
spherical particles, and in particular glass beads. Clearly, there is a lack of experimental 
evidence on heat transfer in solid-liquid fluidized bed using non-Newtonian liquids, 
especially when the fluidized particles are non-spherical.
Lemlich and Caldas (1958) and Richardson and Mitson (1958) were the first investigators 
that published work on heat transfer to a solid-liquid fluidized bed. Lemlich and Caldas 
(1958) observed flat profiles for the radial temperature distribution in a solid-liquid 
fluidized bed, and the wall-to-bed heat transfer coefficient based on the overall temperature 
driving force concept was measured and correlated. However, they also reported flat radial 
temperature profiles for laminar open-pipe flow. Therefore, it can be concluded that their 
measuring technique was unsatisfactory.
Richardson and Mitson (1958) reported that the radial temperature distribution is reduced 
by progressive increase of solid concentration from 0 to 17%; but the profile is constant in 
all cases for volumetric concentrations in excess of about 7%. They found that the 
increased heat transfer arises predominately from the increased turbulence and consequent 
reduction of the thickness of the laminar sublayer. However, no implication was reported 
for the interior bed resistance, which may be a strong function of the operating conditions 
and geometry of the heat transfer surface.
Wasmund and Smith (1967) recommended the theoretical basis for the complete wall-to- 
bed heat transfer mechanism. They obtained wall to fluid heat transfer coefficients and
2.2 Heat T ransfer
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radial temperature profiles for beds of hydrodynamically similar spheres fluidized with 
water in a 2.058 inch pipe at a constant heat flux. Wasmund and Smith (1967) concluded 
that from packed bed to open pipe conditions, heat transfer occurs mainly by turbulent 
mixing, although conduction through the particles and possibly particle convection have 
some effect at low porosity. This result contradicts a previously published prediction 
(Wasmund and Smith, 1965), based on model calculations using incorrect temperature 
profiles. Hamilton (1970) subsequently presented an improved correlation of their results.
Brea and Hamilton (1971) fluidized glass beads with glycerin-water mixtures in an annular 
bed in which heat was supplied through the inner wall. They obtained a flat radial 
temperature profile and shown that variation of vertical temperature profile was linear with 
height.
Richardson et al. (1976) correlated the immersed heater-to-bed heat transfer data in terms 
of j-factor and modified Reynolds number. They reported that the presence of particles 
might enhance the heat transfer in solid-liquid fluidized beds because of the tendency of 
particles to disturb the boundary layer at the heat transfer surface.
Patel and Simpson (1977) found similar temperature profiles as Wasmund and Smith 
(1967). They speculated that a thin film resistance at the wall is evident and thermal 
resistance in the central region of the bed increases as porosity or particle size decreases, 
indicating reduced mixing in this region. Patel and Simpson (1977) analyzed wall-to-bed 
heat transfer in solid-liquid fluidized beds according to the series resistance model and 
compared the heat transfer characteristics in aggregative and particulate solid-liquid 
fluidized beds.
Khan et al. (1983) measured heat transfer coefficients for transfer between a small- 
immersed electrically heated surface and both liquid and solid-liquid fluidized beds while 
fluid viscosity has been varied. They found that the heat transfer coefficient for low 
viscosity liquids was increased by a factor of up to eight by the presence of the fluidized 
particles, whereas with high viscosity liquids the particles had virtually no effect because of 
their low mobility in the liquid. This study provides useful information for heat transfer 
phenomena in solid-liquid fluidized beds.
Chiu and Ziegler (1985) speculated that the controlling thermal resistance in a solid-liquid
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fluidized bed shifts from the region adjacent to the heater surface to the bed proper with a 
progressive decrease in either particle size or superficial liquid velocity. They further 
speculated that the maximum heat transfer coefficient in such a bed might result from the 
simultaneous effects of increasing resistance in the region adjacent to the heater surface 
and decreasing resistance in the bed proper.
Juma and Richardson (1985) obtained heat transfer coefficients for cylinders immersed in 
solid-liquid fluidized beds, and found that for a given solid material, the fractional increase 
in heat transfer coefficient due to the presence of particles is independent of their size. 
They showed that heat transfer measurement as a function of height in the bed can be used 
to estimate the local particle concentration profiles in a system containing two different 
particles. Their experimental results are in good agreement with earlier measurements of 
concentration gradients obtained from hydrostatic pressure gradients.
Murayama et al. (1986) examined in detail the resistances for wall-to-bed heat transfer in a 
solid-liquid fluidized bed. They found a parabolic radial temperature profile in the core of 
the bed and a very steep gradient near the wall surface. This indicates that a considerable 
resistance occurs in the bed interior in series with the wall resistance. They also compared
md.
the variation of Peclet number for radial eddy diffusivity, Pe„ = versus bed
voidage obtained by Hanratty et al. (1956), with Peclet numbers for radial thermal 
u.d, ^
diffusivity, Pert = S ” p
E
, obtained in their investigation. In the low bed porosities region
(e<0.6), the Peclet number for the radial eddy diffusion is much grater than that for the 
radial thermal diffusion data. This indicates that mechanisms other than radial fluid 
dispersion, possibly particle convection, may be contributing to heat transfer at lower 
porosities. The effective thermal diffusivity, Ert, is calculated from experimental radial 
temperature profiles. The radial eddy diffusivity, Ere, can be calculated using several 
different methods. Hanratty et al. (1956), Cairns and Prausnits (1960) and Kang and Kim 
(1986) used a tracer diffusion technique. An ionic tracer was injected into the fluidized bed 
and the steady state, dispersed; radial concentration profile was measured down stream 
from the injection point. Yutani et al. (1982) proposed a stochastic model based on the 
relaxation point of a pressure drop history, after a step increase in superficial liquid
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velocity, to calculate the eddy diffusivity. Murayama et al. (1986) pointed out that the 
effective radial thermal conductivity, Ker = piCpiErt, reflects directly the intensity of radial 
liquid mixing within the bed and that it attains a maximum as the liquid velocity or bed 
porosity is varied.
Grewal and Zimerman (1988) obtained experimental data for the average heat transfer 
coefficient for an electrically heated horizontal tube immersed in a solid-liquid fluidized 
bed, and the effect of particle size, tube diameter, and fluidizing velocity was investigated. 
They found that the bed voidage at which the maximum in heat transfer coefficient occurs 
decreases with increasing particle size, which is consistent with the finding of many 
previous researchers.
Kang et al. (1991) studied heat transfer characteristics of a solid-liquid fluidized bed with 
an immersion heater, and the effects of the liquid flow rate and the particle size on the heat 
transfer resistance in the region adjacent to the heater surface. They measured the axial 
dispersion coefficients of fluidized particles by means of a relaxation method to examine 
the effects of particle motion on the rate of heat transfer. Kang et al. (1991) showed that the 
ratio of the bed proper resistance to the overall resistance is less than 10%. However, they 
analyzed their data in terms of the two resistance-in-series model.
Muller-Steinhagen et al. (1992) measured heat transfer coefficients to a solid-liquid 
fluidized bed in a pipe and in an amiulus for water and for Bayer spent liquor using 
stainless steel cylinders as solid particles. They found that due to the intense mixing 
achieved by the fluidized particles, the heat transfer coefficients in the fluidized bed are 
substantially higher than the forced convective heat transfer coefficients. Mtiller- 
Steinhagen et al. (1992) also found that for the conditions adjusted in the laboratory test 
apparatus, no formation of deposit was observed on the heat transfer surface of the 
fluidized bed heat exchanger, while severe scaling occurred on the plain heat transfer 
surface. The internal circulation in real fluidized bed heat exchangers further increases the 
impact of particles on the heat transfer surfaces, which should be beneficial with respect to 
reducing deposit formation.
Jamialahmadi et al. (1992) measured heat transfer coefficients to a solid-liquid fluidized 
bed in an annulus using water and Bayer liquor, and glass spheres and steel cylinders and
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studied the effect of various operating parameters. They found that heat transfer 
coefficients to an annular fluidized bed are considerably higher than the single-phase 
convective heat transfer coefficients. They also showed that in the convective heat transfer 
regime, heat transfer coefficients are independent of the heat flux. Jamialahmadi et al. 
(1992) observed that bubbles forming on the surface of the heater moved the fluidized 
particles away from the heat transfer surface towards the opposite pipe wall. This indicates 
that heat transfer in fluidized beds, at high heat fluxes, is controlled by the growth and 
detachment of bubbles rather than by erosion of the boundary layer and mixing in the bed.
Haid et al. (1994) used a database which included 2665 measured data for a variety of 
fluids and particles and obtained an empirical correlation which predicts the measured data 
better than previously published correlations.
Jamialahmadi et al. (1995) measured heat transfer coefficient to a solid-liquid fluidized bed 
in a cylindrical tube using water as liquid phase and a variety of solid particles. They 
measured the effect of different variables such as heat flux, liquid velocity and particle 
physical properties on heat transfer coefficient and presented a semi-theoretical model. 
This investigation provided useful information for heat transfer phenomena in solid-liquid 
fluidized beds.
Bremford et al. (1966) measured wall to bed heat transfer coefficients to Kraft black liquor 
in a 1" tubular, solid-liquid fluidized bed. The heat transfer coefficients were measured for 
different porosity, bulk temperature and liquor concentration. They found that the measured 
data could be correlated well when the high and low concentration data were fitted 
separately. This is the first study of heat transfer to Kraft black liquor in a solid-liquid 
fluidized bed.
Haid (1997), using the same data bank as in (1994), fitted five empirical correlations with 
three, four, five, six and seven constants to the experimental data. By comparison of the 
simplest correlation with three constants and the most complex correlation with seven 
constants for different liquid and solid properties he found that there is no real 
improvement in the accuracy of predicting the heat transfer coefficients by using more than 
three constants.
Jamialahmadi et al. (1997) proposed a model for predicting the maximum attainable heat
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transfer coefficient and the corresponding bed voidage. Since the design of solid-liquid 
fluidized bed heat exchangers for optimum conditions is very important, this study can 
throw out some light in this area.
It is generally believed that heat transfer in liquid fluidized beds occurs very differently 
compared to gas fluidized beds. In the former, transfer of heat is due to the motion of 
particles in and out of the thermal boundary at the wall. The particles stir the laminar 
sublayer, which is the major resistance to heat transfer. Heat transfer via the particles is 
unimportant which is in marked contrast to gas fluidized beds. In the latter, heat transfer is 
mostly based on additional convection induced by the particle motion; the particles transfer 
heat themselves as they move in and out of the thermal boundary layer at the wall. Since 
the thermal conductivity and volumetric heat capacity are much higher for liquids than for 
gases, it is reasoned that heat transfer by particle convection is much less important in 
liquid fluidization. For a given particle size and type and a given liquid, the heat transfer 
coefficient increases as the bed voidage increases, and reaches a maximum value at a bed 
voidage between 0.6 to 0.8. An increase in liquid velocity and accordingly bed voidage 
increases the motion of the solid particles and hence the contact frequency of particles with 
the heat transfer surface. Therefore, the laminar sub-layer is disturbed more frequently. In 
addition, by increasing the contact frequency, more heat is transferred to the particles by 
conduction in the contact area. On the other hand, a higher liquid velocity causes a higher 
bed voidage resulting in a lower concentration of particles in the bed. A lower 
concentration of particles reduces the possibility of the disturbance of the laminar sub-layer 
and decreases the contact frequency of particles with the heat transfer surface. These two 
opposing effects on heat transfer lead to the observed maximum for the heat transfer 
coefficient.
Although numerous experimental and theoretical studies on heat transfer in solid-liquid 
fluidized beds have been published, there still remains significant confusion and 
contradiction in the reported literature. The possible reasons for this deficiency lie in the 
complex nature of fluidization and the dependence of heat transfer coefficient on a number 
of inter-dependent parameters such as particle terminal velocity, bed voidage, heat transfer 
geometry and physical properties of solid and liquid. Considering the complexity of the 
basic mechanisms of heat transfer in solid-liquid fluidization, developing a correlation 
considering all possible parameters has proved difficult and most of the published 
correlations are limited to specific operating conditions.
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Most of the previous investigations are related to heat transfer studies on spherical particles 
in pure water, and 110 systematic investigation with particles of other shapes in pure water 
or other Newtonian or non-Newtonian liquids appears to have been made. Also, the effect 
of the physical properties of the liquid has been studied over only a very limited range. 
Most of the correlations, which have been suggested, are either unwieldy or too limited in 
their application. Furthermore, there has been conflicting evidence concerning the nature of 
temperature and velocity profiles in solid-liquid fluidized beds.
In this work after a systematic study of heat transfer in solid-liquid fluidized beds an 
attempt will be made to present a model for predicting heat transfer coefficient in these 
systems for Newtonian and non-Newtonian (shear-thinning power law) liquids. This model 
should be simple, accurate, convenient to use and applicable over a wide range of operating 
parameters.
2.2.1 Effect of Process Parameters on Heat Transfer Coefficient
Although most studies have produced correlating equations for the experimental data, few 
have proposed mechanisms of heat transfer. To understand the mechanisms of heat 
transfer, it is useful to look at the different parameters that may have an influence on the 
heat transfer to fluidized beds.
Heat transfer in solid-liquid fluidized beds such as forced convective heat transfer from a 
heated surface to a liquid can be characterized by considering the effect of liquid properties 
and velocity; this includes parameters such as liquid viscosity, density, heat capacity, and 
thermal conductivity. However, in addition to the single phase flow parameters the 
properties and in particular the dimensions and shape of the fluidizing particles also make a 
significant contribution to the overall heat transfer performance.
2.2.1.1 Influence of Liquid Properties
Many investigators reported that with increasing liquid velocity heat transfer coefficients 
increase and reach a maximum at a bed voidage between 0.6 and 0.8. Further increase of 
the superficial liquid velocity causes the heat transfer coefficient to decrease. At a bed 
voidage of 1 the heat transfer coefficient is equal to the value for single-phase flow at the 
same velocity.
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Many authors such as Hamilton (1970) confirmed that the dependence of the heat transfer 
coefficient on thermal conductivity and heat capacity of the liquid in solid-liquid fluidized 
beds is the same as for single-phase flow. That is, heat transfer increases with increasing 
liquid thermal conductivity and heat capacity.
The effect of increasing liquid density is in general the same as decreasing particle density. 
A higher liquid density will provide a reduced heat transfer coefficient, owing to the lower 
superficial velocity required to obtain the same bed voidage. Meanwhile, because the 
variation of liquid density is quite limited, the influence of the density has not been studied 
extensively.
The effect of liquid viscosity has not been investigated in great detail. Brea and Hamilton 
(1971) found that the effect of viscosity on the heat transfer coefficient is significant for 
viscous liquids and negligible for low viscosity liquids. Kato et al. (1981) and also Khan et 
al. (1983) found lower heat transfer coefficients with increasing liquid viscosity.
2.2.1.2 Influence of Particle Properties
All previous investigators, with the exception of Lemlich and Caldas (1958) and Tripathi 
and Pandey (1970), have observed that the measured heat transfer coefficients increased 
with increasing particle diameter. They also found that by increasing the particle diameter, 
the maximum heat transfer coefficient occurs at lower bed voidage.
According to the Richardson and Zaki model (1954) the bed voidage is independent of 
particle diameter if the particle Reynolds number at the terminal falling velocity, Repoo, 
exceeds 500. Chiu and Ziegler (1985) confirmed that for Repoo>500 no further increase in 
the heat transfer coefficient is obtained by increasing the particle size. Jamialahmadi et al. 
(1995) also speculated that once the behavior of the fluidized bed has changed from 
particulate to aggregate mode, no further significant improvement in heat transfer 
coefficient was observed by increasing the particle size.
The heat transfer coefficient was also found to increase with increasing particle density 
(Richardson et al. 1976). The reason for this increase in the heat transfer coefficient is that 
higher liquid velocities are required to maintain the same bed voidage and this increases 
the scale of turbulence and the intensity of mixing in the bed.
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Many authors such as Richardson and Mitson (1958) and Richardson and Smith (1962) 
reported that thermal conductivity and heat capacity of the particles have no effect on the 
heat transfer coefficient, whereas Wasmund and Smith (1965) found that at least under 
some conditions, an effect should be measurable. Jamialahmadi et al. (1995) compared the 
product of “ps Cp,s Xs ” of various solid particles with that for fluidizing liquid. They 
suggested that if the value of “ps Cp,s A,s” is large compared with that of fluidizing liquid, 
heat transfer by conduction to the particles and hence, particle convection in solid-liquid 
fluidized beds can not be ignored.
The majority of papers published on solid-liquid fluidized beds have used spherical 
particles. Richardson et al. (1976), Chiu and Ziegler (1985), and Jamialahmadi et al. (1992) 
used fluidized cylinders and found that heat transfer coefficients for the cylinders were 
slightly larger than for the corresponding spherical particles. This is because the sharper 
edges of the cylinders may be more efficient at eroding the viscous sub-layer than spherical 
particles, or particle convection may become more prevalent as the contact surface area is 
greater for the cylindrical particles.
2.2.1.3 Influence of Heat Flux
In the convective heat transfer regime, the heat transfer coefficient is independent of heat 
flux, while it increases strongly with heat flux for the nucleate boiling regime, 
Jamialahmadi et al. (1992). This indicates that heat transfer in fluidized beds, at high heat 
fluxes, is controlled by the growth and detachment of bubbles rather than by erosion of the 
boundary layer and mixing in the bed.
2.2.1.4 Influence of Bed Diameter
Some authors such as Patel and Simpson (1977) and Kato et al. (1981) found an increasing 
heat transfer coefficient with increasing bed diameter. The possible reason is the increase 
of the liquid velocity with constant particle diameter at the same bed voidage. An increase 
in liquid velocity results in a more violent motion of the particles and therefore in a thinner 
laminar sub-layer. Murayama et al. (1986) found significant increase in fluid mixing with 
increasing column diameter, specifically in beds containing small particles.
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If we consider the Richardson & Zalci (1954) correlation —  = en, for a constant bed
ut
voidage and a given particle diameter, according to the Richardson & Zaki (1954) 
correlation n for a given particle diameter is inversely proportional to the bed diameter, 
"D". Therefore, increasing bed diameter will decrease the exponent n and hence the term 
s" will be increased. Consequently the liquid superficial velocity us will be increased.
2.2.2 Models for Heat Transfer in Solid-Liquid Fluidized Beds
Theoretical models for heat transfer in fluidized bed systems are generally based on the 
following concepts:
1. The particles stir the fluid near the heat transfer surface causing erosion of the laminar 
sublayer, which forms the major resistance to heat transfer.
2. The solid particles transfer heat by convection. They absorb heat from the heat transfer 
surface and from the attached fluid film and release it after returning to the bulk of the 
fluidized bed.
Based on the first mechanism, which is dominant in solid-liquid fluidized beds, the heat is 
transferred by conduction through the thermal boundary layer formed adjacent to the heat 
exchanger surface. The heat transfer coefficient, which is the ratio of the thermal 
conductivity of the fluid to the thickness of the film, is a function of the properties and 
velocity of the fluid and of the intensity of motion of particles, which tend to erode the 
film. In this model concentration of solids and their velocity are important and thermal 
properties of solids such as specific heat and thermal conductivity are not important.
For gas-solid fluidization, the second mechanism (particle convection) accounts for 80- 
90% of the total heat transfer, (Ziegler and Brazelton, 1964). Since thermal conductivity 
and specific heat capacity of liquids are considerably higher than for gases, it is reasoned 
that heat transfer by particle convection is less important in liquid fluidization, (e.g. 
Wasmund and Smith, 1967).
Mickley and Fairbanks (1955) proposed a model of heat transfer by particle convection that 
is applicable to aggregative systems and is based on transient heat transfer to packets of 
particles that absorb heat from the heated surface and then mix and transfer the heat to the
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rest of the bed. It is assumed that the main mechanism of heat transfer is particle 
convection, which is not a realistic means of modeling heat transfer in a solid-liquid 
fluidized bed.
Wasmund and Smith (1965) proposed a theoretical model for heat transfer from the wall to 
a fluidized bed by particle convection which has been based on particle velocities and 
radial temperature profiles published by Lemlich and Caldas (1958). In this model particle 
convection makes a significance contribution to the overall heat transfer, which for solid- 
liquid fluidized bed systems is not the dominant mechanism.
Wasmund and Smith (1967) developed a series thermal resistance model with a thermal 
wall resistance and a thermal bed resistance. They found that radial temperature profiles 
within the fluidized bed become increasingly parabolic as the voidage is decreased and that 
a considerable portion of the heat transfer resistance is contained in the core of the 
fluidized bed. Therefore, the thermal resistance of the bed cannot always be neglected in 
the calculation of the heat transfer coefficient. Patel and Simpson (1977) and Murayama et 
al. (1984, 1986) obtained similar results.
Wasan and Ahluwalia (1969) developed a surface-renewal model, in which the Nusselt 
number is a function of Reynolds and Prandtl numbers and of the bed voidage. In this 
model an element of fluid is carried from the bulk of the bed to the outer surface of the sub­
layer. Heat is transferred through the sub-layer into this fluid element by unsteady-state 
conduction. The heated fluid element is washed away and replaced by a new fluid element 
from the bulk of the bed.
Khan et al. (1983) proposed a model based on the mechanism of heat transfer by 
conduction through the laminar sub-layer. Strings of particles with liquid between spaces 
move along the heated surface at the mean particle velocity. The strings of particles are 
separated from each other by liquid. Heat is transferred by unsteady-state conduction to the 
liquid and to the solid.
A semi-empirical correlation for the prediction of heat transfer to solid-liquid fluidized 
beds in a cylindrical tube is presented by Jamialahmadi et al. (1995) based on data for 
cylindrical steel particles suspended in water. This is analogous to a nucleate boiling heat 
transfer model, if ‘particle’ replaces ‘vapor bubble’ and ‘particle conduction’ replaces
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‘latent heat transfer’. The model has been formulated under the assumption that the heat 
transfer resistance of the bed is negligible. In this model the heat transfer surface is divided 
into two zones where heat transfer is governed by different mechanisms:
1. The surface area affected by particles. In this area heat is transferred into the fluid by 
transient heat conduction from the heat transfer surface to the adjacent liquid layer. In 
the wake of particles departing from the heat transfer surface, the hot liquid layer is 
transported into the liquid bulk and replaced by cooler liquid. Some heat is also 
transferred by conduction to the particles while they are in contact with the heat transfer 
surface.
2. In the remaining heat transfer area, heat is transferred to the fluid by forced convection.
This is the first correlation to differentiate between the modes of fluidization. 
Jamialahmadi et al. (1996) developed their previously proposed model in the form of a 
unified model for wall-to-bed and immersed heater-to-bed systems. The model is generic 
and includes the effects of various operational and geometrical parameters on the heat 
transfer rate.
2.2.3 Correlations for Heat Transfer in Solid-Liquid Fluidized Beds
Due to the complex nature of heat transfer in solid-liquid fluidized beds an adequate model 
for the mechanisms of heat transfer in these systems has not yet been developed. The 
majority of authors have preferred to correlate their results rather than model them 
theoretically. Some of these correlations are based on the models discussed earlier. 
However, most correlations are empirical, with the following form:
Nup=CRe';;PrbArc
I  a  V 1
4 l
Dv h y
( l - s ) r (2.39)
Table 2.6 summarizes most of the published equations and the conditions for which their 
application has been recommended. The majority of published correlations have positive 
values for all fitted parameters with the exception of the porosity exponent e, which is 
negative.
It is important to mention that some of the correlations were originally presented in terms
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of Nu to a tube diameter. These have been put into a common form by applying necessary 
changes (equation 2.39, Table 2.6). Therefore, most of the equations in Table 2.6 are 
shown based on Nu to a particle.
For example the equation proposed by Richardson and Mitson (1958) in its original form 
is:
Nu = 119Pr 0.4
(Q  h°-28/% A-0"02
ps b
\ b  J
(Ret)N(Re)-°-°75
and N = 0.02 Ps
V K l
+ 3.45
J
In which Nu and Re are based on tube wall. Therefore, by rearranging this equation using 
some algebraic manipulation it can be written as:
Nu = aD
T T
ad„
Nu = — E 
p X,
Nu = Nup x
dV P J
(r«) 0
(R*p)
-0 .0 7 5
-0 .0 7 5
P l U s D
V Pi J
( P|Usd ,^  
V Pi J
-0 .075
-0 .0 7 5
/ V ,  \ - 0 .0 7 S  f r t  V 0 -075(Re) = (R e J  x
s  x  0.075
Nu„x
vd i>y
= 119Pr 0.4
c  V'2Va V0,02ps
cV ^1
b
V l^ j
(R e ,r (R  e „ ) - ° -
Nu = 119Pr 0.4
r n \
ps
c
0.28  ,  V - 0 .0 2
f x . A
V^I J
(r  . , r ( R . Pr »
r  ,  1.075
D
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Table 2.6 Published correlations for solid-liquid fluidized bed heat transfer
A u th o r  C o rre la tio n  R a n g e  o f  ap p lic a b ility
Wesser & Mardus ( 1 ft ( u ft 
(1957) “ “ ( ' - x H l J
A = to .S D L , a w  
1 -  s
a f = single -  phase 
k =15.5 for d p = 1 /:
1 ( u )  10 < ReP< 3850
+ A abedu J  Pr = 7
1.5xl04<Ar<3.1xl06 
- J « o c ^ k - J  0.015<dP/Dh<0.0091
flow, a bed = fixed bed conditions 
>.3 and k = 13.75 for dp = 5.9 mm
Lemlich & Caldas Low us : NuP=0.0555Rer 
(1958)
High us : N Up=1.4Pr1/3
The correlation predicting the 
used
(  A  >dp
KY>b j
lowe
021 2 < ReP<95 
s ' 1 Pr=3.6
5.4xl02<Ar<1.7x tO4 
r value of a  should be 0.0096<dP/Dh<0.0135
Richardson
&Mitson N up =119 Re’0075 
(1958)
/
N = 0.02 —  + 3.45 
VPi
Pr04 Re*
\
J
s r n  ft°-2V i  ft-002 
GPs | j
,C p , J J ( d y 075—  35 < ReP< 1610 l D i'7 6.8 <Pr<29.6
1.83x103< Ar< 146 x 106
0.63<e<1.0
0.009 l<dP/Dh<0.0184
Ruckenstein et al. N up = 0.067Re/’ 237 Pr" 3 A r0,532 , Rep A r'O58)0.09 Unknown 
(1959) N up = 0.326Re"0 423 P r ,/3 A r0140, Rep A r 'OJ8<0.09
Richardson & Smith
(1962) a  = a r + 24367(1 + 7.427 x 1
a r =^k_ 0.023 Re p8 Pr"J| ^  
D h [ d „
o-’cpi'!Xi-d”(£
X -0 8
, m =0.079 Re/
Ui 35 < ReP <1610 
100<Ret 
6.8 <Pr<29.6 
2.82x102<Ar<3.13 x 105 
0.60<e<0.98 
0.0049<dP/Dh<0.0439
Wasmund & Smith _, ReD Pr 1.73 < ReP <2500 
Pr =6 .1
4.9x103 <Ar <2.1xl05 
3 0.45 <e< 0.90 °~ 0.0054 <dP/Dh< 0.1088 
0~3
(1967) Lh  i  ^ 4844.23uDh
10(,“'-758)Ref  ^cR et+ 1689.7dp(e-0.5) 
glass: a =0.11, b = -0 .3 3 ,c = 1.06x ] 
alumin ium : a = 0.29, b = -0 .37, c = 1.37 x 1
Wasan & Ahluwalia Nu = 1.257 Re?,5 Pr°5(l - s )1O969) * , n /, r N up =C Rep Pr(l - g)q A(e [l
lam inar: A=(l + B2)i ; ‘ 
B = 0.0239(l - s )l/6 Rep5, C
turbulent: (l + B5/4)°/5 - 
B =0.3447(l - e)4/l5 Rej/ 5 ,C
/ 6 + N u * p Unlenown
-  erf ( v / T ) ] - 1 )
-  B3, L =0.0989 Pr"1 A -2 
=3.175, p  =  0 .5 , q  =1/6
9 / 4  _ 26.873(1 - s ) - 1/:5 
R e / 5 Pr A2 
=  0.2148,p = 4 /5 ,q = 4 /1 5
Hamilton 1 /  , \ °  
(1970) N uP =3.33 Re?,565  Pr3
l  D J
57  1.7<Rep<2500 
( \  -  f ) °  435b z > Pr =  6 .1
4.9 x 103(Ar(2.1 x 105
0.45<s<0.99
0.0054(dp/D h(0.1088
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Table 2.6 Published correlations for solid-liquid fluidized bed heat transfer. (Continue)
A u th o r  C o rre la tio n  R a n g e  o f  a p p licab ility
Tripathi & Pandey
(1970) Nu p =0.0173 Re’’77 P r‘u f  d P
l D >.
V019 J  P p - P . y 3'9 40<Rep<1000
J  6 {  p, J 1.4(Pr<10
8.0 x  105<Ar<3.1 x  106 
0.5<8<1.0
.0098(dp/D h <0.1295
Brea & Hamilton
(1971) N up =0.943 Re°p55 Pr° T
0,5 10.4(Rep<357
( l - p )045h  87 5.24<Pr<368
2.8 x  103<Ar<1.5 x  105 
0.55(8(0.99 
.0086(dp/Dh <0.0332
Varma et al. r , > 
(1972) N up = c R e |T P r l/3
c = 0.00285 for glass
-0 58 
,
h V "  h 1 - 8 PK 185(Rep(3360 
U pk J  ’ h PK 1 - b 3.54(Pr(5.0 
: = 0.0032 for aluminium 1.1 x  106(Ar(8 x  106
0.48(8(1
.0063(dp/D h <0.123
Schimanski et al. N up = 0.23Re°23 Ar026 3<Rep<300
(l972) 2 x  102(Ar<1.2 x  10s
Syromayatnikov et ( /
al Niip ~  Niip - H - _  
(1973) ^ u op,
N ur,max = c P r l/3 Ar05 , i
short tube : c =  0.0345(1 
long tube : c =  0.023(70
y  5.5(Pr(33.8 
(o.22 Pr0"’7-  l)+  1 3 x  103 ( Ar(5 x  104
'  ,0052(dp/D h(0.1059
opt ~  O.I-Af Ar066 
d p
30mm)
5mm)
Richardson et al. N u  =  0.67 Re°p62 P R V 'f l  -  e ) 038 13.2<ReP<381 
(1976) pr = 135.5
1 . 9 x 1 0 4<  A r< l.5 x 1 0 s 
0.405< s <0.85 
0.0294 <dP/Dh<0.1010
Allen et al. /
(1977) N up =  1.85 Rep52 Pr1/3 -
Nup =  1.823 Re952 Pr1/3
dp"
dP
0.
\
y
unknown
e-°04( l - s ) 052, 8 >0.76
32
(l -  e)°48, 0.76>s>0.4
Baker etal. a  = 1323u° 158d°p168 l<Rep<1500
(1978) / . p r q u m m m /s , d , in mm Pr = 6.9
1.85 x  103(Ar(1.83 x  106
0.43(8(0.99
.0028<dP/D h <0.0280
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Table 2.6 Published correlations for solid-liquid fluidized bed heat transfer. (Continue)
Author Correlation Range of applicability
Khan et al. 
(1978) Nu„ = 1 1.8Re°p48 Pi-0,4| -Ap
\ 0 38 0.1(Rep(1000
22<Pr<14000
4.1 x 10!(Ar<3.95 x 106
0.40<s<0.91
.0029<dp/D h <0.101
Tusin et al. 
(1979) Nu„ =0.11 Re° 72 Pr056
A  )d p
0 28
f Pl' l
Pr
Prw : Prandtel number at wall temperature of heater
80(Rep(5000
3(Pr(10
1.3 x 104(Ar(1.45 x 106
Mersman etal. N up = 0.14SRe°p7 Pr05 e_1(l -  e)02 , Re7>30
(1980)
N up = 0.2895Re°p5 Pr05 e~'(l -  s )0 33, R e ;<30
l(Re; (10000 
2.2<Rep<3000 
7(Pr(l 150
5.1 x 10'<Ar(1.47 x 107 
0.013<dp /D h <0.063
Kato et al. Nu = 0.044Re°p78 Pr078 e-'(l -  e)022 
(1981)
1.4<ReP<351
6.2(Pr(60
1.35 x 103<Ar(1.93 x 105 
0.0035<dp /D h <0.0423
Wehrmann NUp _ o. 13472Rep7 Pr05 E - 1 ( l  -  e)02, Re;+>30
&Mersmann
(1981)
N up = 0.24775Rep5 Pr05 s~‘(l -  s)033, R e;+<30
l(R e;+(10000 
2.2<Rep(3000 
7<Pr(l 150
5 .1 x l0 J(A r(1.47xl07
0.013<dp/D h<0.063
Schiitt
(1982)
N up = 0.4114Rep629 Pr°5(l -  e)°3 120<Rep<3300
2<Pr(7.8
2.1 x 105(Ar(8.6 x 106 
0.50(8(0.95 
.0053(dp/D h(0.118
SchUtt
(1983)
N up = 0.428Rep58 Pr05( l - e ) ° ‘ 
for a bundle of vertical tube:
drN up = 0.83 lRep Pr,0 58 r>„0.5[ UP _ s 0^.42
e : dis tan ce between tubes
120(Rep(3300
2(Pr(7.8
2.1 x 105(Ar(8.6 x 106 
0.50(8(0.95 
.0053<dp/D h <0.118 
0.25(dp /e(05
Khan et al. 
(1983)
Nu p = (0.0325 Rep +1.19 Re°43)Pr°37(l -  s)°: 0.1(Rep<1000
22(Pr(14000
4.1 x 10'(Ar<3.95 x 106
0.40(8(0.91
.0029<dP/D h (0.101
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Table 2.6 Published correlations for solid-liquid fluidized bed heat transfer. (Continue)
Author Correlation Range of applicability
Muroyama et al. „
(1984) for ——  
1 -  s
Niip =0.040
for Re>
1 -  e
Nup =3.6 Re
( a V 0935 1 l(Rep<2621 
j j )  ^ - 8 1 x l ° 4 Pr = 4.3 
R ePri/3 7.82 x 103 (A r(l. 13 x 107 
r- \-o 935 0.43(s(0.95 
- i c  >1.81 x io 4 ,00064<dp/Dh <0.072
( h J
( a T 43oMpriu dp_
VDh J
Chiu & Ziegler /
(1985) Niip = 0.762Re®646 Pr0638 U,Tlin
I u . >
spherical particles: S = — , <J>S
dp
cylindrical particles: S = 2 -----—
dPL
0266 /c . \-o646 48<Rep<619 
6 A0354r -i w dr /
V1 SJ 8 0  6.9<Pr<7.9
1 .5 x l0 4(A r(3 .46xl06 
= 1 0.46<s<0.91 
j  s(0.85 for p, >0.1 Pas 
’ * s - ° . 9  .0020(dp/D h(0.107
Juma & Richardson Nu = 0.76Re°5 Pr03(l + all -  s]b) l(Rew<100
("19853 '
N uw and Rew with diameter dw of horizontal tube l.l(R ep(60
a = 2.37, b = 0.8 f o r dw = 5 m m  Pr = 169.7
a = 0.61,b = 0.6 for d w = 0.13 mm 7.4x 102(Ar(5.46x 103
0.50<s<0.95
.0018(dP/D h (0.036
CouIson & Nup =(o.0325Rep+1.88Re°P43) 
Richardson v P 1 
(1985)
pr° 37 (j _  g)°725 unknown
Kim et al.
(1986) Nup = 0.07222Rep25 Pr05 Ar025
f l - e Y 25 0.4<Rep<960 
{ e J 1.6<Pr(l 161.4
8.7 x lO ^A rO .n  x 107
0.48(s<0.78
.0013(dp/D h(0.059
Midoux et al.
(1986) Nup =0.1777Re°p71 Pr04l(l -  s)c
i45f  16 Y 7' Especially for fixed beds
U  + H sJ
Muroyama et al. Nu = o.137Re"7M P rl/J s “'(l - s )0145 ll(R eP(2621 
(1986) Pr = 4.3/135.5
7.82 x 103(Ar(1.13 x 107 
0.495(8(0.99 
0.0064<dp/D h <0.101
Ko 11 bach N up = 0 .1 18Re°p7 Pr05 8~ ' ( l - s )02 , Re:>30 0.5<Re"<40000 
(,987> 0.1(Rep(4381 
Nu„ = 0.23IRe°p7 Pr0 5 s - ' ( l - 8)02 , Re;<30 1.7<Pr<I4000
4 .1 x l0 1(A r(1.47xl07 
0.40(8(0.99 
0.013<dp / D h <0.101
42
Literature Review
Table 2.6 Published correlations for solid-liquid fluidized bed heat transfer. (Continue)
Author Correlation Range of applicability
Grewal & 
Zimmermann 
(1988)
N up = 33.54Re/ 65 Pr014
/  \  0.694
d ^
-, d.
(1 -  e)°
with d t as the diameter of the horizontal tube
6.65<Rep<170 
Pr = 9
6 . l x l 0 3(A r(l.55x10s 
0.50<e(0.85 
0.0085<dp/D h <0.025
Kang et al. 
(1991)
Nup =0 .191  R e / 9 Pr,/3 s -1 ( l - e ) 031 68<Rep<480 
Pr = 5.6
1.13xl0s(A r(1.47xl06 
0.50(8(0.85 
0.013<dp/D h <0.030
Macias-Machin et 
al.
(1991)
Nu w = 1.72 Re/ 56 P r~°41 s "°85 (l -  e)°29 unknown
N uw and Revv with the diameter d w of the horizontal tube
Jamialahmadi et al. 
(1992) = occ +1.5(1 [ L - | ( a p - a c )
a c = a  for sin gle-phase flow
oc„ =
-Jn A .P .C P ,  + KA s P s c Ps Vf , f
3iij
4?
384(Rep<13376
1.95(Pr(2.36
9.95 x 10s(Ar(1.55 x 107
0.41(8(1.0
0.048(dp/D „<0.120
Up = Jgdp 1 8-8,  ____________  21 = 7 1J  L l
Ps J sO - S pk^ - s) N l D h
d p = diameter of a sphere with equal volume to cylinder 
K = 0.0705 for spheres, K = 0.141 for cylindrical particles 
g = 9.81 m /s 2
Haid et al. 
(1994) Nu„ = C Rep Prb| ^ — El 
Pi D
■0-8/
h y
C = 0.1493, a = 0.72, b = 0.52, c = 0.03 
d = 0.17, e = -1.41, f  = 0.19
0.020(Rep(9400 
1.65(Pr(7700 
3.85(Ar<6.7 x 107 
0.0013(dp/D h(0.210
Jamialahmadi et al. 
(1995)
for particulate fluidization:
✓ V 0 256
d
a  = a„ +1.5 (l-s)05075(ap - a c)
for aggregated flu id izatbn:
X n 3SS
d
a  = a ,  +8.64
V y
( 8 - 8 SB)03S3( l - s ) I077( a P - a c )
384<Rep(13376
1.95(Pr(2.36
9.95 x 10s(Ar(1.55 x 107
0.41(8(1.0
0.048(dp/D h(0.120
a c = a  for sin gle-phase flow
f
a p =
v
2
=  A i P i c Pi + K-AsPsCPs V?, f  = 3ur4?
Up = Jgd ,
8 SpK
Ps )  50 ~ e PK ) ( l “ S) 
d P =diameterof a sphere with equal volumeto cylinder 
K = 0.0705 for spheres, K = 0.141 for cylindrical particles 
g = 9.81 m /s 2
43
Literature Review
Table 2.6 Published correlations for solid-liquid fluidized bed heat transfer. (Continue)
Author Correlation Range of applicability
Jamialahmadi et al. 
(1996) a  = a„ +- a„  - a .
6(l -  s) VT n p /
dp A N  
a c = a  for single-phase flow
2-  J  -x/A,p,Cp, + KVxsp sCps Vf
Vtt /
384<Rep<13376
1.95(Pr<2.36
9.95 x 10s(Ar(1.55 x 107
0.41(8(1.0
0.048<dP/D„ <0.120
f =0.3354 _Pi_
Ps
s - e ,
spk)0 s) 
(l — e)c (e—s PK )d
d p = diameter of a sphere with equal volume to cylinder 
K = 0.0705 for spheres, K = 0.141 for cylindrical particles 
2 = 9.81 m/s2
Heater
Configuration
Constant of Jamialahmadi et al. (1996) correlation 
Aggregative Homogenous
Fluidization Fluidization R V t/A
Vertically 
Immersed Plate
a = 10.43 
b = 2.6734 
c = -0.232 
d =  1.24
7 = 2 .3 7 6 .....
b = 0.735 
c = 0.86 
d =  1.39 
"a"= 0.5266" 
b =  1.3437 
c = 0.05033 
d = 0.018167
7=7.76....
b = 1.358 
c — 0.353 
d = 0.077
a = 0.6531 
b = 1.9953 
c = -0.238 
d = 0.75675 
7=  2.32657' 
b = 1.5577 
c = -0.0643 
d = -0.275 
a = 0.3 82 
b = 1.4426 
c = -0.1665 
d = 0,6255
D
VT tcD
A 4L,
Vt D2
A 4L
Vt = D[_
Horizontally 
Immersed Heater D
Vertically 
Immersed Heater Dh
W all-to-Bed 
Heat Transfer
a = 0.9842 
b = 1.256 
c = 0
d = -0.4925
D
4D;
T
A
D
4
Haid
(1997)
N up = C Rep Prb(l -  s),-as" 
C = 0.0734 
a = 0.75 , b = 0.63
0.020(Rep(9400 
1.65(Pr<7700 
3.85(Ar(6.7 x 107 
O.00l3(dp/D h(0.210
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3. EXPERIMENTAL EQUIPMENT AND PROCEDURES
3.1 E xperim ental E quipm ent
3.1.1 T est R ig for M easuring  P article S ettling  V elocity
Experiments to determine terminal falling velocities of different spherical and cylindrical 
particles are performed in columns of different diameter (25, 40. 50 and 100 mm) and 
variable height. The columns are erected in a vertical position (see Figure 3.1) with a tap at 
the bottom of the column to permit the removal of the content of the system, which was 
introduced at the top. The set-up also included an electronic timer and video camera.
3.1.2 T est R ig for M easuring  Bed V oidage
A schematic diagram of the fluidized bed system is also shown in Figure 3.1. The set-up 
consists of fluidized bed column, pump, supply tank, liquid flow meter, control valves, DP 
cell and U-tube manometer with mercury-under-water as the manometric liquid.
4  Sample insertion
Remote switch (upper)
■Timing start point
Electronic timer
o o
Video camera
-Timing end point
Remote switch (lower)
Pump
Drain
Particle settling velocity column
Figure 3.1 Schem atic diagram  o f  experim ental set-up  for h ydrodynam ics experim ents
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The column consists of calming, test and expansion sections. The cross-sectional area 
expands above the fluidized bed test section to decrease the flow velocity and to restrict 
particle carry-over. A 70-mash stainless steel screen fitted above the calming section of the 
bed supports the solid particles. The liquid passing through column and return lines is 
discharged into the supply tank. The flow meter was calibrated for different solutions using 
a bucket and stopwatch technique. An average of at least five repeated measurements was 
used for flow meter calibration. Reproducibility was good, with a typical standard 
deviation of 4.6%. Liquid temperature between inlet and outlet of the test section was 
measured to evaluate the liquid viscosity and density. A personal computer was used for 
data acquisition. Various types of spherical and cylindrical particles were used as solid 
phase in this investigation.
3.1.3 Test Rig for Measuring Heat Transfer Coefficients
A schematic diagram of the apparatus used in this investigation for heat transfer 
experiments is shown in Figure 3.2. The test rig was completely made from stainless steel. 
The liquid flows in a closed loop consisting of temperature controlled storage tank, pump, 
liquid flow meter, control valves, and test sections for bed voidage and heat transfer.
Drain p ump
Figure 3.2 Schematic diagram of test apparatus for heat transfer experiments
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A  70-mash stainless steel screen fitted between two flanges before the test section supports 
the solid particles. The fluid temperature in the fluidized test section was measured with 
thermocouples appropriately located in the pipes. The flow meter was calibrated again such 
as described in section 3.2.1 for different solutions at different bulk temperatures. A U-tube 
was connected to the bottom of the test section. When the test liquid contained substances 
for which a conventional flow distributor could not be used, this acted as a trap for the 
particles before and after fluidization. The particles were prevented from carryover, at 
higher superficial liquid velocities, by an expansion cone mounted on top of the heated 
section. Power was supplied to the test section using a manually adjusted variac.
The schematic diagram of the fluidized bed test section is shown in Figure 3.3. It was 
designed as an externally heated pipe. The thermocoax electrical resistance wire was placed 
into a thread around the pipe and imbedded in high temperature soldering tin to ensure 
good contact with the wall pipe. The resistance wire consisted of one long high resistance 
length with short lengths of low resistance wire attached at each end. The resistance wire is 
contained in a flexible, insulated, metal jacket. Care was taken during the manufacture of 
the test section to ensure that only the high resistance region of the wire was soldered onto 
the pipe. If wire of different resistance was soldered onto the pipe then the heat flux 
distribution inside the test section would not be uniform.
Pictures of heat transfer test rig and heat transfer test section used in this investigation are 
shown in Figures 3.4 and 3.5. The important dimensions of the fluidized bed section are:
Inside diameter of pipe 23.8 mm
Heated length 160 mm
Heated length to thermocouple location 95 mm
Four lengths of capillary tubing were soldered into separate external groves that penetrated
very close to the inside surface of the pipe. The local surface temperature of the heated pipe 
is measured using four micro E-type thermocouples, which inserted into these tubes. The 
thermocouples were calibrated to measure the temperature at the internal surface of the 
pipe. This involved determining a correction value to be subtracted from the wall 
thermocouple temperature, which accounts for the temperature drop due to conduction 
from the thermocouple to the internal surface.
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I I
Figure 3.3 Schematic of fluidized bed test section
The surface temperature for each thermocouple was then calculated using equation (3.1).
1 he term X/S was determined for each thermocouple using the Wilson plot technique. 
Details of this technique are given in Appendix A.
48
Experimental Equipment and Procedures
Figure 3,4 Photograph of heat transfer test rig used in this investigation
Figure 3.5 Photograph of heat transfer test section
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The accuracy of the calibration was cross-checked by comparing experiments without 
fluidized particles with the predictions of the Gnielinski (1986) equation for heat transfer 
during turbulent flow in pipes if it is modified to apply for local conditions, (equation 3.2).
Nu
k (R e-1000)Pr
1 + 12.7 p ( P r J/3- l )
( 1
f Dl
2 /  3 ~
f  Prbl
1  H-------
3 U J FrV w y
,0.11
(3.2)
Based on extensive experimental and numerical research Jamialahmadi and Muller- 
Steinhagen (1992) suggested using Re instead of (Re -1000) in equation 3.2. The friction 
factor, fj for turbulent flow may be calculated according to Filonenko (1954).
fl = [l.82L og(R e)-1.64p (3.3)
An average relative error of 5.7% for Newtonian solutions and 8.6% for non-Newtonian 
(shear thinning power law) solutions indicated that there is very good agreement between 
the measured data and the predictions of the modified Gnielinski (1986) equation as can be 
seen in Figure 3.6.
n
£
I
a
e.cy*5£h—i©©©u
«£sos
C3u
es©ac
Liquid velocity, u [m/s]
Figure 3.6 Typical variation of heat transfer coefficient with liquid velocity for 
single-phase flow with Newtonian and non-Newtonian solutions and 
prediction according to Gnielinski (1986)
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The average value of 3 thermocouple readings was used to determine the heat transfer 
coefficient; the 4th thermocouple was connected to a temperature controller to avoid 
overheating of the test section. The entire rig was insulated to minimize heat loss to the 
ambient air.
3.1.4 Distributor Design
The distributor in the bottom of the column must support the solid particles when they are 
not fluidized and at the same time must be permeable to the vertical fluid flow. A necessary 
condition for a distributor is that it should not alter the velocity distribution produced by 
the calming section.
Good quality fluidization is characterized by the bed being free from irregularities and 
channelling. In this situation, fluid must be evenly distributed at the bottom of the bed. 
Klaren (1983) states that experience shows that one of the necessary conditions for stable 
operation of a fluidized bed heat exchangers is that the pressure drop across the distribution 
plate should satisfy the condition:
APd >0.1APt
Where
APd = Pressure drop across the distributor plate.
APt = Total pressure drop across the bed.
In the present investigation a 70-mesh stainless steel wire mesh was used as the distributor. 
Therefore, using Perry's chemical engineering handbook, 7th ed., 1999 we have:
O2Percentage of open area = 7—  —r x 100
(o 2 + d 2)
Where:
O = size of opening = 0.145 mm 
D = diameter of wire = 0.199 mm
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Percentage of open area Q
(o  + d )2
x 100 = 0.199'
(0.199+ 0.145)2
x 100 = 33.5%
A typical calculation of pressure drop across the distributor for fluidization of 3x3 mm 
stainless steel particles with pure water is as follows:
Writing Bernoulli's' equation between upstream and orifice flow area in SI system gives:
Pi - P :  _ (v a ~ v ?) . ‘
P 2
- 1
2c:
Assumptions: 
vi = 0.65 m/s
Percentage of open area = 33.5%
Re -  PiusD _ 998.3x0.65x0.0365 _
Bi 0.000656
Using Figure 10-20 on page 10-16 of Perry's chemical engineering handbook, 7th ed., 1999 
the coefficient of discharge for turbulent flow is:
Cd = 0.62
Using the above assumptions the pressure drop across the distributor will be:
Ap(, =P i - P 2 =
Pv i
2C ; V A 2 j
-1 998.3x0.65
2x0.62 0.335
= 4341 Pa
The pressure drop across the bed for fluidization of 3x3 mm stainless steel particles with 
pure water is 18467 Pa (as measured in the investigation), therefore:
Apt, 4341 
Apt ” 18467
0.24 Apd> O.lAp,
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The data acquisition equipment consist of a CIO-MUX32 interface, which is a signal 
conditioning board and a CIO-AD08 (DAS-8) analog to digital board, that is controlled by 
a Pascal program. A signal amplifier was used to multiply the mV thermocouple voltages. 
The data acquisition program allows the measurement of temperature or any other suitable 
signal. The power supplied by the variac was measured using two signals. One represented 
the RMS voltage while the other represented the current. These signals were calibrated 
using an accurate digital multi-meter. Measurements can be done either manually or 
automatically, and they are recorded in an AT386 personal computer and printed by a 
printer. A photograph of data acquisition used in this investigation is shown in Figure 3.7.
3.1.5 Data Acquisition
Figure 3.7 Photograph o f data acqu isition  used in this investigation
3.2 T est L iquids
In order to cover a wide range of particle Reynolds numbers, distilled water and a series of 
aqueous solutions of sugar and carboxymethylcellulose (CMC) were used as Newtonian 
and non-Newtonian (shear thinning power law) liquids. The concentration of sugar and
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CMC was varied from 0 to 60 wt% and 0 to 1 wt%, respectively. The rheology of these 
solutions was determined with a Carri-Med 50 controlled stress rheometer equipped with a 
cone and plate assembly. The temperature is controlled by a Peltier element situated in the 
plate. As expected, the sugar solutions exhibited a constant shear viscosity whereas the 
CMC solutions display varying levels of pseudoplastic behavior. Aqueous 
carboxymethylcellulose (CMC) solutions were prepared by adding the sodium CMC to 
distilled water. The sodium CMC polymer, which was obtained from the SIGMA chemical 
company, is highly viscous in nature. For CMC solutions shear stress versus shear rate and 
apparent viscosity versus shear rate were determined, and typical results are shown on log- 
log plot in Figures 3.8 and 3.9. As expected all CMC solutions displayed shear-thinning 
behavior.
An examination of the shear stress-shear rate data suggested that the two-parameter power 
law fluid model provides an adequate representation of their pseudoplastic behavior. In 
steady shear, the power law is written as:
t  = kyn (3.4)
In which the best values of viscosity index, k and rate index, n were estimated using a 
nonlinear regression approach. The value of k and n can also be calculated as intercept and 
slope of lines on log-log plot of shear stress-shear rate. Often at very low and veiy high 
shear rates the value of n may vary but, in the range of shear rates used in this investigation 
however, n is constant as can be seen in Figures 3.8 and 3.9. The resulting values along 
with the density of each solution are given in Table 3.1.
The higher the value of k, the more viscous the fluid. The dimensions of k depend on the 
index n, where n is a measure of the degree of non-Newtonian (shear thinning power law) 
behavior. The greater the departure from unity (Newtonian form) the higher the degree of 
non-Newtonian (shear thinning power law) properties of the fluid. It has been assumed that 
the average shear rate over the entire particle surface is uM/dp. By this assumption, the 
range of average shear rate covered in this investigation is between 25 and 400 S’1. With 
this definition, the apparent viscosity is given by the following equation:
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Fa =  k
r v 1-1 uc
V d P ,
(3.5)
The specific heat of different concentrations of aqueous CMC solutions was determined by 
a bomb calorimeter and the results are shown in Table 3.2. The results show that the 
specific heat of aqueous CMC solutions is almost constant and near the values for pure 
water.
Table 3.1 Physical properties of test liquids
N ew tonian
liquids 25 °C
Viscosil 
40 °C
:y [ Pa.s ] 
60 °C 80 °C
Density
[ k g / m 3]
Specific heat 
[ J / k g K]
C onductivity 
[ W/m IC ]
Pure water 0.0010050 0.0006560 0.0004688 0.0003565 998.3 4182 0.6
Sugar
solutions
20 wt%
40 wt%
60 wt%
0.001714
0.005359
0.044410
0.001197 
0.003261 
0.021300
0.000811
0.001989
0.009870
0.000592
0.001339
0.005420
1070
1150
1300
t
1523
1314
1184
t
0.580
0.456
0.391
Aqueous solutions of CM C ( non-Newtonian liquids )
Density = Density of pure water 
Power law model: x = IC (y)11 where K = Viscosity coefficient, [ Pa.s1' ] & n = Rate index, [-]
CMC
solutions
Power Law 
parameters
25 °C 40 °C L/1 o 0 O 60 °C 70 °C
Specific heat 
[ J / k g K]
Conductivity 
[ W/m IC ]
0.2 wt%
K
n
0.0697
0.7468
0.0221
0.8281
0.0125
0.8879
0.0082
0.9233
0.0031
0.9512
4200 0.615
0.4 wt%
IC
n
0.2084
0.6953
0.066078
0.770993
0.03737
0.82667
0.02452
0.85963
0.00927
0.8856
4220 0.625
0.6 wt%
IC
n
0.3413
0.6883
0.108217
0.763231
0.06121
0.81835
0.04015
0.85097
0.01518
0.87669
4250 0.635
0.8 wt%
IC
n
0.5756
0.6729
0.182507
0.746155
0.10323
0.8012
0.06772
0.83193
0.0256
0.85707
4270 0.64
1 wt%
IC
n
2.538
0.5519
0.804732 
0.611982
0.45516
0.65618
0.29859
0.68234
0.11288
0.70296
4290 0.645
+ International Critical Tables, Vol. 5, 1929.
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1 10 100 1000
S h e a r  ra te  [1/s]
Figure 3.8 Shear stress versus shear rate for 1 wt% aqueous CMC solution
1 10 lOo 1000
S h e a r  ra te  [1/s]
Figure 3.9 Viscosity versus shear rate for 1 wt% aqueous CMC solution
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The thermal conductivity of different concentration of aqueous CMC solutions was 
measured on a conductometer that was manufactured by P. A. Hilton LTD. The Hilton 
thermal conductivity of liquids and gases unit (H470) has been designed to enable the 
thermal conductivity of a wide range of fluids to be determined. The results are shown in 
Table 3.2. A photograph of the conductometer used in this investigation is shown in Figure 
3.10.
3.3 Solid Particles
Different sizes of spherical and cylindrical particles have been used in this investigation. 
Cylindrical particles were made by accurate cutting of metal wires. Physical properties of 
the solids used in this investigation are given in Table 3.2. A picture of different particles 
used in this investigation is shown in Figure 3.11.
Table 3.2 Physical properties of Solid particles
Type Nam e
dp or dpet  
[ mm ]
SSB
[-1 [-1
Density
[ k g / m 3 ]
Specific heat 
[ J / k g K]
Conductivity 
[ W/m K ]
Aluminum 2x3 mm 2.62 0.40 0.86 2600 896 204
Aluminum 3x3 mm 3.43 0.41 0.87 2600 896 204
Brass 3x3 mm 3.43 0.41 0.87 8500 385 111
Cylindrical
Stainless Steel 3x3 mm 3.43 0.41 0.87 7900 460 17
Stainless Steel 2 x2 mm 2.29 0.40 0.87 7900 460 17
Tantalum 4x4 mm 4.58 0.41 0.87 17600 151 54.4
Glass 2 0.39 1 2700 840 0.87
Glass j 0.39 1 2700 840 0.87
Glass 4 0.40 1 2700 840 0.87
Lead 2.9 0.39 1 11350 130 35
Spherical
Lead 4 0.40 1 11350 130 35
Carbon Steel 4 0.40 1 7800 473 43
Carbon Steel 3 0.39 1 7800 473 43
Stainless Steel 3.7 0.40 1 8100 460 13
t dpe = Equivalent diameter for cylindrical particle. = Diameter of a sphere having the same volume as the 
particle (volume diameter).
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Figure 3.10 Photograph of conductometer used in this investigation
Figure 3.11 Photograph of different particles used in this investigation
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3.4.1 Procedure for Measuring Particle Settling Velocity
All tests were performed in a random fashion. Initially, the columns were cleaned and the 
test liquid introduced into the column. It was there for about 12 hours to allow any trapped 
air bubbles to escape and homogenous condition to be obtained throughout the system. The 
test particles were also soaked in the test liquid for about 6 hours. Then, the test particles 
were introduced below the surface of the liquid and as close as possible to the center of the 
column. Moreover, since most of particles (especially the cylindrical particles) were dense 
and the height of cylinder was not long (equal to their diameter), the particle trajectory was 
generally vertical.
The terminal settling velocity of each particle was measured by timing its decent over a 
pre-marked distance using an electronic timer and a video camera. Each reported terminal 
settling velocity represents an average of at least ten repeat measurements. In the case of 
distilled water, which has a low viscosity, the particle Reynolds number of heavy particles 
was higher than 1000, hence sinking occurred fast and the measurements were difficult and 
subject to error. To minimize the error, each value of terminal falling velocity represents an 
average of at least twenty repeat measurements. Some measurements were repeated later to 
check the reproducibility of the experiments, which proved to be excellent. All measured 
data are tabulated in Appendix B and the range of experimental parameters in measuring 
particle settling velocity is given in Table 3.3.
Table 3.3 Range of experimental parameters for particle settling velocity
2 to 5 mm 
2600 to 17600 kg/m3 
998 to 1300 kg/m3 
0.001 to 0.5 Pa. s
3.4 Experimental Procedures
3.4.2 Procedure for Measuring Minimum Fluidization Velocity
The minimum liquid fluidization velocity was measured from the intersection of pressure 
drop - liquid phase Reynolds number plots in fixed and fluidized bed regimes. For 
measurement of liquid velocity at very low volumetric flow rate, liquid from the column
dp or dpe 
Pr 
Pi 
Pi
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was passed through a graduated cylindrical column before returning to the supply tank. No 
significant difference was found when the minimum liquid fluidization velocity was 
determined with increasing or decreasing liquid velocity.
3.4.3 Procedure for Measuring Bed Voidage
The bed voidage is defined as:
VT -V „  M
6 =    =  1--------VT p„AL
For a given mass of particles, therefore, only the bed height has to be measured. To start 
the experiment about 300 g of particles are fed into the column and the minimum height of 
the bed is recorded as the static bed height. Liquid is admitted into the system and the 
average bed expansion height is recorded directly up to the limit of the height of the 
column when the particles are at the point of being carried away from the system. 
Expanded bed height data were obtained using both increasing and decreasing liquid flow 
rates to investigate the possibility of hysteresis effects. Static bed voidages were also 
measured separately for each particle type in a column of the same diameter but of smaller
height by measuring the volume of water required to fill the void space. The results of
these measurements are also included in Table 3.2. All measured bed voidage data are 
given in Appendix C and the range of experimental parameters that is used in measuring 
bed voidages is given in Table 3.4.
Table 3.4 Range of experimental parameters for the measurements of bed voidages
dp/ Dh 0.06 to 0.12
Pp 2600 to 17600 kg/m3
Pi 998 to 1300 kg/m3
pi 0.001 to 0. 4 Pa. s
Rep 0.24 to 5300
Ar 112 to 3.6 x 107
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3.4.4 Procedure for Measuring Heat Transfer Coefficient
The local heat transfer coefficients are defined as:
where the surface temperature, Ts, is calculated as shown in the previous section. The bulk 
temperature, Tb, at the thermocouple location was obtained from the following equation to 
account for the heater geometry.
This assumes that the bulk temperature increases linearly, from Tb,m, to Tb, out of the heated 
section. For the boundary condition of a constant heat flux this is a valid assumption.
systems (e.g. Richardson and Mitson, 1958, Wasan and Ahluwalia, 1969, Juma and 
Richardson, 1985). Therefore, it can be concluded that nearly a uniform longitudinal 
temperature gradient is maintained throughout the bed.
Preliminary experiments were carried out to verify that the values of heat transfer
other workers (e.g. see Figure 3.6). Experiments for measuring heat transfer coefficients 
were performed for three different bulk temperatures (40, 60, and 80 °C), when the test 
liquid is pure water or sugar solutions. For experiments with CMC solutions as test liquid, 
the bulk temperatures were 40, 50,60 and 70 °C . All measurements were taken after the 
system had reached steady state conditions.
From the results of this study and also from previous investigations (Jamialahmadi et al., 
1995), it is seen that in the convective heat transfer regime, the heat transfer coefficient is 
almost independent of the heat flux. Therefore, to perform all experiments under identical 
operational conditions and to remain in the convective heat transfer regime, the heat flux 
was maintained at 57000 W/m2 when the test liquid is pure water or sugar solutions. 
Because of the high viscosity of test liquids in the experiments with CMC solution, the heat
(3.8)
It is understood that the amount of back-mixing of the liquid is very small in fluidized bed
coefficient obtained with liquid in the absence of solids agreed with those obtained by
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flux was then maintained at 25000 W/m2 to avoid overheating and deposit formation. All 
measured heat transfer data are shown in Appendix D, and the range of experimental 
parameters used for measuring heat transfer coefficients is given in Table 3.5.
Table 3.5 Range of experimental parameters for the measurements of heat transfer 
coefficients
0.12 to 0.17 
2600 to 11350 kg/m3 
998 to 1300 kg/m3 
0.00036 to 0.14 Pa. s
0.12 to 1570 
99 to 3.4 x 107 
1.5 to 900
3.4.4.1 Heat Losses
The column of test section was insulated from the ambient air with a 20 mm thick asbestos 
insulation to minimize heat losses. The cross-section of the test section is shown
Too = 300 K 
a air = 20 W/m2 K 
1*1 = 12 mm 
i 2 =  1 2 + 2 0 = 3 2  mm 
^-asbestos =  0 . 0 4 6  W / l l l  I C
Insulation
Assumptions:
1. steady-state condition
2. One-dimensional heat transfer in the radial (cylindrical) direction.
3. Constant properties for insulation.
schematically in the Figure below.
dp/ Dh 
Pr 
Pi 
Pi
Rep
Ar
Pr
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4. Negligible radiation exchange between insulation outer surface and surroundings.
5. Since there is convective heat transfer regime in solid-liquid fluidized bed, the 
maximum temperature of the outer surface of test section = 150 °C
6. The convective heat transfer coefficient of air = 20 W/m2 K
7. The temperature of the ambient air = 27 °C
The resistance to heat transfer between the outer surface of test section and the air is 
dominated by conduction through the insulation and natural convection to the air. From a 
heat balance on the cylindrical column (e.g. Incoroperia and DeWitt, 1996) the thermal 
circuit is as below.
T
X \ / \ / \ A A  A 0
r2 ln (r2 /  r , ) 1
X  a
r ln(r / r ) JWhere q is the flux of heat loss in the radial direction. —— —— — and _  are conduction
X a
and convection resistance per area normal to the direction of heat transfer. The total 
thermal resistance per area normal to the direction of heat transfer is then.
R ™„i = Y ln
v 1 0.032, ( 32^ 1+ — :=>
~ 0.046 "I
H-----
Vr2 a ,12, 20
= 0.73 K.m / W
Therefore, the heat loss from insulation is:
Ts l-T „  1 5 0 -2 7
I loss R total 0.73
= 127 W / m:
If this is compared with the heat fluxes applied in the heat transfer experiments (57000 
W/m for Newtonian solutions and 25000 W/m for non-Newtonian solutions), it becomes 
obvious that it is a reasonable assumption that heat losses are negligible.
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The experimental errors for the measurements are as follows (as reported by the 
manufacturers):
□ Errors of approximately ±0.2 K in the temperature measurements.
□ An error of approximately ±3% in the measurement of heat flux due to errors in the
measurements of electrical current and voidage.
□ Errors of about ±1% for the measurement of superficial liquid velocity.
□ Errors of about ±5% in the height measurement of the fluidized bed for determining the
voidage-velocity relationship.
□ Errors of about ±1.5% in the measurement of time for calculating particle settling 
velocity.
Using the guidelines of the ASME Journal of Heat Transfer Editorial Board (1993), the 
uncertainty of the measurements is estimated as follows:
The bias limit for measurement of particle terminal falling velocity is ±2.1% and its 
precision limit is ±2.4%. Therefore, the calculated uncertainty for measurements of particle 
terminal falling velocity becomes ±3.2%.
For the minimum fluidization velocity measurements the bias limit is ±2.5% and the 
precision is ±2.9%. Therefore, the uncertainty in these measurements is ±3.8%.
The bias limit for measurements of bed voidage is ±0.2% and its precision limit is ±3.6%. 
Therefore, the calculated uncertainty for measurements of bed voidage is ±3.6%.
For the heat transfer coefficient, the largest experimental errors occur for the smallest 
temperature difference between heat transfer surface and test liquid. The smallest 
temperature differences for heat transfer coefficient measurements are found at heat fluxes 
of 25 kW/m2. The bias limit for this measurement is ±6.5% and its precision limit is 
±10.5%. Therefore, the calculated uncertainty for measurements of heat transfer coefficient 
is ±12.4%.
3.5 Error analysis
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4. RESULTS AND DISCUSSION
4.1 P article T erm in al V elocity  C orrected  for W all E ffect
Extensive new experimental results are presented in this work for regions where the 
published data are insufficient. To determine whether or not a particle still accelerated 
while settling, some experiments were performed in an 8 m column and particles were 
timed at five different levels. The velocity of the particles was found to be constant over 
the entire length of the column as illustrated in Figure 4.1, where the settling times of 3.7 
mm diameter stainless steel particles are plotted as a function of column length in solutions 
of different viscosities. The complete experimental data obtained for particle settling 
velocity for different concentrations of Newtonian and non-Newtonian (shear-thinning 
power law) fluids are given in Appendix B.
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F igure 4.1 T ypical re lationsh ip  betw een  tim es taken and d istance traveled  
by a p article in variou s solutions
The effect of liquid and solid phase physical properties on the terminal falling velocity of 
particles is shown in Figure 4.2. The results clearly demonstrate that the liquid and solid 
phase physical properties have a significant effect on particle settling velocity. The particle 
Reynolds number increases with increasing Archimedes number; however, this effect 
seems to level off for large value of Ar.
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All correlations available for the prediction of particle drag coefficient and bed voidage are 
based on the terminal velocity of single particles corrected for the wall effect. It is well 
known that the boundary walls of the column exert an extra retardation effect on the 
settling solid particle. The extent of this wall effect is usually quantified by introducing a 
wall factor defined as:
 ^ T erm in al settlin g  velocity  in the presence o f  w a ll effect _  u t 
T erm inal settlin g  velocity  in the abscence o f  w all effect iiB
It is obvious that the f  has a positive value less than 1.
12000
I  10000
OSJ
V
"g 8000
3
SV)"O
1  6000
<u
X
J32
•1 4000u
S3a*
2000
0
0 10 20 30 40
(Archimedes number, Ar) xlO'6
F igure 4.2 V ariation  o f  free fall velocity  o f  particles w ith  A rch im edes num ber
Figure 4.3 displays representative results illustrating the relationship between the measured 
terminal velocity and the settling column diameter for 3x3 111111 aluminum particles in 
solutions with different physical properties. All other particles, which were studied in this 
investigation, showed similar behavior. Therefore, it can easily be extrapolated to Dh-» co 
to estimate the corresponding terminal sinking velocity of the particles in the absence of 
the wall effect. The extrapolation results are also included in Appendix B.
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Figure 4.3 Variation of measured settling velocity of aluminum particles 
with column diameter in various solutions
The extracted wall effect results are plotted as a function of dp/Dh in Figure 4.4. Variations 
of wall effect, f, according to the equation 2.35 also are shown in this figure. The results 
conform with an absolute mean average error of less than 6% to the equation 2.35 
proposed by Richardson and Zaki (1954).
On the other hand, by extrapolating the fluidization velocity to a voidage of unity in a log- 
log plot of us versus ( s - s s b ) / ( 1 - £ s b ) ,  according to model presented in this investigation (see
Appendix C of the thesis), corresponding terminal velocity can be achieved. Therefore,
using the equation of U co =  ut x 10 (dp/D ) the terminal falling velocity of the particles can be 
calculated in the same column diameter of fluidization.
Consequently, the results of two above procedure can be compared with each other. The 
comparison of the measured terminal falling velocity in this investigation with fluidisation 
velocity extrapolated to a voidage of unity is shown in Figure 4.5. As can be seen there is a 
good agreement between these two values. The possible reasons for the difference may be 
due to experimental errors or it is attributable to the fact that in fluidization a velocity 
gradient is created in the liquid because of the drag exerted by the walls (Richardson and 
Zaki, 1954).
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Diameter ratio, d p/D|,
Figure 4.4 Variation of the wall factor with diameter ratio
Terminal falling velocity [m/s]
Figure 4.5 Comparison of the terminal falling velocity with fluidization 
velocity extrapolated to a voidage of unity
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4.1.1 Correlation of Particle Free Fall Velocity Data
Table 4.1 shows the absolute error of a comparison between the measured and calculated 
particle settling velocities using the most frequently recommended correlations and models 
for Newtonian and non-Newtonian (shear-thinning power law) liquids (Table 2.1). The 
absolute error is defined as:
(experimental value -  measured valuel 
% Absolute error = 1 x 100
experimental value
The best agreement for Newtonian liquids is obtained with the method suggested by 
Hartman et al. (1992), which agrees well with the prediction of the standard equation of 
Lydersen (1989). Therefore, for Newtonian liquids using the Hartman et al. (1992) is 
recommended.
Few attempts have been made to establish the functional dependence of Archimedes 
number on particle Reynolds number for solutions with non-Newtonian nature. Chhabra 
(1991) presented a model for non-Newtonian fluids in terms of flow behavior index, which 
is also tabulated in Table 2.1. The predictions of these correlations are also compared with 
experimental data for non-Newtonian (shear-thinning power law) fluids. The best 
agreement is obtained with the correlation of Khan and Richardson (1987); the variation 
between the predictions of the various correlations is quite considerable. Note that in this 
case the term "non-Newtonian" implies "shear-thinning Power law" solutions with 
specifications and properties as shown in Table 3.1.
Table 4.1 Absolute relative error (%) of correlations for the prediction of upo0
Correlations Newtonian solutions non-Newtonian solutions
Oseen(1927) 66 -
Dallavalle(1948) 38 -
Clift (1978) 27 55
Khan and Richardson (1987) 16 19
Lydersen (1989) 8 50
Chhabra (1991) - 58
Hartman (1992) 7 30
Equation (4.3) - 9
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Improved values for the constants used in equation (2.11) are determined by non-linear 
regression analysis using all measured data (Appendix B). Substituting these constants into 
equation (2.11), it reduces to:
Re1,co=0.334Ar0'“  (4.2)
Equation (4.2) predicts the free falling velocity of particles in non-Newtonian (shear- 
thinning power law) solutions with an absolute mean average error of less than 10%. For 
non-Newtonian (shear-thinning power law) solutions, the apparent viscosity, pa, must be 
used in the dimensioniess numbers Repoo and Ar. Therefore, equation (4.2) is implicit with 
respect to the free particle terminal settling velocity, Uoo and must be solved by trial and 
error.
4.2 Minimum Fluidization Velocity
In the present study, the minimum fluidization velocity, umr, was obtained by plotting 
pressure drop gradient versus liquid phase Reynolds number for fixed bed and fluidized 
regimes. The transition point is designated as the minimum fluidization velocity and the 
corresponding bed voidage is denoted by emf . Thus for Rep>Renif the pressure drop across 
the bed remains constant as being illustrated in Figures 4.6 to 4.9 for typical experiments 
with spherical and cylindrical particles, respectively. All other results obtained in this study 
conform to this behavior. Comparison of all experimental data for Newtonian fluids with 
Reynolds numbers calculated according to Wen and Yu (1966), equation (2.21) shows an 
absolute mean average error of about 7% which is a good indication that equation (2.21) is 
suitable for the prediction of minimum fluidization velocity of solid-liquid fluidized beds 
with Newtonian behavior.
Table 4.2 shows a comparison between measured and calculated minimum fluidization 
velocities for the correlations in Table 2.3. Evidently, none of these correlations seems to 
predict reasonably well the experimental data for non-Newtonian (shear-thinning power 
law) solutions. The present investigation shows that equation (2.21) predicts the 
experimental data for non-Newtonian (shear-thinning power law) solutions with an 
absolute mean average error of 10% if the apparent viscosity is used in Remf and Ar.
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Table 4.2 Performance of correlations for minimum fluidization velocity
Correlations Absolute mean average error %
Yu et al. (1968) 32
Mislira et al. (1975) 58
Brea et al. (1976) 52
Kumar and Upadhyay (1981) 36
Kawase and Ulbrecht (1985) 32
Machac et al. (1986) 29
Jaiswal et al. (1992) 28
In an ideal fluidized bed the pressure drop is equal to the buoyant weight per unit area. In 
practice, it may deviate from this value, and not remain constant as a result of channelling 
(e.g. due to using an inappropriate distributor).
A typical example from the present measurements is:
Measured pressure drop of 3x3 111111 stainless steel particles fluidized with 20 wt% sugar 
solution = 19500 Pa
Ideal value of pressure drop for 3x3 111111 stainless steel particles =
Ap(r = ( l - B „ f )(pp — p, )gL  = (l —0.44)(7800-1070)x 9.8 x 0.5 = 18467 Pa
i , |l 9500 —18467!
Relative error % =     x 100 = 5.2%
1 1 19500
This is still considered as good agreement between the measured pressure drop in the 
fluidized bed and the ideal value.
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Particle Reynolds number, R ep
Figure 4.6 Typical variation of pressure drop with particle Reynolds number 
for spherical particles in Newtonian Liquid
Particle Reynolds number, R ep
Figure 4.7 Typical variation of pressure drop with particle Reynolds number 
for cylindrical particles in Newtonian liquid
72
Pr
es
su
re
 
dr
op
, 
[P
a]
 
Pr
es
su
re
 
dr
op
, 
[P
a]
Results and Discussion
35000
30000
25000
20000
15000
10000
5000
-£ X &--- £---A---- A---- 2T
-g E ® W-CS ©  ® © --------------- [3 FBx; g ^ —H---- B B-—G------ (j------
Liquid phase properties
T [° C ] CMC (\vt%) Pi [Kg/m3]
25 0.6 998.3
Solid phase properties
Symbols dp[mm] Pp [Kg/m3] Smf
A ; Lead 4 11350 0.43
■ :  C. Steel 3 7800 0.41
O : C. Steel 4 7800 0.42
-I 1----1--- 1----1__ I--- 1__ I. t__
4 6
Particle Reynolds number, Rep
10
Figure 4.8 Typical variation of pressure drop with particle Reynolds number 
for spherical particles in non-Newtonian liquid
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Figure 4.9 Typical variation of pressure drop with particle Reynolds number 
for cylindrical particles in non-Newtonian liquid
Liquid phase properties
T [ °C] CMC (wt%) pi [ICg/m3]
25 0.6 998.3
Solid phase properties
Symbols dpe[mm] Pp [Kg/nr1] Emf
A : Tantalum 4x4 4.58 17600 0.44
91: S. Steel 3x3 3.43 7900 0.43
•  : Aluminum 3x3 3.43 2600 0.42
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Theoretical and empirical correlations for the prediction of design parameters, such as heat 
and mass transfer coefficients, are strong functions of the bed voidage. Therefore, accurate 
knowledge of the velocity-voidage relationship is crucial for the reliable estimation of 
transfer coefficients. In this investigation extensive experiments were performed over a 
wide range of cylindrical and spherical particles fluidized in Newtonian and non- 
Newtonian (shear-thinning power law) liquids with different concentrations. The complete 
experimental data obtained on velocity-voidage relationship are tabulated in Appendix C.
Figures 4.10 to 4.13 show typical bed voidages as a function of the superficial liquid 
velocity for spherical and cylindrical particles. There is a general trend for all the 
experiments in that the bed voidage increases with increasing superficial liquid velocity 
towards an asymptotic value of one.
Also the typical bed voidages as a function of the superficial liquid velocity for spherical 
and cylindrical particles are shown on the log-log plots in Figures 4.14 To 4.17. As can be 
seen in these figures the trend of bed voidage versus superficial liquid velocity is linear for 
bed voidage greater than minimum fluidization bed voidage but there is increasing 
curvature at voidage above about 0.9. This curvature has been emphasized previously by 
some authors (e.g. Garside and Al-Dibouni 1977). Most of the investigators have not 
extended their measurements to such high bed voidages and so the effect has not always 
been observed.
4.3 Velocity-Voidage Relationship
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Figure 4.10 Bed voidage as a function of superficial liquid velocity
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Figure 4.11 Bed voidage as a function of superficial liquid velocity
Solid phase properties
Carbon steel 4 mm 
ci,, = 4 mm 
pp = 7800 Kg/m3 
Ssb = 0.40
A  O
A  O
A  O
A  O
A O
AO
A  O
Sugar 60 wt%
■ Sugar 40 wt%
A Sugar 20 wt%
O Pure water
-I. I  I L —L —i 1 —I > i -i—L—*—
Solid phase properties
Stainless steel 3x3 mm 
dpC = 3.43 mm 
pp = 7900 Kg/m3 
£sb = 0.41
A O
A o
A O
A O
o a  a  o
O H AO
A
Ma  o
Sugar 60 wt% 
m Sugar 40 wt% 
A Sugar 20 wt% 
0 Pure water
75
Be
d 
vo
id
ag
e,
 c 
[-]
 
Be
d 
vo
id
ag
e,
 8 
[-j
Results and Discussion
1
0.9 
0.8 
0.7 
0.6 
0.5 
0.4 
0.3
0.0 0.1 0.2 0.3 0.4 0.5 0.6 0.7
Superficial liquid velocity, us [m/s]
Figure 4.12 Bed voidage as a function of superficial liquid velocity
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Figure 4.13 Bed voidage as a function of superficial liquid velocity
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Figure 4.14 Bed voidage as a function of superficial liquid velocity
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Figure 4.15 Bed voidage as a function of superficial liquid velocity
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Figure 4.16 Bed voidage as a function of superficial liquid velocity
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Figure 4.17 Bed voidage as a function of superficial liquid velocity
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Considerable progress has been made in establishing the velocity-voidage relationship in 
fluidized bed systems, and several correlations have been proposed for its prediction 
(Table 2.4). Most of these correlations are empirical and apply only over a restricted range 
of Reynolds numbers or for specific particles and Newtonian fluids. Furthermore, the 
prediction of bed voidage necessitates the use of an iterative solution for most of these 
correlations. Figures 4.18, 4.19 and 4.20 show typical comparisons between measured and 
calculated bed voidages for 3x3 mm brass particles fluidized with Newtonian solutions 
(pure water and high viscosity sugar solution), and non-Newtonian (shear-thinning power 
law) solution (high viscosity CMC solution), respectively. While all correlations predict an 
increase in bed voidage with increasing liquid velocity, the variation between the 
predictions of different correlations is quite considerable.
The best agreement for Newtonian solutions at low viscosity is obtained with the 
correlation suggested by Hirata and Bulos (1990). A satisfactory agreement also exists 
between the prediction of the correlations of Richardson and Zalci (1954), Rowe (1987), 
Wen and Yu (1966) and Hartman et al. (1992) and Riba and Couderc (1977) and the 
experimental data. The prediction of Foscolo et al. (1983), and Goroshko et al. (1958) and 
Lewis and Bowerman (1952) are not good.
For fluidization in high viscosity Newtonian liquid the best agreement is also obtained with 
the correlation suggested by Hirata and Bulos (1990). The correlations that better predict 
the measured data are Richardson and Zaki (1954), Rowe (1987), Riba and Couderc (1977) 
Wen and Yu (1966) and Hartman et al. (1992). Comparing the Figures 4.18 and 4.19, when 
the Newtonian solution become more viscous, the prediction of some correlations such as 
Foscolo et al. (1983), and Goroshko et al. (1958) becomes more unsatisfactory. Generally 
the correlations which are based on a wide range of experimental parameters (particle 
density, size, shape and liquid viscosity), such as Richardson and Zaki (1954), predict the 
measured data better. The correlations of Lewis and Bowerman (1952) and Letan (1974) 
are restricted by particle Reynolds number and can not be used for prediction of all 
measured data.
The reason for the poor performance of published correlations is that the majority of them 
only apply over a restricted range of Reynolds number, although some have been 
suggested as being satisfactory for all flow regions. In addition, a review of the existing 
literature reveals that while some variations in the liquid and solid properties exist, most
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Figure 4.18 Typical comparison of measured and predicted bed voidages 
for low viscosity Newtonian solutions
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Figure 4.19 Typical comparison of measured and predicted bed voidages 
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correlations on velocity-voidage relationships were conducted with water and spherical 
particles, particularly glass beads. Also, in any study of the properties of a fluidized 
system, it is necessary to select conditions, which are reproducible, and the lack of 
agreement between the results of many investigators is largely attributed to the existence of 
widely different conditions within the bed. The most obvious advantages that any proposed 
correlation should possess are greater accuracy (over a wide range of Ret) and convenience 
of use. The requirements are very demanding and are satisfied by few of the existing 
correlations.
For fluidization in a high viscosity non-Newtonian (shear-thinning power law) solution as 
can be seen in Figure 4.20 unfortunately most of these correlations are not suitable for the 
prediction of measured bed voidage. For some correlations, by increasing superficial liquid 
velocity, the predicted values for bed voidage exceed unity, which is not possible [Foscolo 
et al. (1983), Hartman et al. (1966) and Goroshko et al. (1958)].The possible reason is that 
most of these correlations are based on experimental data with spherical particles and low 
viscosity Newtonian solutions. For non-Newtonian (shear-thinning power law) solutions a 
better prediction is achived by some correlations such as: Riba and Couderc (1977), Letan 
(1974), Hirata and Bulos (1990) and Rowe (1987). The correlation of Foscolo et al. (1983) 
generally over-predicts the measurements in solid-liquid fluidized bed with non-Newtonian 
(shear-thinning power law) liquid. Figure 4.20 also shows a sudden change in slope at bed 
voidages between 0.7 and 0.9 for some correlations. However, since the models are 
continuous equations, there should be continuous transition for all correlations. This 
disagreement can be attributed to the lack of sufficient data points between the two data 
points after minimum fluidization velocity. In the cases where difference between the two 
first data points are not too large the sudden change in slope is not clearly observed.
Figure 4.21 shows the prediction bed voidages for these correlations using much more 
superficial liquid velocity data points. As can be seen, there is no sudden change in slope 
for predicted trends of correlations in this figure.
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Figure 4.21 Predicted bed voidages versus superficial liquid velocity 
for non-Newtonian solutions
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4.3.1 Effect of Liquid Viscosity on the Bed Expansion Characteristics
The effect of liquid viscosity on the bed voidage-superficial liquid velocity relationship 
was investigated by using aqueous solutions of sugar and CMC with different 
concentrations. Figures 4.10 to 4.13 show the effect of liquid viscosity on bed voidage for 
several cylindrical and spherical particles. The results show that for given particle and 
liquid velocity, voidage is increased when the viscosity of liquid is increased. This is due 
to the increase in drag force on the particles with increasing liquid viscosity.
4.3.2 Effect of Particle Size and Density on the Bed Expansion Characteristics
Figures 4.22 and 4.23 show the effect of particle size and density on the bed expansion 
characteristics. As illustrated in these Figures for a given liquid velocity, bed voidage is 
increased when the particle size is decreased. In addition bed voidage is increased when 
the density of particles is decreased. The reason is that a higher liquid velocity is required 
to maintain the same bed voidage for dense or larger particles. Moreover, according to 
Richardson and Zaki (1954), when the particle Reynolds number at terminal falling 
velocity, Repoo, exceeds 500, the bed voidage becomes independent of particle size and 
density. Therefore, as can be seen in Figures 4.22 and 4.23 for dense particles such as brass 
and stainless steel where Repoo is greater than 500, the bed voidage is only slightly affected 
by further changes in particle size and density.
The effect of particle size and density is also shown in Figure 4.24, in which the bed 
voidage is plotted versus the mass of particles for two different superficial liquid velocities. 
As can be seen in this figure, by increasing the mass of the particles at a constant 
superficial liquid velocity, the bed voidage is sharply reduced for light particles, while for 
heavier particles the variation in bed voidage is very small.
At about 200 mg the Repoo, exceeds 500 as can be seen in Figure 4.24. In addition, all the 
particles at about this mass and over have shown aggregative behavior. Therefore, the bed 
voidage becomes independent of particle size and density and is only slightly affected by 
further change in these parameters. For example the Repoo for 3x3 mm Brass particles with 
a mass of 180 mg at a superficial liquid velocity of 0.2 m/s is 1044, and the value of 
function Fu is -0.65 which shows it is in the aggregative region.
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Figure 4.22 Effect of particle size and particle density on bed voidage for 
cylindrical particles
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Figure 4.23 Effect of particle size and particle density on bed voidage for 
spherical particles
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Mass of particle, M p [mg]
Figure 4.24 Effect of particle mass on bed voidage for different superficial 
liquid velocities
4.3.3 Effect of the State of Aggregation of the Solid Phase
Figure 4.25 shows a typical variation of Fu as a function of bed voidage for 3x3 mm 
cylindrical brass particles fluidized in various solutions. For each solution, the function F„ 
displays a minimum within the operating voidage range as defined in Chapter 2. The 
minimum occurs at a bed voidage between 0.65 and 0.75 in pure water, whereas it happens 
between 0.75 and 0.85 in high viscosity sugar and CMC solutions. Therefore, it may be 
concluded that the bed voidage corresponding to the minimum Fu increases with increasing 
liquid viscosity.
In Figure 4.25 three regimes of fluidization can be observed. The 3x3 mm brass particles 
are fully in the particulate fluidization regime and are hence fluidized homogeneously in 1 
wt% CMC solution. These particles are fully in the aggregate regime and fluidized 
heterogeneously in pure water and sugar solutions of lower concentration. Finally, the 3x3 
mm brass particles are in the transition state and pass through both regimes when fluidized 
in a 60 wt% sugar solution.
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B ed voidage, e [-]
Figure 4.25 State of aggregation for cylindrical brass particles in different 
solutions
Fu is a function of continuity wave velocity, ue and elastic wave velocity, ue as defined in 
chapter 2. Therefore, Fu, is a function of liquid and solid physical properties and for a 
given system (in which the liquid density and viscosity, and particle density and diameter, 
are specified) Fu may be readily evaluated as a function of bed voidage. Positive and 
negative values of Fu indicate particulate and aggregate behaviour of the bed respectively, 
and the zero value represents the voidage at which a transition from particulate to 
aggregate fluidization is predicted to occur. Therefore it is possible that by increasing 
superficial liquid velocity and hence bed voidage, a transition from particulate to aggregate 
fluidization takes place.
Experimental visualization shows that the fluidization behavior under various conditions 
and combinations of solid and liquid physical properties is in good agreement with values 
of the function Fu. Fluidization^of different particles in various solutions have shown 
different hydrodynamic behavior. In some cases (e.g. fluidization of 3x3 mm Aluminum 
particles with 1 wt% CMC solution) fluidization occurred totally in the particulate regime. 
In these cases in which the values of Fu were always positive, there was uniform
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distribution of particles, absence of bubbles and absence of intense circulatory flow of the 
continuous phase. In some cases (e.g. fluidization of 3x3 mm brass particles with pure 
water) fluidization occurred totally in the aggregate regime. In these cases in which the 
values of Fu were always negative, bubbles were always present and an intense liquid flow 
was generated even though the net flow at any cross section of the fluidized bed was very 
small. In some cases the continuous phase flow was upward at the centre and downward 
near the column wall or in the reverse direction. In some cases (e.g. fluidization of 3x3 mm 
brass particles with 60 wt% sugar solution) observation showed that fluidization occurred 
in a transition state. In these cases at first the values of Fu were positive, by increasing bed 
voidage these values became negative and with further increase in bed voidage they 
became positive again.
By measuring Fu it appeared that the maximum heat transfer coefficient occurred at the 
maximum value of Fu and hence when the bed is in maximum turbulence and the 
frequency of contact between particles and the heater surface is a maximum. This is used 
for finding the correct mechanism for heat transfer in Solid-liquid fluidized beds.
4.3.4 D evelopm ent o f a New Bed V oidage M odel
Richardson and Zaki (1954) describe the physics of the fluidization phenomena as follows: 
When a fluid is passed slowly upward through a bed of granular solid, the bed remains 
static. If the velocity is increased, a stage is reached when the particles re-orientated 
themselves and present a greater cross-sectional area to the flow of fluid; this readjustment 
continues until the loosest stable arrangement is attained. With further increase, the 
particles are individually supported by the fluid, and the bed becomes fluidized.
Numerous correlations have been proposed in the literature aimed at establishing the 
velocity-voidage relationship in solid-liquid fluidized beds. Generally, these correlation 
have been presented in forms where the superficial liquid velocity-to-terminal velocity 
u
ratio, — , is expressed as a function of the bed voidage, 8, the Reynolds number at
u t
terminal velocity, Ret , and/or other physical properties. The complexity of the published 
correlations varies from simple —  = s" (e.g. Richardson and Zaki, 1954) to relatively
u t
complex (e.g. Wen and Fan, 1974) and in some cases discontinuous functions. Also,
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iterative solutions are required in most of these models. It is obvious that a preferred model 
should be simple and accurate, with a significantly wide range of applicability.
The equation proposed by Richardson and Zaki (1954) is the most widely used correlation 
for solid-liquid fluidized bed systems. Figure 4.26 shows that this model predicts the 
experimental data of the present investigation with a reasonable accuracy, with 
characteristic deviations in the low range of bed voidage. In developing the new model, it 
is considered that this range can also be predicted accurately. As can be seen in Figure 26 
in the range of low superficial velocities close to the minimum fluidization velocity, umf, 
fluidized bed voidage approaches to zero instead of a constant static bed voidage.
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Figure 4.26. Comparison of experimental values of bed voidage in this investigation 
and values predicted by the equation of Richardson and Zaki (1954)
It is well known that the hydrodynamic behaviour of fluidized beds is different and 
independent from that of a fixed bed. However, this is only correct when fluidization is 
fully developed and the superficial liquid velocity is much larger than the minimum 
fluidization velocity. For low superficial velocity close to the minimum fluidization 
velocity, umf, the hydrodynamic behaviour of fluidized beds is close to that of a static bed. 
In this transition region between fixed and fully fluidized regime the fluidized bed voidage 
is hence affected by the fixed bed voidage. Moreover, the results of this investigation show
Results and Discussion
that there is a smooth transition between fixed and fluidized bed. Similarly some
smooth transition from fixed to fluidized bed behaviour. The suggested equations are a 
superposition such that the fixed bed solution is used for fixed bed conditions, the fluidized 
bed solution for fully developed fluidisation and a combination of both for the transition 
region.
Some investigators such as Hirata and Bolus (1990), Jamialahmadi and Muller-Steinhagen 
(1992) and Jamialahmadi et al. (1995, 1996, and 2000) also proposed correlations which 
cover the full range from fixed bed to fully develop fluidized bed.
In fluidized beds, the height of the bed increases while the pressure drop balances the 
buoyant weight of the fluidized particles and remains constant. Thus it can be written:
Pressure drop is a function of bed voidage and liquid velocity. This functionality can be 
expressed as:
This velocity dependency may be justified on theoretical grounds with the exponent x
turbulent condition where Newton's law is valid. On the other hand the voidage 
dependency is chosen quit arbitrary. The partial derivatives in equation (4.6) can be
investigators such as Foscolo et al. (1983) stated that all the empirical evidence indicates a
AP(u, s - s SB) = Constant (4.3)
It is convenient to define an excess voidage eex:
(S SSb) — 8ex (4.4)
Therefore, for s ex)0 :
AP(u, s ex) = Cons tan t (4.5)
Differentiating Equation (4.5) gives:
(4.6)
A P(u,E„)=kuxe’ (4.7)
taking values of 1 and 2 for laminar condition where Stokes' Law is applicable and
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evaluated from equation (4.7). Differentiating equation (4.7) partially with respect to 
velocity and keeping the bed voidage constant produces:
SAP
du
=  kxux ‘e l
Similarly,
(4.8)
SAP kyuxe£x 1 (4.9)
Noting that dsex = d(e -  eSB) = d e , we may also write: SAP _ SAP
Se Se
= kyuxsx 0y - l
Substituting the values given in equations (4.8) and (4.9) into equation (4.6) after some 
algebraic manipulations and rearrangement results in:
du _ y de( 
u x (4.10)
Equation (4.10) is linear and subject to the condition that at u = ut, the bed voidage is unity 
its solution yields:
S - 8 SB
t V 1 S SB ) (4.11)
Where the exponent z is known as fluidization index and is equal to:
z = - ^ (4.12)
Rearranging equation (4.11) gives the following explicit expression for the bed voidage:
f a x
v u ty
( l  s s b ) + 8SB (4.13)
It is worthwhile to mention that the limiting values of s in the present model when us 
approaches ut and minimum fluidization velocity, umf are 1 and minimum fluidization bed 
voidage, enifrespectively.
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The static bed voidage ssb in equation (4.13) can be calculated from the correlation of Fan 
and Thinakaran (1990):
4.3.4.1 Prediction of Static Bed Voidage, ssb
Equation (4.14) generally underpredicts the measured static bed voidage. Considering that 
in solid-liquid fluidization the diameter of particles is normally large (e.g. dp>2 mm), the 
interaction forces between particles and particles/walls are not accounted in correlating the 
following equations for predicting static bed voidage. At the expense of a slight loss in 
accuracy this is a reasonable assumption. Improved values of the constants used in 
equation (4.14) are determined for spherical and cylindrical particles by regression, using 
all available data.
For spherical particles one obtains:
Ssb = 0-151 +0.365 ; A -  >  2.033
p (4.14)
8 s b  “  7 -------------- \  +  0 - 3 8
D 1 
- ^ - 1  
d„
D— > 2.033 
d„ (4.15)
and for cylindrical particles:
0.15 — + 0.39 D,—  ^> 2.033 
d„ (4.16)
Equations (4.15) and (4.16) predict the static bed voidage for spherical and cylindrical 
particles with an absolute mean average error of less than 3%.
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When the beds were fluidized with non-Newtonian (shear-thinning power law) CMC 
solutions, the behavior of the bed was similar to that observed for Newtonian solutions. 
Figure 4.27 shows typical plots of equation (4.12) for various cylindrical particles fluidized 
with Newtonian and non-Newtonian (shear-thinning power law) solutions. The results 
obtained with the remaining solid-liquid combinations also conform to this behavior and 
no noticeable differences were observed.
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4.3.4.2 Prediction of the Fluidization Index, z
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Figure 4.27 Typical plot of equation (4.11) for Newtonian and non-Newtonian 
solutions
For each experimental run the value of z has been determined by performing regression 
analysis on velocity-voidage data. The results are given in Appendix C. Examination of the 
calculated values suggests that:
Symbols Liquid phase Solid phase
.......□ ..... Distilled water Tantalum 4x4 mm
............. 60 wt% sugar S. Steel 3x3 mm
......o .... 0.6 wt% CMC Lead 2.9 mm
.....A .... 1 wl% CMC Aluminum 3x3 mm
,P"‘
..O'"'
.,6
-ti
...X"
□
,-A
o
Results and Discussion
The effect of the wall is introduced when the terminal velocity is corrected for wall effect 
using the Richardson and Zaki (1954) model, see equation (2.35). Hence equation (4.17) 
reduces to:
z = F(R ep,J  (4.18)
The calculated fluidization index z for various particle sizes, types and shapes and fluids 
with Newtonian and non-Newtonian (shear-thinning power law) nature plus all the z values 
which are recalculated from the reported experimental data by Richardson and Zaki (1954) 
are plotted as a function of particle terminal Reynolds number, Repoo in Figure 4.28. The 
general shape of the curve is similar to that observed for the variation of the Richardson 
and Zaki (1954) exponent, n, with Repoo. At low and high particle terminal Reynolds 
numbers (Repoo<0.2 and Repoo>500) the fluidization index, z, is almost independent of 
particle Reynolds number while in between the value of z decreases gradually as Repo0 
increases. This functionality can be represented by the following Equation:
0.65(2 + 0.5 Re 
^  (1 + 0.5Re°;‘ ) ^ 19>
The reason for using Richardson and Zaki (1954) data is reliability of these data, because 
after about half of a century the equation of Richardson and Zaki (1954) that was 
correlated based on these data is the most widely used correlation for predicting bed 
expansion characteristics in solid-liquid fluidized bed. In addition, the measured data in 
this investigation is in good agreement with the Richardson and Zaki (1954) correlation. 
Therefore, the present data and Richardson and Zaki (1954) data have consistency with 
each other.
Equation (4.19) is independent of the nature of the fluids and it can equally well be used 
for Newtonian and non-Newtonian (shear-thinning power law) solutions. The nature of the 
solution is taken into consideration by using the apparent viscosity in the calculation of 
parameters such as the Archimedes number and the particle Reynolds number. An average 
absolute error of 3.4% with a standard deviation of 4.2% indicate excellent agreement 
exists between the values of z calculated from the experimental data and those predicted 
from equation (4.19).
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Figure 4.28 Variation of fluidization index with particle terminal Reynolds 
number for Newtonian and non-Newtonian solutions
4.3.4.3 Comparison with Experimental Data
The predictions of equation (4.13) for 3x3 mm brass particles and fluids with Newtonian 
and non-Newtonian (shear-thinning power law) behavior are shown in Figures 4.29 and 
4.30 respectively. The calculated trends are in excellent accordance with experimental 
results. Furthermore, at zero liquid velocity, equation (4.13) predicts the static bed voidage 
ssb as limiting condition. The applicability of the presented model for Newtonian and non- 
Newtonian (shear-thinning power law) fluids is demonstrated in Figure 4.31 and 4.32 
where the experimental data of different investigators and also the data measured in this 
investigation are compared with those predicted from equation (4.13).
In the Figures 4.29 and 4.30 the reason for extended curves to velocities below minimum 
fluidization velocity, u„,r was to show that the present model predicts the static bed voidage 
at superficial liquid velocity approaching to zero. Also, since in log-log plot the zero value 
can not be shown properly, this kind of plotting is not suitable here.
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Superficial liquid velocity, us [m/s]
igure 4.29 Comparison of measured and predicted bed voidages 
for Newtonian solutions
Superficial liquid velocity, us [m/s]
Figure 4.30 Comparison of measured and predicted bed voidages 
for non-Newtonian solutions
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4.3.4.4 Comparison of Measured Bed Voidages with Previously Published Models
Ten of the most frequently recommended correlations from the literature, which are 
applicable over a wider range of operating conditions, have been compared with the 
experimental data. The results of this comparison are summarized in Table 4.3 in terms of 
average relative error and the standard deviation of prediction. These values are defined as 
follows:
Relative error, |A,,,£| = |(£t„ -  s„„ )/£elp| (%)
Average relative error, |A.ci8|.,v ~ Z|AreIs|/n (%) n -  number of data sets
Standard deviation, a = (z(| Arels| - 1 Arels|av)’ j\njf (%) n -  number of data sets
The model developed in the present investigation clearly outperforms all other correlations. 
This table also indicates whether correlations tend to underpredict or overpredict “+” 
the measurements. Correlations with “— ” or “+ +” have a high tendency to underpredict 
or overpredict the measurements, and for correlations with “+” no clear tendency was 
found.
4.4 Bed Voidage at Minimum Fluidization Velocity
Bed voidage at minimum fluidization velocity is one of the important factors to be 
considered in the design of fluidized bed systems. The main problem with the prediction of 
minimum fluidization velocity is that equation (2-21) is highly sensitive to the value of emf 
and the shape factor, \|/. For spheres, Wen and Yu (1966) selected a value of 0.42 and 
Barnea and Mednick (1975) of 0.415 for 8,nf respectively.
Theoretically it should be possible to determine the bed voidage at minimum fluidization 
velocity by using one of the velocity-voidage relationships for fluidized bed systems. 
Equation (4.13) is general and includes the effect of various operational and geometrical 
parameters, and the nature of the fluids on the velocity-voidage relationship. Bed voidage 
at minimum fluidization velocity predicted from equation (4.13) for various solid-liquid 
combinations is:
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Minimum fluidization velocity umf, can be calculated from the equation proposed by Wen 
and Yu (1966), equation (2.20), and ssb from equations (4.15) and (4.16) for spherical and 
cylindrical particles respectively. It is worthwhile to note that equation (2.19) can be used 
as cross-check because the predicted umf and en,f should conform to this equality. The 
prediction of equation (4.20) is verified against experimental data for various particle sizes, 
types and shapes and for fluids with different nature. The absolute mean average error of 
6% illustrates the excellent applicability of this model for the prediction of bed voidage at 
minimum fluidization velocity.
Table 4.3 Average relative error of values predicted by published models for the bed 
voidage as compared to experimental data.
Newtonian liquids non - Newtonian liquids All liquids
Author Average 
relative error 
(%)
Standard
deviation
(%)
Prediction
Average 
relative error 
(%)
Standard
deviation
(%)
Prediction
Average 
relative error 
(%)
Standard
deviation
(%)
Lewis & Bowerman 
(1952)
19.98 5.61 ± 15.12 11.87 ± 17.56 5.08
Richardson & Zaki 
(1954)
9.51 4.75 ± 16.81 13.45 ± 13.08 5.46
Goroshko et al. 
(1958)
25.79 8.22 - - 15.14 12.96 ± 20.61 9.57
Wen & Yu 
(1966)
6.52 1.50 ± 18.21 14.52 db 12.79 8.36
Letan
(1974)
11.16 8.74 - - 8.61 10.45 - 10.89 5.62
Riba & Couderc 
(1977)
7.85 1.93 + 13.48 12.44 - 10.73 3.52
Foscolo et al. 
(1983)
13.47 7.53 ± 50.93 55.74 H—h 34.83 36.93
Rowe
(1987)
8.26 6.02 ± 12.66 9.57 i 10.36 8.21
Hirata & Bulos 
(1990)
10.19 5.78 i 9.59 7.47 ± 9.90 6.64 ~
Hartman et al 
(1992)
5.79 1.78 ± 18.09 15.09 + 12.76 9.26
Present model 
(2000)
6.18 4.23 ± 6.95 4.44 ± 6.87 4.48
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Heat transfer coefficients have been measured for both single-phase flow and two-phase 
solid-liquid fluidized beds in a cylindrical tube with Newtonian and non-Newtonian liquids 
at different viscosities and various operating conditions. The presence of solid particles in 
fluidized beds increases the heat transfer coefficient significantly above the values for 
single-phase flow, as shown in Figures 4.33 (a, b and c) for fluidization with Newtonian 
and non-Newtonian liquids. At low flow velocities, the solid particles lie on top of each 
other and on the porous bottom of the column and the bed is in a packed bed state. When 
the superficial liquid velocity exceeds the minimum fluidization velocity, u,nf fluidization 
starts. By further increase of superficial liquid velocity, the heat transfer coefficient, a  
increases up to a maximum value. Then, the heat transfer coefficient decreases, reaching 
the single-phase value at terminal velocity, ut. At high flow velocities the solid particles 
are conveyed out of the column. It is found that heat transfer coefficients for solid-liquid 
fluidized beds are up to 7 times higher than for single-phase flow at the same velocity. For 
fluidization with high viscosity Newtonian or non-Newtonian liquids this increase in heat 
transfer coefficient is lower. A Possible reason is low movement of particles in high 
viscosity solutions. Therefore the contribution of this mechanism to enhancement of heat 
transfer coefficient becomes lower. Moreover, as can be seen in Figures 4.33 (a, b and c) 
for single-phase flow with highly viscous liquids the slope of increasing heat transfer 
coefficient with superficial liquid velocity is low. For packed beds in these figures the heat 
transfer coefficient is calculated using the Yagi and Wakao (1959) equation:
Nu„ = 0.20Re°p8Pr1/3 (4.21)
In the above equation the heat transfer coefficient in the packed beds is inversely 
proportional to the liquid viscosity with a power of 0.47. So it can be seen that for high 
viscosity Newtonian and non-Newtonian liquids the rate of increasing heat transfer 
coefficient is decreased. The complete set of experimental heat transfer coefficients 
obtained in this investigation are given in Appendix D. As discussed earlier, the physical 
properties of liquids and particles have a significant influence on the overall heat transfer 
performance. Therefore, understanding the effects of different operational and geometrical 
parameters on the heat transfer coefficient is one of the important things to accurate 
prediction of heat transfer coefficients and optimum design of solid-liquid fluidized bed 
heat exchangers.
4.5 Heat Transfer
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To investigate the effect of heat flux on the heat transfer coefficient for Newtonian and 
non-Newtonian liquids, some experimental runs were performed with 3x3 mm cylindrical 
particles fluidized at a fixed superficial liquid velocity under different heat fluxes. By 
controlling the surface temperature of heater, care was taken to avoid over-heating and to 
remain in the convective heat transfer regime. Figure 4.34 shows a typical variation of heat 
transfer coefficient with heat flux in Newtonian and non-Newtonian liquids. The results 
show that for both Newtonian and non-Newtonian liquids heat transfer is not much 
affected by the heat flux, the minor changes are due to small changes in physical properties 
due to surface temperature. Therefore, the results of this investigation confirm the previous 
study about the influence of heat flux on heat transfer by Jamialahmadi et al. (1995).
4.5.1 Effect of Heat Flux
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Figure 4.34 Effect of heat flux on heat transfer coefficient for 
Newtonian and non-Newtonian liquids
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Typical plots of heat transfer coefficient a as a function of bed voidage 8 for different 
spherical particles are shown in Figure 4.35 and 4.36 for fluidization with Newtonian and 
non-Newtonian liquids. As the liquid velocity is increased above umf the bed voidage and 
the heat transfer coefficient increase, and with a  reaching a maximum at a bed voidage 
between 0.65 and 0.85. After this point, the heat transfer coefficient gradually declines 
towards its value for the single-phase flow.
This general trend for all experiments using Newtonian and non-Newtonian liquids can be 
explained as follows: An increase in liquid velocity and accordingly bed voidage increases 
the motion of the solid particles and hence the contact frequency of particles with the heat 
transfer surface. Therefore, the laminar sub-layer is disturbed more frequently. In addition, 
by increasing the contact frequency, more heat is transferred to the particles by conduction 
in contact area. On the other hand, a higher liquid velocity causes a higher bed voidage 
resulting in a lower concentration of particles in the bed. A lower concentration of particles 
reduces the possibility of the disturbance of the laminar sub-layer and decreases the contact 
frequency of particles with the heat transfer surface. These two opposing effects on heat 
transfer lead to the maximum for the heat transfer coefficient.
The state of aggregation, Fu, is also shown in both figures. All three particle types are in 
transition zone for fluidization in 20 wt% sugar solution whereas for fluidization in 1 wt% 
aqueous CMC solution, the 3 and 4 mm carbon steel particles display completely 
particulate behavior. As can be seen in the Figures 4.35 and 4.36 the Fu function, (state of 
aggregation), reaches a minimum within the operating range of bed voidage. In this 
minimum point, which is equal to the highest tendency for aggregation behavior, the 
contact frequency of particles with the heat transfer surface reaches its maximum value and 
mixing in the fluidized bed is intense. Therefore, this minimum corresponds to the point of 
maximum heat transfer.
4.5.2 Effect of Bed Voidage
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Bed voidage, s [-]
Figure 4.35 Heat transfer coefficient as a function of bed voidage 
for Newtonian liquid
Bed voidage, 8 [-]
Figure 4.36 Heat transfer coefficient as a function of bed voidage
for non-Newtonian liquid
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Results and Discussion
The bulk temperature is an important operating variable that affects the heat transfer 
coefficient. An increase in bulk temperature increases the heat transfer coefficient for all 
measured velocities. When the bulk temperature changes the viscosity of water is the most 
sensitive property to change. In order to study the effect of bulk temperature on heat 
transfer coefficient, the experiments with Newtonian and non-Newtonian liquids were 
performed with different bulk temperatures. Typical graphs of heat transfer coefficient, a  
versus bed voidage, 8 for fluidization of 3x3 mm cylindrical brass particles in Newtonian 
and non-Newtonian liquids at different bulk temperatures are given in Figures 4.37 and 
4.38. By increasing the bulk temperature in these experiments the viscosity of the liquids 
was reduced and as a result, the heat transfer coefficient increased. The reasons for this can 
be summarized as follows: Firstly, increasing the temperature causes more mixing in the 
fluidized bed as a result of decreasing liquid viscosity and hence increases the contact 
frequency of solid particles with the heat transfer surface. Secondly, the contribution of the 
forced convection heat transfer coefficient also increases by increasing the bulk 
temperature. Furthermore, by increasing the bulk temperature, the maximum heat transfer 
coefficient is achieved at a lower bed voidage.
Figures 4.37 and 4.38 also show the predicted state of aggregation. These figures show that 
by increasing the bulk temperature the systems tend to be more aggregate and 
consequently the heat transfer coefficient is increased. For each case the maximum value 
of heat transfer coefficient is achieved when the Fu curve has its minimum value. As can 
be seen in Figure 4.37 for fluidization of 3x3 mm cylindrical brass particles in 20 wt% 
sugar solution with Newtonian behavior at various bulk temperatures, the systems are in 
aggregation mode from the onset of fluidization. In addition the Fu curves for all bulk 
temperatures are very close together. Figure 4.38 shows that the systems are in particulate 
mode for fluidization of 3x3 mm cylindrical brass particles in 1 wt% aqueous CMC 
solution with non-Newtonian behavior at bulk temperatures of 40, 50 and 60 °C. By 
increasing the temperature to 70 °C the system shifts into the transition region. As can be 
seen in this figure, the Fu curves for the various bulk temperatures are separate from each 
other. This is due to the fact that the variation in viscosity due to increasing the bulk 
temperature of the high viscosity 1 wt% aqueous CMC solution is significant.
4.5.3 Effect of Bulk Temperature
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Bed voidage, s [-]
Figure 4.37 Effect of bulk temperature on heat transfer coefficient 
for Newtonian liquid
Bed voidage, 8 [-]
Figure 4.38 Effect of bulk temperature on heat transfer coefficient
for non-Newtonian liquid
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Results and Discussion
To investigate the effect of liquid viscosity on the heat transfer coefficient for Newtonian 
and non-Newtonian liquids, experiments were performed with distilled water and different 
concentrations of aqueous sugar and CMC solutions. The effect of liquid viscosity on the 
heat transfer coefficient is shown in Figures 4.39 and 4.40 for fluidization of 3x3 mm 
stainless steel particles in Newtonian and non-Newtonian liquids. For a given particle type 
and liquid velocity, heat transfer coefficients decrease when the viscosity of the liquid is 
increased. In addition, by increasing the viscosity of the liquid, the maximum heat transfer 
coefficient is achieved at a higher bed voidage.
There are several reasons for the effect of liquid viscosity on the heat transfer coefficient in 
fluidized beds. An increase in viscosity results in decreased mixing of the bed core, less 
erosion of the laminar sub-layer, reduced contact frequency of solid particles with the heat 
transfer surfaces and consequently a decrease in heat transfer coefficients. Moreover, some 
of the heat transfer in solid-liquid fluidized beds is also due to the contribution of forced 
convection. It is well-known that, as the viscosity of liquid increases, the single phase 
forced convection heat transfer coefficient decreases. At very high viscosity, the contact 
frequency of the particles with heat transfer surface becomes very low, so that the effect of 
particle motion may be neglected. Therefore, the heat transfer coefficient in this case is 
reduced down to that for single-phase flow. The state of aggregation, Fu, can also be seen 
in these figures. By increasing the viscosity, the fluidized bed systems tend to have 
particulate behavior and consequently less turbulence and mixing in the bed, which 
decreases the heat transfer coefficient. Figures 4.41 and 4.42 show the variation of heat 
transfer coefficient with liquid viscosity for fluidization of 3x3 mm stainless steel particles 
in Newtonian and non-Newtonian liquids. These figures are plotted for three different bed 
voidages and show comparable trends for all bed voidages. The general trend of heat 
transfer coefficient versus liquid viscosity is characterized by a sharp decrease in heat 
transfer coefficient followed by a gradual decrease towards the value of heat transfer 
coefficient for single-phase flow. Also, the change of the Fu function with liquid viscosity 
shows that the hydrodynamic behavior of the system becomes more particulate by 
increasing the viscosity.
4.5.4 Effect of Liquid Viscosity
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Figure 4.39 Effect of liquid viscosity on heat transfer coefficient 
for Newtonian liquids
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Figure 4.42 Heat transfer coefficient versus liquid viscosity for 
non-Newtonian liquids
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Results and Discussion
Particle size is an important parameter affecting the heat transfer coefficient. The effect of 
particle size on the heat transfer coefficient is shown in Figures 4.43 and 4.44 for 3 and 4 
mm carbon steel particles in Newtonian and non-Newtonian liquids respectively. As can be 
seen the heat transfer coefficient is increased with increasing particle size. In addition the 
results show that by increasing the particle diameter the maximum heat transfer coefficient 
appears at a lower bed voidage.
Due to the magnitude of the particle Reynolds number at the terminal falling velocity, 
Repoo, the increase in heat transfer coefficient with particle size can be changed. The Repo0 
for fluidization of 3 and 4 mm carbon steel particles in pure water exceeds 500. According 
to the Richardson and Zaki model (1954) and the results of this investigation the bed 
voidage for Repoo>500 is therefore independent of particle diameter. Therefore, the level of 
mixing and turbulence in the fluidized bed remains virtually constant irrespective of the 
particle diameter. Consequently, there is a limit on the enhancement of heat transfer by 
increasing particle size. In this situation, the small increase in heat transfer coefficient for 
the larger particles is due to the improvement of the single-phase convective heat transfer 
coefficient because of the higher liquid velocity required to maintain a constant bed 
voidage. For fluidization of 3 and 4 mm carbon steel particles in l%wt aqueous CMC 
solution the particle Reynolds Number at the terminal falling velocity, Repoo, for both 
particles is less than 500. Therefore, the influence of particle size on the heat transfer 
coefficient for fluidized particles in l%wt aqueous CMC solution is higher than that in 
pure water.
All previous investigators reported that the heat transfer coefficient increases significantly 
with increasing particle size. Figure 4.45 shows that for a constant bed voidage the heat 
transfer coefficient increases when the particle sizes increases. However, due to different 
hydrodynamic behavior, the magnitude of this increase could be different. As discussed 
before, the increase of heat transfer coefficient in systems with particulate fluidization is 
higher than for aggregate behavior.
4.5.5 Effect of Particle Size
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Figure 4.45 Heat transfer coefficient versus particle diameter
4.5.6 Effect of Particle Density
Particle density has a significant influence on the heat transfer coefficient. The effect of 
particle density on the heat transfer coefficient is shown in Figures 4.46 and 4.47 for 
fluidization in Newtonian and non-Newtonian liquids. As can be seen in Figure 4.46 at any 
bed voidage, the heat transfer coefficients for 3x3 mm brass and stainless steel particles are 
considerably higher than these for 3x3 mm aluminum particles. Therefore, it is concluded 
that a higher heat transfer coefficient is obtained with increasing particle density because, a 
higher superficial liquid velocity is needed to maintain the same bed voidage and hence the 
convective heat transfer coefficient is increased. However there is a limit to improving the 
heat transfer coefficient by increasing particle density. Jamialahmadi et al. (1995) have 
shown that in the aggregate fluidization regime, no significant improvement in heat 
transfer can be observed when the particle density was increased. By comparison of 
Figures 4.46 and 4.47 it is concluded that for fluidization of the 3x3 mm brass and stainless 
steel particles in lwt% aqueous CMC solution with particulate behavior, the improvement 
of heat transfer is higher than fluidization in pure water with aggregative behavior.
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Figure 4.46 Effect of particle density on the heat transfer coefficient 
for Newtonian liquid
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Results and Discussion
The effect of particle density 011 heat transfer coefficient can also be seen in Figure 4.48. 
This figure shows that for a constant bed voidage the heat transfer coefficient increases 
when the particle density increases. However, due to different hydrodynamic behavior, the 
magnitude of this increase could be different. As can be seen in Figure 4.48 the rate of 
increase in heat transfer coefficient for lighter particles is higher than for dense particles.
0 2000 4000 6000 8000 10000 12000
Particle density, p p [kg/m3]
Figure 4.48 Heat transfer coefficient versus particle density
4.5.7 Development of a New Heat Transfer Model
Based 011 the findings of this study and also previous investigations, most of the heat 
transfer occurs by conduction through a laminar sub-layer adjacent to the surface of heater. 
This sub-layer is influenced by the intensity of the interchange between the solid particles 
and the heater surface, which is a function of the velocity of the particles and the frequency 
and density of particles contact with the heater surface. Hence, the model described below 
has been formulated under the following assumptions.
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I) The major resistance to heat transfer is a liquid film near the heat transfer surface.
II) Due to the movement of solid particles there is a steady flow of fluid elements from 
the bulk of the fluid to the heat transfer surface and vice versa. The fluid elements 
reside for a finite time at the surface until they return to the bulk in the wake of 
solid particles scouring the heat transfer surface. In this region heat is transferred 
into the fluid by transient heat conduction from the heat transfer surface. Some heat 
is also transferred by conduction to the particles while they are in contact with the 
heat transfer surface.
III) On these parts of the heat transfer surface that are not in contact with particles, heat 
is transferred to the liquid by forced convection.
Therefore heat transfer is made up of two parallel mechanisms in separate zones of the heat 
transfer surface as shown in Figure 4.49, the surface area affected by particles, Ap, and the 
remaining heat transfer area, Ac, in which heat is transferred by forced convection.
Han and Griffith (1965) have shown that the area from which the hot liquid layer is 
pumped away by a vapor bubble leaving the heat transfer surface is 7tdJ. Since small 
bubbles and solid particles behave similarly, the area of the heat transfer surface affected 
by a single particle should also be 7id2. This approach is analogous to nucleate boiling
heat transfer if "vapor bubbles" replaces "particle" and "particle conduction" replaces 
"latent heat transfer".
Figure 4.49 Area affected by particles and by forced convection
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Heat transfer coefficients may be additive if it is assumed that both mechanisms (heat 
transfer by fluid convection and the heat transfer by transient heat conduction from the heat 
transfer surface) can coexist over the entire heat transfer surface. Therefore, the total heat 
transfer coefficient a is:
a = a c + a p (4.22)
The local forced convective heat transfer coefficient, a c, can be calculated from the 
Gnielinski (1986) correlation, equation (3.2).
The idea to add heat transfer coefficients due to various transport mechanisms has been 
supported earlier (Botterills, 1975, Gel'perin and Ainstein, 1971, Xavier and Davidson, 
1985, Martin, 1984, 1990). It requires that the same heat transfer area as well as the same 
driving temperature difference is valid for each heat transfer mechanisms.
4.5.7.1 Prediction of a p
The heat transfer coefficient for particle controlled area, a p contains two heat transfer 
coefficients in parallel.
a „ = a wl +<xwp (4.23)
In the above equation a wi is the heat transfer coefficient from the wall to the adjacent 
liquid layer and a wp is the heat transfer coefficient from the wall to the particle. Following 
the departure of the particle and the hot liquid layer, the liquid at Tb from the main body of 
the fluid flows into the area of influence 7td2 and comes into contact with the heating
surface at Tw. Assuming pure conduction into the liquid and particle in the area of the 
influence, this part of problem can be modeled as conduction to a semi-infinite liquid with 
a step change in temperature (AT=TW-Tb) at the surface. From any fundamental books (e.g. 
Incoroperia and DeWitt, 1996), the heat flux for this case is given by:
^  = (4.24)
A "V 7lt
According to this model, the hot layer is replaced with a frequency f, which is equal to the
frequency of the collision of particles with the heat transfer surface. Hence, similar to the
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study of Mikic and Rohsenow (1969) on pool boiling, the average heat flux over the area 
of influence would be:
2-A,plc , VfAT 
q P = - 1 —  r   *4*25>y n
Taking into account the heat transfer to the particles by conduction when they are in 
contact with the heat transfer surface, the equation (4.25) can be written as:
( 2   --------
f— yj'kiPicp,i + p ■sj'kpPpcp,p VfAT (4.26)
V V 7T  9
Therefore, the heat transfer coefficient for the particle-controlled area can now be obtained 
from the following equation.
f  2
P’i + 7tdp'\/^ 'i>Ppcp,p jVf (4.27)
In the above equations, f is equal to the frequency of particles approaching the heat transfer 
surface. By analogy to the kinetic theory of gases (applied to the randomly moving solid 
particles in a fluidized bed) Martin (1981, 1990) has shown that:
1 Cu,
(4.28)f = — = - pt 4d
C p
Where C is a constant between 2 and 4 for gas and liquid fluidizations. Determining the 
particle velocity, up in fluidized beds is difficult and would require special equipment. 
Many of investigators such as Latif and Richardson (1972) have speculated that in 
fluidized beds the particle velocity is proportional to the superficial liquid velocity and at 
8=ssb it must be zero. Therefore, it is assumed that:
u = mu
P .(e-eSB)" (4.29)
Considering that particle contact frequency must be zero at e=l, using equation (4.29), 
equation (4.28) may be modified to:
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f = K
r  ^
u,
v d l>
(e -  SSD )” (! -  e)b (4.30)
In which m, a and b are constants. By analyzing a huge number of experimental data for 
both Newtonian and non-Newtonian liquid-solid fluidized beds it was found that for a 
good agreement with experimental data we can write:
For Newtonian liquid-solid fluidized beds:
f  = 2
f  \  u
J
(4.31)
For non-Newtonian liquid-solid fluidized beds:
f = 0.9
v d , j
( l - s ) ' - 8( 8 - S SB)U (4.32)
4.S.7.2 Discussion of the Model
Due to the fact that the present model has some similarity to the Jamialahmadi et al. (1996) 
model, it is useful to comment on these models. As mentioned in chapter 2, the model 
suggested by Jamialahmadi et al. (1996) is analogous to nucleate boiling heat transfer such 
that particle replaces "vapor bubble" and particle conduction replaces "latent heat transfer". 
Based on the postulations that are given in chapter 2, this model resulted in the following 
equation for the heat transfer coefficient:
a = a„ + ^ 9 A ^ ( a p _ a c )
dp A N (4.33)
where a c is the forced convection heat transfer coefficient for single-phase flow and:
a„ = f — V ^ iP iC p . i  +  pP p C P(|) V f  
v ix ,
(4.34)
f = 0.3354 1 - Pi_
Pp
8 -8 PK
5(l-£pKXl-s)
(4.35)
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The value np/N represents the number of collisions per total number of particles between 
the particles and the heat transfer surface. By increasing the superficial liquid velocity, the 
number of collisions increases from zero for the packed bed up to a maximum value, and 
then decreases back to zero for liquid velocities greater than the particle terminal falling 
velocity (single-phase flow). The parameters a, b, c and d were estimated from the 
experimental data for various heat transfer configurations and states of aggregation of the 
solid phase. The curve-fitted values and the parameter R for different heat transfer 
configurations are summarized in Table 2.6. Close examination of these parameters 
indicates that the function np/N shows the inverted parabolic form only for horizontally 
immersed heaters in the aggregative zone while for the other heater configurations np/N 
does not follow the inverted parabolic form. The possible reason is that the cases of 
horizontally immersed heater are confined and the used data for fitting in this case have 
more consistency. The variation of np/N as a function of bed voidage for different heater 
configurations is depicted in Figures 4.50 (a) and (b). Except for horizontally immersed 
heaters, the trends for other heater configurations are clearly not physically possible and 
probably are a result of inconsistencies in the data the equation was fitted to. Indeed, there 
might be other reason such as using improper equation. Besides, by comparing the 
Jamialahmadi et al. (1995) and (1996) models with each other, it is found that the value of 
parameters c and d in the wall-to-bed heat transfer configuration with homogenous 
fluidization must be changed. This correction also is shown in the Figure 4.50b.
Another parameter that is difficult to predict from experimental results in the Jamialahmadi 
models (1995, 1996) is K, in equation 4.34. Jamialahmadi et al. (1995, 1996) speculated 
that K is a constant taking into account the area of contact between particles and heat 
transfer surface. It is equal to 0.0705 for spherical and 0.141 for cylindrical particles. But 
unfortunately there is no explicit way to find the value of this parameter from experimental 
data.
The collision frequency of contacting particles with heat transfer surfaces, f given by 
equation 4.35 is another parameter that such as np/N must increase from zero for a packed 
bed up to a maximum value, at some superficial liquid velocity, before decreasing to zero
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for single-phase flow. Close examination of the collision frequency, f in equation 4.36 
shows that by increasing the bed voidage 8, the frequency always increases and at single­
phase flow, (s =1), the frequency reaches its maximum as shown in Figures 4.51 and 4.52 
for fluidization in Newtonian and non-Newtonian liquids. This is physically impossible. 
The term (1-s) in equation 4.35 is in the denominator so the collision frequency is 
proportional to 1/(1 -s). Therefore, by increasing the value of the bed voidage s, toward 1, 
the magnitude of the collision frequency always increases. The contact frequency 
calculated in the present model, equations 4.31 or 4.32, is zero for packed or static beds 
and for single-phase fluid flow, and generally reaches a maximum for a bed voidage 
between 0.65 and 0.85, in accordance with the maximum heat transfer coefficient. 
Moreover, it must be assumed that for fluidization in highly viscous liquids the contact 
frequency must significantly decrease, whereas Figure 4.52 shows that the value of the 
contact frequency from the Jamialahmadi et al. model (1996) is not affected by the 
viscosity of the liquid. This can be the source of a substantial error in predicting the heat 
transfer coefficient in fluidization with highly viscous Newtonian and non-Newtonian 
liquids, as confirmed by the following comparison with the experimental results.
119
Results and Discussion
0.4 0.5 0.6 0.7 0.8 0.9 1
Bed voidage, e [-]
Bed voidage, 8 [-]
Figure 4.50 a&b np/N versus bed voidage for different heater configurations 
based on the Jamialahmadi et al. (1996) model
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Bed voidage, s [-]
Figure 4.51 Collision frequency, f, as a function of bed voidage s 
for fluidization in a Newtonian liquid
Bed voidage, 8 [-]
Figure 4.52 Collision frequency, f, as a function of bed voidage s 
for fluidization in a non-Newtonian liquid
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In the experimental part of this work, a large number of data over a wide range of possible 
operating parameters have been obtained for heat transfer in solid-liquid fluidized beds 
with Newtonian and non-Newtonian liquids. Moreover, two other databases have been 
obtained, one being the experimental data of Bremford (1996) and the other the Haid et al. 
(1994) data bank. The bed voidage for all data was calculated using the model presented in 
this investigation (equation 4.13). Moreover these data were checked for consistency. 
Based on this inspection and also recommendations of Bremford (1996), all the 
meaningless data points, such as the data for velocities greater than the terminal velocity, 
were removed.
Brown (1993) found a systematic error in the determination of the wall temperature in 
several different investigations such as Richardson et al. (1976), this resulted in heat 
transfer coefficients that were 20-35% too low. Brown (1993) published a correction factor 
in graphical form. Based on this graph Bremford (1996) correlate the following equation:
ll — h e (°.00°l 0°°9 hm -0.08982728) (4.35)
Where hm and hc are measured and corrected heat transfer coefficients respectively. For 
heat transfer coefficients less than 1000 W/m2K, the correction factor can be taken as 
unity. This correction was applied to the data concerned in the databank.
The data published by Lemlich and Caldas (1958) show a decrease in heat transfer 
coefficient for increasing particle diameter and the data obtained by Ipfelkofer (1977) 
showed an effect of heat flux on heat transfer coefficient under forced convection 
conditions. Therefore, it seems that their experimental work was at fault, and consequently 
their data were excluded from the databank.
At the end only those data were used, where the measured wall temperatures were fully 
within the fluidized bed. Consequently, the overall data bank had more than 2200 data for 
Newtonian liquids. For fluidization with non-Newtonian liquids all the experimental data 
obtained in this investigation were used which comprised more than 800 data points.
Typical predictions of the present model for different particles fluidized in Newtonian and 
non-Newtonian solutions are shown in Figures 4.53 and 4.54. The calculated trends are in
4.5.73 Comparison of Published Heat Transfer Coefficients with the Present Model
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excellent agreement with the experimental data of this study and of all previous 
investigators.
The applicability of the present model for Newtonian and non-Newtonian liquid-solid 
fluidized beds is demonstrated in Figures 4.55, 4.56 and 4.57 where the experimental data 
of this study and of various other investigators are compared with those predicted from the 
model presented in this investigation.
4.S.7.4 Comparison of Measured Heat Transfer Coefficients with Previously 
Published Models.
To discuss the trends predicted by the different correlations, measured heat transfer 
coefficient for 2.9 mm lead particles are used. Typical results of the comparison between 
the measured and calculated heat transfer coefficients are shown in Figures 4.58 (a-d) and 
4.59 (a-d) for these particles in pure water and in 1 wt% aqueous CMC solution. Most 
correlations show the maximum in the heat transfer coefficient. However, the variation 
between the predictions of the different correlations is quite considerable. For fluidization 
with pure water a good agreement is obtained with the correlations suggested by Kato et al. 
(1981) and Haid et al. (1997). A satisfactory agreement also exist with the prediction of 
the correlations of Mersman et al. (1980), Brea and Hamilton (1971), Kolbach (1987) and 
Schiitt (1983). For non-Newtonian liquids, the prediction of most correlations is poor. 
However, a satisfactory agreement exists with the prediction of the correlations of Juma 
and Richardson (1958), Kang et al. (1991) and Kim et al. (1986).
Inspection of the correlations listed in Table 2.6 revealed wide discrepancies between the 
prediction of most of these correlations and the experimental results of this investigation 
and the data bank described in the previous section. A comparison between calculated and 
experimental values of heat transfer coefficient was performed for 39 correlations and 
models listed in Table 2.6 and also for the present model. More than 2200 data from this 
study and various publications for solid-liquid fluidized beds with Newtonian liquids and 
more than 800 data points of the present investigation for solid-liquid fluidized beds with 
non-Newtonian liquids were used for this analysis. For the models such as Jamialahmadi et 
al. (1995, 1996) that differentiate between the modes of fluidization the data were 
classified into terms of mode of fluidization. The present model for calculating bed 
voidage, (equation, 4.13) was used to predict the bed voidage.
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Figure 4.53 Comparison of measured and predicted heat transfer coefficients 
for fluidization in a Newtonian liquid
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Figure 4.54 Comparison of measured and predicted heat transfer coefficients
for fluidization in a non-Newtonian liquid
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Figure 4.55 Comparison of measured and predicted heat transfer coefficients with 
values calculated from the present model for Newtonian liquids using 
experimental data of this study
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Figure 4.56 Comparison of measured and predicted heat transfer coefficients with 
values calculated from the present model for non-Newtonian liquids 
using experimental data of this study
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Figure 4.57 Comparison of measured and predicted heat transfer coefficients with 
values calculated from the present model for Newtonian liquids using 
all experimental data in the databank
The average relative errors |Arela| and the standard deviation of prediction, a, of all 
correlations used in this comparison, which are defined as follows, are shown in Table 4.4.
Relative error, |Arela| = |(acal -  a„„ ) /a c>|,| (%)
Average relative error, |Arela| = £|Arcla|/n  (%) n = number of data sets
Standard deviation, a = (z(j Arela| -  |Arela| )2 / n) (%) n = number of data sets
Comparing the average relative errors and the standard deviation of predicted values for all 
published correlations and of the present model, it is evident that the model developed in 
the present investigation provides better results than all other correlations. Some 
correlations, such as Wasmund and Smith (1967), and Varma et al. (1972), have been 
correlated for glass and aluminum particles only. So the relative error for these correlations 
are determined only for these kinds of particles. This table also indicates whether 
correlations tend to underpredict ” or overpredict “+” the measurements. Correlations
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with -  ” or “+ + ” have a high tendency to underpredict or overpredict the 
measurements, and for correlations with “± ” no clear tendency was found.
As can be seen in Table 4.4 the agreement between experimental data and values predicted 
by most of these correlations is unsatisfactory for particles fluidized in Newtonian liquids. 
In this case a satisfactory agreement exists with some of the correlations such as Brea and 
Hamilton (1971) and Kim et al. (1986). For fluidization in non-Newtonian liquids, the 
relative error for most of the correlations is higher than fluidization with Newtonian 
liquids. In this case, the correlations proposed by Wesser & Mardus (1957), Junta and 
Richardson (1985), Murayama et al. (1986), and Kang et al. (1991) are reasonable. The 
average relative errors of the Jamialahmadi models (1995, 1996) for non-Newtonian 
liquids are very high compared with their prediction for Newtonian liquids. As discussed 
before, the possible explanation is the unreasonable prediction of collision frequency in 
these models. Compared with the other correlations, the present model with average 
relative errors of 22.7% and 22.6% for Newtonian and non-Newtonian liquids and also 
with standard deviations of 17.5% and 15.3% for Newtonian and non-Newtonian liquids 
provides better results than all other models and correlations.
Using only the measured data with Newtonian liquids in this study for comparing 
measured and predicted value (Figure 4.55), an average relative error of 18.4% and a 
standard deviation of 10.2% show better consistency of the data measured in this 
investigation. The databank for Newtonian liquids also was classified in terms of 
equipment geometry. The equipment classifications are described below.
Wall-to-Bed: The heat transfer surface surrounds and contains the fluidized bed. (WTB)
Vertically Immersed Heater: The heater is immersed vertically, but not necessarily 
concentrically, in the fluidized bed. This includes annular arrangements. (VIH)
Horizontally Immersed Heater: the heater is immersed in the fluidized bed while 
maintaining a horizontal orientation. (HIH)
Vertically Immersed Plate: A square flat plate is immersed in the fluidized bed with the 
width perpendicular to the direction of flow. (VIP)
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The predictions from the published correlations in Table 2.6 were compared with the 
revised databank. It is interesting to note that relative error for all classifications are 
generally much improved. The ten best performing correlations for each geometry 
classification are listed in Table 4.5. For each geometry classification there is a correlation 
that predicts the experimental data best. For the Wall-to-Bed, Vertically Immersed Heater, 
Horizontally Immersed Heater and Vertically Immersed Plate the best correlations are the 
Present model, Schiitt (1982), Kolbach (1987) and Coulson and Richardson (1985) 
respectively.
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Figure 4.58(a) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in Newtonian liquid
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Figure 4.58(b) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in Newtonian liquid
1 .Allen et al (1977) 
3:Richardson &  Mitson (1958) 
5: Baker et al (1978) 
7:Schimanski et al (1972)
9 :Lemlich &  Caldas (1958)
 2:Brea &  Hamilton (1971)
 4:Tusin et al (1979)
 6:Tripathi &  Pandey (1970)
 8:Richardson &  Smith (1962)
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Figure 4.58(c) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in Newtonian liquid
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58(d) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in Newtonian liquid
l:Coulson &  Richardson (1985) 
3:Haid (1994)
5:Khan et al (1983)
7:Schutt (1983)
9:Jamiallhmadi et al (1995)
 2:Muroyanra et al (1984)
 4:Grewal &  Zimmermann (1988)
 6:Haid (1997)
 8:Jamialahmadi et al (1992)
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Figure 4.59(a) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in non-Newtonian liquid
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Figure 4.59(b) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in non-Newtonian liquid
l:Brea& Hamilton (1971) 
3:Richardson & Smith (1962) 
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Figure 4.59(c) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in non-Newtonian liquid
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Figure 4.59(d) Comparison of measured and predicted heat transfer coefficients 
for 2.9 mm lead particles fluidized in non-Newtonian liquid
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Table 4.4 Comparison of measured data and values predicted by published models.
No. Author
Newtonian Liquids Non-Newtonian Liquids
average
relative
error
(%)
Standard
deviation
(%)
Prediction
average
relative
error
(%)
Standard
deviation
(%)
Prediction
1 Wesser & Mardus (1957) 48.8 28.7 - 33 16.4 —
2 Lemlich & Caldas (1958) 94.2 14.2 48.6 20.7 _ _
3 Richardson & Mitson (1958) 66 36.3 ± 652 384 + +
4 Ruckenstein et al. (1959) 59.5 39.5 ± 96.3 101
5 Richardson & Smith (1962) 129.8 152.1 - - 65.2 52.8 + +
6 Wasmund & Smith (1967) 73.8 108.9 ± - - -
7 Hamilton (1970) 43.7 26.6 ± 125.6 83.8 + +
8 Tripathi & Pandey (1970) 70.5 11.2 _ _ 76.8 7.2 _ _
9 Brea & Hamilton (1971) 32.8 17.8 ± 185 113 +  +
10 Varma et al. (1972) 81.5 55.9 _ _ - - -
11 Schimanski et al. (1972) 81.2 10.3 - - 91.5 3.6
12 Syromayatnilcov et al. (1973) 158.7 114.9 + + 112.6 103 ±
13 Richardson et al. (1976) 94.9 65.9 + 163.6 118 ++
14 Allen et al. (1977) 35.8 19.5 ± 89 79 +
15 Baker et al. (1978) 80.9 80.2 - 81.5 77.2 ±
16 Khan et al. (1978) 109 78.4 + + 189.8 135.6 + +
17 Tusin et al. (1979) 40.4 25.3 61.5 59.4
18 Mersman et al. (1980) 40.2 24.6 ± 125.9 73.3 + +
19 Kato et al. (1981) 36.6 23.2 ± 196.3 89.3 + +
20 Wehrmann & Mersmann (1981) 42.8 20.4 ± 105.6 66.7 +
21 Schutt (1982) 46 23.2 ± 152.2 93.1 + +
22 Schutt (1983) 46.8 16.9 94.2 70.7 +
23 Khan et al. (1983) 36.2 24.8 ± 53.5 55.7 ±
24 Muroyama et al. (1984) 45.3 32.2 ± 45.5 48.2 ±
25 Chiu & Ziegler (1985) 78.6 16.6 249 126 + +
26 Junta & Richardson (1985) 41.7 19.6 - 44 42.2 ±
27 Coulson & Richardson (1985) 47.5 35.2 + 98.6 96.1 +
28 Kim et al. (1986) 30.7 14.5 - 52.6 57.3 ±
29 Midoux et al. (1986) 45.3 31.9 + 88.7 55 +
30 Muroyama et al. (1986) 43 27.3 ± 38.2 34.5 ±
31 Kollbach (1987) 38.6 15.3 ± 80.2 58.3 + +
32 Grewal & Zimmermann (1988) 38.1 28 ± 138 131 +
33 Kang et al. (1991) 38.7 21.5 32.2 32.8 ±
34 Macias-Machin et al. (1991) 47 31.7 88.6 4.4 _ _
35 Jamialahmadi et al. (1992) 35.8 16.3 ± 189 216 ±
36 Haid (1994) 36.7 22.4 db 135.5 83 + +
37 Jamialahmadi et al. (1995) 38.9 17.3 ± 127 161 + +
38 Jamialahmadi et al. (1996) 39.3 16.7 123 194 + +
39 Haid (1997) 39.7 15.6 ± 121 71 + +
40 Present model 22.7 17.5 ± 22.6 15.3 ±
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T able 4.5 C om parison  o f  m easured  data and values predicted  by published  m odels  
for revised  N ew ton ian  databank.
Author
average
relative
error
(%)
Standard
deviation
(%)
Author
average
relative
error
..J%)
Standard
deviation
(%)
Wall-to -Bed
Hamilton (1970) 29.1 22.5 Schiitt (1982) 27.3 23
Brea& Hamilton (1971) 27.1 22.6 Kollbach (1987) 24.2 16.8
Allen et al. (1977) 24.7 18.3 Kang et al. (1991) 28.3 20.7
Mersman et al. (1980) 28.9 22.5 Haid (1994) 28.2 22
Wehrmann & Mersmann (1981) 25 18.7 Present model 20.3 16.5
Horizontally Immersed Heater
Brea & Hamilton (1971) 27.4 13.9 Schiitt (1982) 20.4 14.9
Syromayatnikov el al. (1973) 28 16.3 Schiitt (1983) 28 15.8
Khan et al. (1978) 22 15.7 Khan et al. (1983) 30.5 15.1
Mersman et al. (1980) 21.2 13 Kollbach (1987) 33.2 13
Wehrmann & Mersmann (1981) 23.1 12.9 Present model 30.9 20.2
Vertically Immersed Heater
Brea & Hamilton (1971) 32.3 16.8 Kirnet al. (1986) 28.2 20.6
Kato et al. (1981) 25.8 25.7 Kollbach (1987) 20.5 15.1
Wehrmann & Mersmann (1981) 25.2 20.3 Haid (1994) 26.1 21.8
Schiitt (1982) 26.9 20 Haid (1997) 27.8 15
Schiitt (1983) 25.6 17.8 Present model 23.5 18.5
Vertically Immersed Plate
Syromayatnikov et al. (1973) 19.3 16.6 Coulson & Richardson (1985) 12.4 9.7
Khan et al. (1983) 14.5 12.2 Kollbach (1987) 16 11.9
Mersman et al. (1980) 19.5 16.2 Haid (1994) 14.7 10.7
Wehrmann & Mersmann (1981) 14.1 12 Haid (1997) 22.3 18.5
Schiitt (1983) 22.2 12.2 Present model 26 20.4
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5. CONCLUSIONS AND FUTURE W ORK
5.1 H ydrodynam ics
A study of particle terminal velocity has been undertaken using Newtonian and non-
Newtonian solutions including distilled water and three different concentrations of aqueous
sugar solutions, and non-Newtonian liquids including five different aqueous CMC
solutions. Various spherical and cylindrical particles were used in this study. Extensive
new experimental results were obtained for regions where the published data were
insufficient. The results show that the liquid and solid phase physical properties have a
significant effect on particle terminal velocity. All the measured data were corrected for the
wall effect. The results conformed with an absolute mean average error of less than 6% to
the equation 4.2 proposed by Richardson and Zaki (1954). By comparison of the measured
data with different correlations from the published literature it was found that for particle
*
terminal velocity in Newtonian liquids the correlation proposed by Hartman et al. (1992) 
has the best agreement and agrees well with the prediction of the standard equation of 
Lydersen (1989). For prediction of the particle terminal velocity in non-Newtonian liquids 
a new correlation was introduced in terms of the functional dependency of Archimedes 
number on particle Reynolds number. The mean average error between the prediction of 
this correlation and the experimental data is less than 10%, which is substantially better 
than all published models.
The minimum liquid fluidization velocity was determined from the intersection of pressure 
drop gradient versus liquid phase Reynolds number for fixed bed and fluidized regimes. 
The transition point was designated as the minimum fluidization velocity. It was found that 
in the fluidization region the pressure drop across the bed remains constant. By comparing 
the experimental data with published correlations for the minimum fluidization velocity it 
was found that for fluidization with Newtonian and non-Newtonian liquids the correlation 
suggested by Wen and Yu (1966) is the best. For non-Newtonian liquids the apparent 
viscosity must be used in the minimum fluidization Reynolds number and the Archimedes 
number.
All correlations and models for calculating heat transfer coefficients in solid-liquid 
fluidized beds are strong functions of the bed voidage. Therefore, accurate knowledge of
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the velocity-voidage relationship is crucial for the reliable estimation of heat transfer 
coefficients. In the present investigation, the velocity-voidage relationship has been 
measured in various solid-liquid fluidized beds. A large number of experiments were 
performed using different cylindrical and spherical particles fluidized in pure water, and in 
aqueous solutions of sugar and CMC with different concentrations. The effects of flow 
velocity, different physical properties of particles, and also liquid viscosity on bed voidage 
for both Newtonian and non-Newtonian liquids were investigated. Three regimes of 
fluidization namely, particulate, aggregate, and transition from particulate to aggregate 
were recognized. From this study, the following conclusions can be drawn:
It has been shown that there is a general trend for all experiments, the bed voidage 
increases with increasing superficial liquid velocity towards an asymptotic value of one.
The static bed voidages were measured separately for each particle type in a column of the 
same diameter but of smaller height by measuring the volume of water required to fill the 
void space. By regression, using all available data new correlations were introduced by 
which the static bed voidage could be determined for spherical and cylindrical particles 
with good accuracy.
The effect of liquid viscosity on the velocity-voidage relationship for fluidization with 
Newtonian and non-Newtonian liquids was the same. An increase in liquid viscosity leads 
to increased bed voidage for given particle properties and liquid velocity. This is due to the 
increase in drag force on the particles by increasing liquid viscosity. Also increasing liquid 
viscosity decreased the particle terminal velocity.
For a given liquid velocity, bed voidage is decreased with increasing particle size as well as 
particle density for fluidization in both Newtonian and non-Newtonian liquids. This is 
because a higher liquid velocity is required to maintain the same bed voidage. In addition, 
it has been found that during aggregate fluidization the bed voidage is affected significantly 
less than in particulate fluidization by changes in particle size and density.
It has been shown that for each particle type the function Fu, which indicates the state of 
aggregation in fluidized bed systems, displays a minimum within the operating range. This 
minimum point occurs generally at a bed voidage between 0.65 and 0.75 for all particles 
fluidized in pure water, and between 0.75 and 0.85 in high viscosity sugar and CMC
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solutions. Therefore, the bed voidage corresponding to the minimum Fu increases with 
increasing liquid viscosity for a given particle.
The present experimental results were compared with the predictions of various 
correlations from the literature. While all correlations predict an increase in bed voidage 
with increasing liquid velocity, the variation between the predictions of the different 
correlations is quite considerable. The results show that the correlations of Wen and Yu 
(1966), Hirata and Bulos (1990), and Hartman et al. (1992) fit the measured data better 
than the other correlations.
A semitheoretical model was developed for predicting the bed voidage in solid-liquid 
fluidized bed with Newtonian and non-Newtonian liquids, which is simple and explicit. All 
the available data over a wide range of operational parameters and liquid and solid phase 
physical properties are compared with the predictions of various published correlations and 
with the present model. The results of this comparison show that the model developed in 
this investigation is best suited for predicting bed voidage for fluidization with Newtonian 
and non-Newtonian liquids.
Bed voidage at minimum fluidization velocity is one of the important factors to be 
considered in the design of fluidized bed systems. Using umf from the Wen and Yu (1996) 
correlation and bsb from the correlation introduced in this study, bed voidage at minimum 
fluidization velocity can be calculated with very good accuracy by use of equation (4.12).
5.2 H eat transfer
Heat transfer measurements have been obtained for single-phase flow and two-phase solid- 
liquid fluidized beds in a cylindrical tube using Newtonian and non-Newtonian solutions 
and a variety of cylindrical and spherical particles at different bulk temperatures. 
Significant increases in heat transfer were observed due to the presence of the suspended 
solids. The influence of different physical properties of various liquids and particles as well 
as of flow velocity, bed voidage and bulk temperature on the heat transfer coefficient have 
been investigated. The following conclusions can be drawn from the present study:
Measuring heat transfer coefficients under different heat fluxes has shown that in the 
forced convective heat transfer regime, the heat transfer is almost independent of the heat 
flux. Therefore, all experiments were performed in the convective heat transfer regime and
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at a constant heat flux.
It has been shown that the heat transfer coefficient is greatly influenced by liquid velocity 
and bed voidage. The heat transfer coefficient increases with increasing flow velocity and 
bed voidage and reaches its maximum at a bed voidage between 0.65 and 0.85. Further 
increase of liquid velocity or bed voidage causes the heat transfer coefficient to decrease 
until it reaches the single-phase value at a bed voidage of 1. This is a general trend for all 
experiments using Newtonian and non-Newtonian liquids. The most important factor for 
increasing heat transfer in solid-liquid fluidized bed is that the laminar sub-layer is 
disturbed by particles. The maximum heat transfer is achieved when the particle contact 
frequency reaches its maximum value. The state of aggregation, Fu, reaches a minimum 
within the operating range of bed voidage, which is corresponding to the maximum heat 
transfer rate.
It has been found that for fluidization with Newtonian and non-Newtonian liquids, an 
increase in bulk temperature increases the heat transfer coefficient for all measured 
velocities. When the bulk temperature changes the viscosity of the liquid is the most 
sensitive property to change. Furthermore, by increasing the bulk temperature, the 
maximum heat transfer coefficient is achieved at a lower bed voidage.
An increase in liquid viscosity leads to lower heat transfer coefficients for fluidization with 
both Newtonian and non-Newtonian liquids. In addition, the maximum heat transfer 
coefficient is achieved at a higher bed voidage. Compared with single-phase flow, at very 
high viscosities only a negligible increase in the heat transfer coefficient can be found. The 
results show that by increasing the liquid viscosity the fluidized bed systems tend to have 
particulate behaviour and this results in less turbulence and mixing in the bed and 
consequently reduced heat transfer coefficients. Therefore, the general trend of heat 
transfer coefficient versus liquid viscosity is identified by a sharp decrease in heat transfer 
coefficient followed by a gradual decrease towards the value of heat transfer coefficient for 
single-phase flow.
Particle size and density are important parameters affecting the heat transfer coefficient. 
The heat transfer coefficient increases with increasing particle size and density because a 
higher liquid velocity is required to maintain the same bed voidage. Due to the magnitude 
of particle Reynolds number at terminal velocity, Repoo, the increase in heat transfer
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coefficient with particle size or particle density can be changed. This increase in heat 
transfer coefficient is more distinguishable in the particulate fluidization regime than in the 
aggregate region. From the data provided by Richardson and Zaki (1954) and the results 
obtained in the present investigation it was found that the bed voidage becomes 
independent of particle diameter once R epo0 >  500. Therefore, the level of mixing and 
turbulence in fluidized beds remains constant and hence, there is a limit on enhancement of 
heat transfer by increasing particle size. If the particle size or particle density are increased 
the maximum heat transfer coefficient appears at lower bed voidages.
Many authors reported that the variation of the thermal conductivity and heat capacity of 
the solid particles has almost no influence on the heat transfer coefficient in solid-liquid 
fluidized beds. Jamialahmadi et al. (1995) speculated that for particles where the product 
“pPCp,PZp” is much higher than that for the liquid, heat transfer by conduction to the 
particles (particle convection) should be taken into consideration.
A semitheoretical model was developed for predicting the heat transfer coefficient in solid- 
liquid fluidized beds with Newtonian and non-Newtonian liquids. The prediction of most 
published correlations for heat transfer coefficients were compared to all measured data in 
this investigation and with a data bank containing a large number of measured heat transfer 
coefficients covering a wide range of operational parameters and physical properties. While 
most correlations show the maximum in the heat transfer coefficient with increasing flow 
velocity or bed voidage, the variation between the predictions of the different correlations 
is quite considerable. In general the correlations that predict the measured data better were 
those based on data with wide variations in Prandtl and particle Reynolds number. 
Examination of the average relative error between measured and predicted values shows 
that the model developed in this investigation clearly out-performs all other correlations.
The databank for Newtonian liquids also was classified in terms of equipment geometry. 
Examination of the average relative error between measured and predicted values shows 
that relative errors for all classifications are generally much improved.
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Since exact calculation of the particle contact frequency is important for heat transfer 
modelling, experimental investigations in conjunction with theoretical work could be 
performed to identify the exact behaviour of solid particles in a fluidized bed. Using a high 
speed video camera together with image analysis may be useful for this purpose.
In this investigation the experiments for non-Newtonian liquids were performed with 
pseudoplastic (shear thinning) liquids. More experimental work could be done using non- 
Newtonian liquids with another rheological behaviour.
Although neural network methods are generally designed for control engineering and 
pattern recognition application, these methods could be modified for use in solid-liquid 
fluidized beds especially where limited data may be encountered.
Due to the lack of experimental work on three phase gas-liquid-solid fluidized beds and 
hence a lack of hydrodynamic and heat transfer modelling of this kind of fluidization, 
especially with non-Newtonian liquids, a full investigation of this subject could be done in 
the future.
5.3 Recommendations For Future Work
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A
C a l i b r a t i o n  o f  W a l l - t o - B e d  H e a t e r
Appendix A
F igure A .l  T em perature profile for test heater
The temperature profile from the thermocouple to the heater surface is shown
schematically in Figure A. 1. A steady state energy balance from the thermocouple to the
liquid results in Equation (A.l).
q = U(Ttc - T„) = a(Ts - Tb) = L(xtc - Ts) (A.l)
This can be rearranged to give the overall heat transfer coefficient, U, in terms of a , S and 
X ,  as shown below.
1 1 S—  = —  + —  (A.2)
V a  X  K ’
The aim of the Wilson plot technique is to determine the term (S/A.) shown in equation 
(A.2). A simple rearrangement of equation (A.l) results in the following equation for the 
overall heat transfer coefficient, U.
U = (Ttc-TJ (A'3)
It can be seen that U is a function of the thermocouple and bulk temperatures, which are 
measurable quantities. The only remaining quantity to be measured in equation (A.2) is the 
film heat transfer coefficient, a , which is a function of liquid velocity. A simple
A-l
Appendix A
rearrangement of the well-known Dittus-Boelter correlation for convective heat transfer 
under fully developed turbulent flow conditions results in the following relationship.
a  =CV°'8 (A.4)
The above equation is only valid if one assumes constant physical properties. Substituting 
equation (A.4) into equation (A.2) results in the following.
U
:DV"y +
X
(A.5)
A Q
Therefore a plot of 1/U versus 1/V ' , for each thermocouple, gives a straight line of slope 
D with S I X  as the intercept. Estimates for the intercepts are obtained by a non-linear 
regression method. Calibration data for the fluidized bed heat exchanger are plotted in 
Wilson plot form in Figure A.2. The values of X / S  for the wall-to-bed heat exchanger used 
in this investigation are shown below.
Therm ocouple N um ber T .C .l T.C.2 T.C .3
X/S 5878 7440 7063
jj2
i rvn
Figure A.2 Wilson plot for the fluidized bed heater
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&
R e g r e s s i o n  A n a l y s i s  f o r  d e t e r m i n i n g  z p a r a m e t e r
I n
Newtonian and non-Newtonian
L i q u i d  S o lid F l u i d i z e d  B e d
Liquid: Pure water Appendix C
Us £
[m/s] [■]
0.26 0.95
0.23 0.90
0.21 0.85
0.18 0.80
0.16 0.75
0.14 0.70
0.12 0.65
0.10 0.60
0.08 0.55
0.03 0.43
0.00 0.40
Aluminum 2*3 mm
(£-£sb)/(1_£sb)
Graph Results j
z [-] u t [m/s] |
0.73 0.25 j
Dh = 36.5 mm
u s £
[m/s] H
0.29 0.95
0.26 0.90
0.24 0.85
0.21 0.80
0.19 0.75
0.17 0.70
0.14 0.65
0.12 0.60
0.10 0.55
0.04 0.44
0.00 0.41
Aluminum 3*3 mm
(s"£sb)/(1-£sb)
Graph Results
z [>] u, [m/s]
0.68 0.28
Dh = 36.5 mm
u s £
[m/s] [-]
0.67 0.95
0.61 0.90
0.54 0.85
0.48 0.80
0.41 0.75
0.37 0.70
0.32 0.65
0.27 0.60
0.12 0.45
0.00 0.41
Brass 3*3 mm
(£_£sb)/(1’£sb)
Graph Results
z [-] ut [m/s]
0.65 0.63
Dh = 36.5 m m
-[(£‘£sb)/(1_£sb)]
=uK C-l
Liquid: Pure water Appendix C
Us £
[m/s] [■]
0.59 0.94
0.51 0.89
0.45 0.84
0.40 0.79
0.34 0.73
0.29 0.65
0.22 0.55
0.07 0.43
0.00 0.40
S.Steel 2*2mm
0.01 0.1
(s-£sb)/(1*£sb)
Graph Results
z ut [m/s]
0.67 0.56
Dh = 40 mm
us £
[m/s] [-]
0.65 0.95
0.57 0.90
0.52 0.85
0.47 0.80
0.43 0.75
0.38 0.70
0.33 0.65
0.28 0.60
0.23 0.55
0.10 0.44
0.00 0.41
S.Steel 3*3 mm
(£*£sb)/(1'£sb)
Graph Results
z ut [m/s]
0.64 0.62
Dh = 36.5 mm
us £
[m/s] [-]
0.97 0.91
0.88 0.85
0.79 0.81
0.74 0.77
0.65 0.70
0.61 0.65
0.53 0.60
0.46 0.55
0.36 0.50
0.17 0.44
0.00 0.41
Tantalum 4*4 mm
1 Graph Results
z ut [m/s]
! 0.60 1.04
Dh = 40 m m
(£"£sb)/(1'ssb)
Liquid: Pure water Appendix C
Us £
[ill/s] [-]
0.35 0.95
0.31 0.90
0.27 0.85
0.25 0.80
0.22 0.75
0.20 0.70
0.18 0.65
0.16 0.60
0.13 0.55
0.05 0.44
0.00 0.40
Us £
[m/s] [-]
0.69 0.95
0.63 0.91
0.55 0.85
0.48 0.80
0.43 0.75
0.39 0.70
0.35 0.65
0.30 0.60
0.26 0.55
0.13 0.45
0.00 0.40
Glass 4 mm
G raph Results
2 [-] ut [m/s]
0.69 0.34
(£*ssb)/(1'£sb) Dh = 36.5 mm
Carbon Steel 4 mm
G raph Results
z [-3 ut [m/s]
0.68 0.66
(£*ssb)/(1’£sb) Dh = 36.5 mm
us £
[m/s] [-]
0.65 0.95
0.56 0.90
0.49 0.85
0.44 0.80
0.41 0.75
0.36 0.70
0.32 0.65
0.29 0.60
0.25 0.55
0.09 0.44
0.00 0.39
Carbon Steel 3 mm
(£-£sb)/(1'ssb)
G raph Results
z [-] ut [m/s]
0.75 0.63
Dh = 36.5 mm
- [ ( e ‘s sb) / ( 1 '£ sb)]
=us C-3
Liquid: Pure water Appendix C
Us £
[m/s] [-]
0.75 0.95
0.68 0.90
0.62 0.85
0.56 0.80
0.51 0.75
0.45 0.70
0.40 0.65
0.36 0.60
0.30 0.55
0.12 0.43
0.00 0.39
Lead 2.9 mm
Graph Results
2 [-] ut [m/s]
0.71 0.76
(£*£sb)/(1‘ssb) Dh = 36.5 mm
us £
[m/s] [-]
0.80 0.90
0.71 0.85
0.63 0.80
0.58 0.76
0.51 0.70
0.46 0.65
0.41 0.60
0.36 0.55
0.30 0.50
0.14 0.45
0.00 0.40
Lead 4 mm
(£_£sb)/(1 ’esb)
Graph Results |
2 [-3 ut [m/s] |
0.66 0.85 1
D,, = 40 mm
Us £
[m/s] [-]
0.66 0.91
0.60 0.88
0.54 0.84
0.48 0.79
0.43 0.74
0.37 0.67
0.35 0.64
0.28 0.56
0.22 0.50
0.11 0.44
0.00 0.40
S. Steel 3.7 mm
Graph Results
2 [-] u t [m/s]
0.66 0.67
(s-£sb)/(1-£sb) Dh = 40 m m
X=[(e-8SB)/(1-SSB)]
y=us C-4
Liquid: Sugar solution 20 wt% Appendix C
Us e
[m/s] 1-J
0.20 0.90
0.17 0.85
0.15 0.80
0.13 0.75
0.12 0.71
0.10 0.65
0.08 0.60
0.07 0.55
0.05 0.50
0.03 0.44
0.00 0.40
Aluminum 2*3 mm
(£'£Sb)/(1”£Sb)
Graph Results
z [-] u t [m/s]
0.76 0.21
Dh = 36.5 mm
Us c
[m/s] [-]
0.24 0.90
0.21 0.85
0.19 0.80
0.17 0.75
0.15 0.70
0.13 0.65
0.11 0.60
0.09 0.55
0.06 0.50
0.03 0.44
0.00 0.41
Aluminum 3*3 mm
(e-£sb)/(1-£sb)
Graph Results
ut [m/s]
0.74 0.26
Dh = 36.5 mm
us c
[m/s] [-]
0.58 0.90
0.52 0.85
0.45 0.80
0.40 0.75
0.36 0.71
0.30 0.65
0.25 0.60
0.20 0.55
0.15 0.50
0.09 0.44
0.00 0.41
Brass 3*3 mm
(£‘£sb)/(1*ssb)
Graph Results
z[-] ut [m/s]
0.68 0.58
Dh = 36.5 m m
-[(£-£sb)/(L£sb)]
=us C-5
Liquid: Sugar solution 20 wt% Appendix C
Us £
[m/s] [-]
0.50 0.93
0.43 0.88
0.36 0.81
0.31 0.76
0.27 0.70
0.24 0.65
0.21 0.60
0.13 0.50
0.06 0.43
0.00 0.40
S.Steel 2*2mm
(£*£sb)/(1_esb)
| Graph Results
j z ut [m/s]
| 0.71 0.48
Dh = 40 mm
us £
[m/s] [-]
0.54 0.90
0.49 0.85
0.44 0.80
0.39 0.75
0.35 0.70
0.29 0.65
0.25 0.60
0.22 0.55
0.17 0.50
0.08 0.44
0.00 0.41
S.Steel 3*3 mm
(£’esb)/(1'ssb)
Graph Results
z ut [m/s]
0.67 0.58
Dh = 36.5 mm
us £
[m/s] [-]
0.93 0.91
0.84 0.86
0.74 0.80
0.69 0.76
0.62 0.71
0.58 0.67
0.51 0.62
0.43 0.56
0.33 0.51
0.16 0.45
0.00 0.41
Tantalum 4*4 mm
Graph Results
z ut [m/s]
0.64 0.99
(£‘ssb)/(1'£sb)
D., = 40 m m
:[(£“esb)/(1"£sb)]
=11, C-6
Liquid: Sugar solution 20 wt% Appendix C
Us £
[m/s] [■]
0.29 0.90
0.26 0.85
0.23 0.80
0.20 0.75
0.18 0.70
0.16 0.65
0.14 0.60
0.12 0.55
0.09 0.50
0.05 0.44
0.00 0.40
Glass 4 mm
Graph Results
z[-] ut [m/s]
0.70 0.31
(£‘£sb)/(1"£sb)
Dh = 36.5 mm
us t:
[m/s] [-]
0.61 0.91
0.53 0.85
0.46 0.80
0.41 0.75
0.37 0.70
0.33 0.65
0.29 0.60
0.25 0.55
0.21 0.50
0.11 0.45
0.00 0.40
Us c
[m/s] [-]
0.54 0.91
0.46 0.85
0.41 0.80
0.37 0.75
0.34 0.70
0.30 0.65
0.27 0.60
0.23 0.55
0.19 0.50
0.09 0.45
0.00 0.39
Carbon Steel 4 mm
Graph Results
z [-] ut [m/s]
0.68 0.63
(£-£sb)/(1'£sb)
Dh = 36.5 mm
Carbon Steel 3 mm
Graph Results
z [-] ut [m/s]
0.76 0.59
(£*£sb)/(1-£sb) Dh = 36.5 m m
: [ (£ - £ s b ) / ( 1 *£ s b )]
-U Q C-7
Liquid: Sugar solution 20 wt% Appendix C
Us £
[m/s] [-]
0.66 0.90
0.59 0.85
0.53 0.80
0.48 0.75
0.42 0.70
0.37 0.65
0.32 0.60
0.27 0.55
0.22 0.50
0.11 0.44
0.00 0.39
Lead 2.9 mm
Graph Results
2 [-] ut [m/s]
0.73 0.71
(£-£sb)/(1'ssb)
Dh = 36.5 mm
u s £
[m/s] [-]
0.78 0.91
0.72 0.88
0.64 0.83
0.57 0.78
0.50 0.72
0.46 0.68
0.41 0.63
0.34 0.55
0.28 0.50
0.13 0.44
0.00 0.40
Lead 4 mm
Graph Results
2 [-] u t [m/s]
0.67 0.81
(£-£sb)/(1-£sb) Dh = 40 mm
us £
[m/s] [-]
0.61 0.90
0.53 0.85
0.47 0.80
0.42 0.76
0.38 0.70
0.33 0.66
0.29 0.60
0.25 0.55
0.20 0.50
0.10 0.44
0.00 0.40
S. Steel 3.7 mm
0.1
Graph Results
z [-] ut [m/s]
0.68 0.63
Dh = 40 m m
(£'£sb)/(1*£sb)
-[(e_esb)/(1”ssb)]
=Uj C-8
Liquid: Sugar solution 40 wt% Appendix C
Us £
[m/s] [-]
0.17 0.90
0.14 0.85
0.13 0.80
0.12 0.77
0.10 0.70
0.08 0.65
0.06 0.60
0.05 0.55
0.04 0.50
0.02 0.43
0.00 0.40
Aluminum 2*3 mm
(s -£ s b )/ (1 "£ s b )
G raph Results
*[-] u t [m/s]
0.84 0.18
Dh = 36.5 mm
us c
[m/s] [-]
0.18 0.90
0.16 0.85
0.14 0.80
0.12 0.75
0.11 0.70
0.10 0.65
O.OS 0.60
0.07 0.55
0.05 0.50
0.02 0.44
0.00 0.41
Aluminum 3*3 mm
(e -e S b )/(1-£ s b )
G raph Results
z[-] u t [m/s]
0.78 0.20
Dh = 36.5 mm
u s u
[m/s] [■]
0.57 0.95
0.51 0.90
0.45 0.85
0.41 0.80
0.36 0.75
0.32 0.70
0.28 0.65
0.24 0.60
0.20 0.55
0.09 0.44
0.00 0.41
Brass 3*3 mm
(£*£sb)/ (1-£sb)
Graph Results
z[-] ut [m/s]
0.63 0.53
Dh = 36.5 mm
:[(£'Ssb)/(1*esb)]
-Uc C-9
Liquid: Sugar solution 40 wt% Appendix C
Us £
[m/s] [-]
0.40 0.95
0.34 0.91
0.29 0.87
0.24 0.80
0.20 0.72
0.16 0.63
0.10 0.51
0.04 0.43
0.00 0.40
S.Steel 2*2mm
(£*£sb)/(1”£sb)
Graph Results
z ut [m/s]
0.76 0.36
Dh = 40 mm
us £
[m/s] [■]
0.50 0.95
0.46 0.90
0.43 0.85
0.39 0.80
0.36 0.75
0.33 0.70
0.28 0.65
0.23 0.60
0.18 0.55
0.07 0.44
0.00 0.41
S.Steel 3*3 mm
(£‘Ssb)/(I’£Sb)
Graph Results
z ut [m/s]
0.73 0.54
Dh = 36.5 mm
us £
[m/s] [-]
0.90 0.90
0.84 0.87
0.78 0.84
0.70 0.79
0.64 0.74
0.59 0.70
0.54 0.66
0.46 0.60
0.39 0.55
0.15 0.45
0.00 0.41
Tantalum 4*4 mm
Graph Results
z ut [m/s]
0.66 0.97
(£’£SB)/(l"eSB) Dh = 40 mm
x-[(e-ESB)/(l-sSD)]
y=us C-10
Liquid: Sugar solution 40 wt% Appendix C
Us e
[m/s] [-]
0.23 0.90
0.20 0.85
0.18 0.80
0.16 0.75
0.14 0.70
0.13 0.65
0.11 0.60
0.09 0.55
0.07 0.50
0.03 0.44
0.00 0.40
Glass 4 mm
Graph Results
z [-] u t [m/s]
0.73 0.25
(£*£sb)/(1*£sb) Dh = 36.5 mm
u s £
[m/s] [-]
0.57 0.91
0.49 0.85
0.43 0.80
0.38 0.75
0.34 0.70
0.31 0.65
0.27 0.60
0.23 0.55
0.19 0.50
0.09 0.44
0.00 0.40
Carbon Steel 4 mm
Graph Results
z[-] ut (m/s]
0.69 0.59
(£*£sb)/(1'£sb) Dh = 36.5 mm
u s a
[m/s] [-]
0.46 0.90
0.41 0.85
0.37 0.80
0.32 0.75
0.29 0.70
0.26 0.65
0.23 0.60
0.20 0.55
0.15 0.50
0.07 0.44
0.00 0.39
Carbon Steel 3 mm
(£*£sb)/(1’£sb)
Graph Results
z[-] ut [m/s]
0.78 0.51
Dh = 36.5 mm
:[(£' £sb)/(1'ssb)]
=US C -ll
Liquid: Sugar solution 40 wt% Appendix C
Us £
[m/s] [-]
0.60 0.90
0.53 0.85
0.47 0.80
0.41 0.75
0.36 0.70
0.32 0.65
0.27 0.60
0.22 0.55
0.18 0.50
0.09 0.43
0.00 0.39
Lead 2.9 mm
Graph Results
z [-3 ut [m/s]
0.75 0.63
(£'£sb)/(1‘£sb) Dh = 36.5 mm
us £
[m/s] [-]
0.77 0.93
0.72 0.90
0.65 0.86
0.58 0.81
0.52 0.77
0.44 0.69
0.38 0.63
0.31 0.56
0.25 0.50
0.11 0.44
0.00 0.40
Lead 4 mm
(e-£sb)/(1-£sb)
Graph Results
2 [-3 ut [m/s]
0.71 0.78
I)h = 40 mm
us £
[m/s] [-]
0.60 0.91
0.56 0.89
0.52 0.87
0.47 0.83
0.44 0.80
0.38 0.73
0.30 0.63
0.21 0.53
0.08 0.44
0.00 0.40
S. Steel 3.7 mm
(s-e SB) /( l -S SB)
Graph Results
2 [-] ut [m/s]
0.77 0.63
Dh = 40 mm
:[(e*ssb)/(1_ssb)]
=uc C-12
Liquid: Sugar solution 60 vvt% Appendix C
Us £
[m/s] [-]
0.08 0.92
0.07 0.88
0.06 0.83
0.05 0.77
0.03 0.66
0.02 0.56
0.002 0.41
0.00 0.40
Aluminum 2*3 mm
(E-ESB)/(l-eS8)
Graph Results
z[-] ut [m/s]
0.91 0.08
Dh = 36.5 mm
u s £
[m/s] [-]
0.11 0.95
0.10 0.90
0.09 0.85
0.08 0.80
0.07 0.75
0.06 0.67
0.05 0.60
0.04 0.55
0.01 0.43
0.00 0.41
Aluminum 3*3 mm
Graph Results
z[-] ut [m/s]
0.90 0.12
(e -e S b )/(1-Es b ) Dh = 36.5 mm
u s £
[m/s] [■]
0.32 0.95
0.29 0.90
0.26 0.85
0.23 0.80
0.20 0.75
0.18 0.70
0.16 0.65
0.13 0.60
0.10 0.55
0.03 0.43
0.00 0.41
Brass 3*3 mm
(£w£sb)/(1*£sb)
Graph Results
z [-] ut [m/s]
0.71 0.31
Dh = 36.5 mm
X=[(S-£SB)/(1*£SB)]
y=«s C-13
Liquid: Sugar solution 60 wt% Appendix C
Us £
[m/s] [-]
0.23 0.95
0.21 0.92
0.19 0.88
0.17 0.82
0.15 0.75
0.13 0.67
0.09 0.55
0.01 0.42
0.00 0.40
S.Steel 2*2mm
u s £
[m/s] [-]
0.31 0.95
0.27 0.90
0.25 0.85
0.23 0.80
0.21 0.75
0.19 0.70
0.17 0.65
0.14 0.60
0.11 0.55
0.02 0.42
0.00 0.41
(£*esb)/(1_£sb)
S.Steel 3*3 mm
Graph Results
z ut [m/s]
0.91 0.25
Dh = 40 mm
Graph Results
z ut [m/s]
0.74 0.32
(£'£sb)/(1_£sb)
Di, = 36.5 mm
us £
[m/s] [-]
0.70 0.91
0.64 0.87
0.57 0.82
0.52 0.77
0.48 0.72
0.44 0.67
0.41 0.63
0.37 0.60
0.30 0.55
0.07 0.43
0.00 0.41
Tantalum 4*4 mm
Graph Results
z u t [m/s]
0.70 0.77
(£-£sb)/(1*£sb) Dh = 40 mm
X-[(6-Ssb)/(1‘Ssb)]
y=«s C-14
Liquid: Sugar solution 60 wt% Appendix C
Us £
[m/s] [-]
0.13 0.95
0.11 0.90
0.10 0.85
0.09 0.80
0.08 0.75
0.07 0.70
0.06 0.65
0.05 0.60
0.01 0.42
0.00 0.40
Glass 4 mm
G raph Results
z [-3 ut [m/s]
0.82 0.13
(s-£sb)/(1'8sb) Di. = 36.5 mm
us £
[m/s] [•]
0.35 0.95
0.31 0.90
0.28 0.85
0.26 0.80
0.24 0.75
0.22 0.70
0.20 0.65
0.17 0.60
0.14 0.55
0.03 0.43
0.00 0.40
Us £
[m/s] [-]
0.30 0.95
0.26 0.90
0.23 0.85
0.20 0.80
0.18 0.75
0.16 0.70
0.14 0.65
0.12 0.60
0.10 0.55
0.02 0.41
0.00 0.39
Carbon Steel 4 mm
Graph Results
z [-] u t [m/s]
0.79 0.38
(£-£sb)/(1"£sb) Dh = 36.5 mm
Carbon Steel 3 mm
Graph Results
z [-] u, [m/s]
0.80 0.29
(£-SSb)/(1-Ssb) Dh = 36.5 mm
:[(s-eSB)/(l-sSB)]
-uc C-15
Liquid: Sugar solution 60 vvt% Appendix C
Us £
[m/s] [-]
0.39 0.95
0.34 0.90
0.30 0.85
0.27 0.80
0.24 0.75
0.21 0.70
0.19 0.65
0.16 0.60
0.13 0.55
0.03 0.41
0.00 0.39
Lead 2.9 mm
Graph Results
2 [-] ut [m/s]
0.79 0.38
(£*£sb)/(1*£sb) Dh = 36.5 mm
us £
[m/s] [-]
0.45 0.90
0.41 0.86
0.37 0.82
0.32 0.76
0.28 0.71
0.25 0.66
0.22 0.61
0.17 0.5 5
0.05 0.43
0.00 0.40
Lead 4 mm
(£*£sb)/(1"£sb)
Graph Results
2 [-3 ut [m/s]
0.78 0.49
Dh = 40 mm
u s £
[m/s] [-]
0.37 0.92
0.34 0.90
0.30 0.85
0.27 0.80
0.24 0.75
0.20 0.67
0.16 0.60
0.09 0.50
0.03 0.42
0.00 0.40
S. Steel 3.7 mm
0.01 0.1
(£"£sb)/(1 _£sb)
Graph Results
2 [-] u, [m/s]
0.80 0.38
Dh = 40 mm
:[(£*£sb)/(1'esb)]
=US C-16
Liquid: Aqueous CMC solution
Solid: Aluminum 3*3 mm
Appendix C
Us [m/s] 
0.07
s [-]
0.95
0.92
CMC 1 >vt% 1
0.06 y = 0..0748x l2762 0.10.05 0.87 Graph Results
0.04 0.78 1 0.01 f z H ut [m/s]
0.02 0.60 1 0.001 1.28 0.070.0004 0.42
0.00010.00 0.41 0.01 0.1
(E"sSl))/(l*eSB)
Us [m/s] 
0.08
s l-J
0.92 CMC 0.8 wt% 1
0.07 0.87 y = 0.0912x11042
0.06 0.82 0.1 Graph Results |
0.05 0.76
0.01
z ut [m/s] |
0.04 0.70 1.10 0.09 1
0.03 0.63 0.0010.02
0.001
0.00
0.55
0.42
0.41
0.01 0.1
(e-esu)/(1*esb)
1
Us [m/s] £[-] CMC 0.6 wt%
0.10
0.09
0.93
0.89 y = 0.1046X0'9721 0.10.08 0.86 es' Graph Results
0.07 0.82 - 0.01 z u, [m/s]0.06 0.77 0.97 0.11
0.05 0.70 0.001
L0.040.002
0.00
0.62
0.42
0.41
0.01 0.1
(e-esb)/(1-esb)
us [m/s] £H CMC 0.4 wt% 1
0.1
0.12
0.11
0.92
0.89
r\ i oi n 0.9274y = 0.1319x
0.10 0.86 a Graph Results
0.09 0.81 0.01 z ut [m/s]
0.07 0.72
0.001
1
0.93 0.13
0.05
0.003
0.00
0.61
0.42
0.41
0.01 0.1
(e-esb)/(1‘esb)
us [m/s]
0.16
0.14
e l-J
0.93
0.88
CMC 0.2 >vt%
y = 0.1743x°'92270.13 0.84 0.1 Graph Results
0.10 0.75 ES
0.01
z ut [m/s]
0.09 0.70 0.92 0.17
0.07 0.61
0.0010.004
0.00
0.42
0.41 0.01 0.1
(e *esu )/(l*EsiO
x=[(e-sSB)/(l-sSB)]
y=us C-17 Dh = 36.5 mm
Liquid: Aqueous CMC solution
Solid: Brass 3*3 mm
Appendix C
Us
0.21 
0.18 
0.16 
0.14 
0.12 
0.10 
0.08 
0.002 
0.00 
us [m/s]
0.27
0.25
0.22
0.19
0.17
0.14
0.10
0.005
0.00
e [-]
0.93
0.91
0.87
0.82
0.75
0.69
0.61
0.42
0.41
0.94
0.92
0.88
0.83
0.78
0.69
0.59
0.42
0.41
CMC 1 wt%
(e'eSb)/(1'eSb)
CMC 0.8 wt%
0.01
us [m/s] el-J
0.32 0.95
0.29 0.91
0.25 0.86
0.22 0.80
0.18 0.70
0.14 0.60
0.10 0.53
0.008 0.42
0.00 0.41
0.1
(£-£sij)/(1 -£sb)
CMC 0.6 wt%
(e*8sb)/(1*eSb)
Us [m/s] e L-]
0.39 0.95
0.36 0.93
0.31 0.87
0.26 0.80
0.23 0.74
0.21 0.69
0.18 0.63
0.12 0.54
0.012 0.42
0.00 0.41
CMC 0.4 \vt%
(E‘Es n ) /( t_Es»)
us [m/s] e L-J
0.49 0.95
0.45 0.92
0.39 0.86
0.34 0.80
0.30 0.74
0.26 0.66
0.17 0.55
0.025 0.42
0.00 0.41
CMC 0.2 wt%
Graph Results
z ut [m/s]
1.15 0.23
Graph Results
0.99
ut [m/s]
0.29
Graph Results
z ut [m/s]
6.9 0.35
Graph Results
z ut [m/s]
0.85 0.4
Graph Results
z ut [m/s]
0.73 0.48
(e'esb)/(1*esb)
=[(s‘ssb)/(1_ssb)]
=US C-18
Dh = 36.5 m
Liquid: Aqueous CMC solution
Solid: Stainless Steel 3*3 mm
Appendix C
Us [m/s] s  H
0.2 0.95
0.17 0.92
0.15 0.88
0.12 0.8
0.08 0.66
0.06 0.56
0.04 0.5
0.002 0.42
0 0.41
Us [m/s] s [ -j
0.26 0.95
0.22 0.9
0.19 0.85
0.15 0.75
0.13 0.7
0.11 0.65
0.08 0.55
0.06 0.5
0.004 0.42
0 0.41
us Lm/sj 8 l-J
0.32 0.95
0.3 0.93
0.27 0.9
0.24 0.85
0.15 0.65
0.13 0.6
0.11 0.55
0.09 0.5
0.006 0.42
0 0.41
Us [m/s] s  [-]
0.37 0.93
0.3 0.85
0.26 0.8
0.2 0.7
0.18 0.65
0.16 0.61
0.14 0.56
0.11 0.5
0.01 0.42
0 0.41
u s [m/s] s [ -]
0.45 0.95
0.4 0.91
0.36 0.85
0.33 0.8
0.24 0.65
0.21 0.6
0.18 0.55
0.14 0.5
0.02 0.42
0 0.41
CMC 1 wt%
(E-Esu)/(1-Esis)
CMC 0.8 wt%
(E‘ESu)/(l‘ESlj)
CMC 0.6 wt%
(E'ESll)/(l'ESIt)
CMC 0.4 wt%
(e‘esh)/(1'esii)
CMC 0.2 vvt%
(E'Esi})/(l*Esn)
Graph Results
z ut [m/s]
0.75 0.47
Graph Results
z ut Lm/s]
0.87 0.4
Graph Results
z u, [m/s]
0.94 0.35
Graph Results
z ut [m/sj
1 0.28
Graph Results
z ut [m/s]
1.1 0.22
x=[(e-eSB)/(l-8 SB)]
y=«s C-19
Dh = 36.5 mm
Liquid: Aqueous CMC solution
Solid: Carbon Steel 3 mm
Appendix C
Us [m/s]
0.16
0.14
e  [-]
0.93
0.90
CMC 1 \vt%
1
y = 0.1964X1'2349 :
0.10 0.80 0.1 Graph Results
0.07 0.68 3
0.01
z ut [m/s]
0.05 0.59 j 1.15 0.23
0.04 0.50 ............................. : 0.0010.001
0.00
0.40
0.39 0.01 0.1 1(£-£sb)/(1-esb)
Us [m/s] 
0.24
e L-J 
0.94 CMC 0.8 wt% 1
0.21
0.18
0.91
0.87
y = 0.2454-x1-0443 j
0.1
0.16 0.83 i Graph Results
0.13 0.76 0.01 = z ut [m/s]0.11 0.69 \ 1.04 0.25
0.09
0.08
0.06
0.003
0.00
0.64
0.58
0.50
0.40
0.39
'■ 0.001
0.01 0.1 1
(£-£sb)/(1-£sb)
us [m/s] 
0.33
s L-J 
0.95
CMC 0.6 wt%
0.28 0.92 y = 0.301x0-9552 .
0.24 0.87 0.1 Graph Results
0.20 0.81 s' z ut [m/s]
0.17 0.76
0.01 
0 001
0.96 0.3
0.15
0.13
0.11
0.08
0.006
0.00
0.71
0.66
0.61
0.53
0.40
0.39
0.01 0.1
(£-£sb)/(1-£sb)
1
us [m/s]
0.37
0.34
£ l-J
0.94
0.92
CMC 0.4 wt% 1
y = 0 .3508x0-8736
0.10.28 0.86 Graph Results
0.21 0.77
s
0.01
z ut [m/s]
0.15 0.66 0.87 0.35
0.13 0.60 n om
0.09
0.01
0.00
0.51
0.40
0.39
0.01 0.1
(£-£su)/(1-£sb)
1
lis [m/s] e l-J
0.46 0.95
0.41 0.92
0.37 0.88
0.30 0.79
0.23 0.69
0.19 0.61
0.12 0.50
0.02 0.40
0.00 0.39
CMC 0.2 wt%
| Graph Results
| z ut [m/s]
[ 0.75 0.43
(£-£sb)/(1-£sb)
-[(s-Ssb)/(1_6sb)] Dh = 36.5 mm
C-20
Liquid: Aqueous CMC solution
Solid: Carbon Steel 4 mm
Appendix C
lls [m/s]
0.20
0.18
£[■]
0.96
0.92
i CMC 1 wt% 1
y = 0.2204X1,1071 i
0.10.16 0.88 Graph Results
0.13 0.81 0.01 z ut [m/s]
0.10 0.72 1.11 0.22
0.07 0.60 ^ t .............  .................* 0.001
0.05
0.002
0.00
0.50
0.41
0.40
0.01 0.1 1 
(e"esn)/(l’Esu)
Us [m/s] 
0.28
E l-J
0.95
CMC 0.8 wt%
0.26
0.24
0.92
0.88
y = 0.3032x°'920S
0.1
0.20 0.81 Graph Results
0.17 0.76
0.0F z ut [m/s]0.15 0.70 0.92 0.3
0.12
0.10
0.08
0.01
0.00
0.63
0.55
0.50
0.41
0.40
0.001
10.01 0.1
(e-esh)/(1-esij)
Us [m/s] 
0.36
e [-J
0.95 CMC 0.6 wt% 1
0.33 0.92
y = 0.3589x°-8558
0.31 0.90 Graph Results
0.27 0.86
0.1 J
z ut [m/s]
0.24 0.81 0.86 0.36
0.21
0.17
0.14
0.10
0.01
0.00
0.75
0.68
0.60
0.50
0.41
0.40
0.01
I0.01 0.1
(e-esii)/(1*esh)
us [m/s]
0.43
0.39
8 [-]
0.95
0.91
CMC 0.4 wt% 1
y = 0.4323xa7S2
0.34 0.85 Graph Results
0.28 0.78 0.1 = z ut [m/s]
0.23 0.70 0.78 0.43
0.18
0.15
0.60
0.55 0 01
0.12
0.02
0.00
0.50
0.41
0.40
0.01 0.1
(e'esb)/(1-esb)
1
us [m/s]
0.54
0.48
e L-J
0.96
0.92
CMC 0.2 wt% 1
y = 0.555 lx 0-767
0.45 0.88 Graph Results |
0.38 0.80 : 0.1 3 z ut [m/s] |
0.32 0.70 0.77 0.56 1
0.25
0.17
0.04
0.00
0.60
0.50
0.42
0.40
0.01
0.01 0.1
(e-esuV(1*esh)
—[(e"esb)/(I"esb)]
=us C-21 = 36.5 mm
Liquid: Aqueous CMC solution
Solid: Lead 2.9 mm
Appendix C
u s [m/s] £[-]
0.22 0.95
0.20 0.92
0.17 0.87
0.13 0.79
0.10 0.69
0.07 0.60
0.05 0.50
0.002 0.40
0 0.39
(e'Esn)/(l'esij)
lls [m/s] 8 [-J
0.31 0.95
0.26 0.90
0.22 0.85
0.17 0.75
0.13 0.67
0.11 0.60
0.09 0.55
0.07 0.50
0.005 0.40
0 0.39
Us [m/s] e[-j
0.37 0.94
0.34 0.91
0.30 0.87
0.27 0.83
0.22 0.76
0.19 0.70
0.16 0.65
0.12 0.56
0.09 0.50
0.009 0.40
0 0.39
CMC 0.8 \vt%
(e-Esis)/(l-Ssn)
CMC 0.6 wt%
(e"eSlj)/(i"eSn)
Us [m/s] 8 [-J
0.45 0.95
0.40 0.90
0.34 0.85
0.26 0.75
0.21 0.65
0.16 0.57
0.12 0.50
0.016 0.41
0.00 0.39
CMC 0.4 wt%
(e"esb)/(J-*esh)
Us [m/s] .....e l-]
0.59 0.95
0.52 0.91
0.45 0.86
0.37 0.78
0.31 0.69
0.26 0.62
0.22 0.57
0.17 0.5
0.034 0.41
0 0.39
CMC 0.2 wt%
(e'esb)/(1'ssb)
G raph Results
z ut [m/s]
1 0.89 0.46
G raph Results
z ut [m/s]
0.9 0.37
G raph Results
z u t [m/s]
0.82 0.58
G raph Results
z u t [m/s]
1.14 0.24
G raph Results
z u t [m/s]
0.99 0.32
-[(£*ssb)/(1'ssb)1
=US C-22 Dh = 36.5 mm
Liquid: Aqueous CMC solution
Solid: Lead 4 mm
Appendix C
Us [m/s] £[-]
0.20 0.94
0.18 0.91
0.15 0.85
0.14 0.81
0.11 0.72
0.09 0.64
0.07 0.56
0.003 0.41
0.00 0.40
Us [m/s] £[-]
0.30 0.94
0.27 0.89
0.23 0.80
0.19 0.71
0.15 0.62
0.10 0.52
0.009 0.41
0.00 0.40
Us |m/s| £ IT
0.44 0.94
0.39 0.89
0.34 0.83
0.30 0.78
0.25 0.70
0.20 0.62
0.16 0.55
0.12 0.50
0.016 0.41
0 0.40
(s'ssb)/(1~esb)
CMC 0.8 wt%
(£-£sb)/(1-£sb)
CMC 0.6 \vt%
(e-£sbV(1-esb)
Graph Results
z u, [m/s]
1.03 0.22
Graph Results
z u, [m/s]
0.87 0.34
Graph Results
z u, [m/s]
0.81 0.46
us [m/s] 8 [-|
0.55 0.94
0.51 0.90
0.46 0.85
0.42 0.80
0.37 0.75
0.32 0.68
0.27 0.60
0.21 0.53
0.027 0.41
0.00 0.40
Us [m/sj £ M
0.66 0.94
0.61 0.91
0.57 0.87
0.53 0.83
0.47 0.76
0.40 0.68
0.34 0.61
0.30 0.55
0.25 0.50
0.056 0.42
0.00 0.40
CMC 0.4 vvt%
(£-£sb)/(1"£sb)
CMC 0.2 vvt%
Graph Results
z ut [m/s]
0.74 0.58
Graph Results
z ut [m/s]
0.71 0.71
(6-Esb)/(1-£Sb)
X—[(S-Ssb)/(Lesb)]
y=us C-23 Dh = 40 mm
Liquid: Aqueous CMC solution
Solid: Stainles Steel 2*2 mm
Appendix C
Us [m/s]
0.08
0.07
s [-]
0.91
0.87
CMC 1 wt% 1
y = 0.1074x13534 \ 0.10.06 0.80 Graph Results
0.05 0.73 1 0.01 s z [-] ut [m/s]
0.03 0.60 1 0.001 1.35 0.110.0004 0.41
0.0001
1
0.00 0.40 0.01 0.1
(e-Ssb)/(1-£sb)
Us [m/s] E H CMC 0.8 wt% 1
0.12
0.11
0.93
0.89
y = 0.1555xL215S
0.1
0.09 0.80 3 Graph Results
0.06 0.61 :0.01 z u, [m/s]
0.001 0.41
0.001 1.22 0.160.00 0.40 0.01 0.1
(£-£sbV(1-£sb)
1
us [m/s] EH CMC 0.6 wt%
0.17
0.15
0.95
0.89
y = 0.199x10021
A 0.10.14 0.85 3 Graph Results
0.09 0.66 0.01 z u, [m/s]
0.06 0.54
0.001
L
1.00 0.20
0.003
0.00
0.41
0.40 0.01 0.1(£-£sb)/(1'£sb)
Us [m/s] EH CMC 0.4 wt% 1
0.22
0.20
0.94
0.90 y = 0.2601X09423 i 0.1
0.17 0.80 3 Graph Results
0.14 0.70 i 0.01 z ut [m/s]
0.08 0.53 0.001 0.94 0.260.005
0
0.41
0.40 0.01 0.1(£-£sb)/(1*£sb)
Us [m/s]
0.29
0.26
s l-J
0.93
0.88
CMC 0.2 wt% J
y = 0.3567x°'8198
0.22 0.76 Graph Results
0.19 0.66 ; 0.1 3 z ut [m/s]
0.16 0.59 0.82 0.36
0.12
0.01
0.00
0.52
0.41
0.40
0.01
0.01 0.1
(e"esis)/(l‘esu)
X=[(s-8Sb)/(1-8sb)]
y=us C-24 Dh = 40 mm
Liquid: Aqueous CMC solution
Solid: Stainles Steel 3.7 mm
Appendix C
Us [m/s]
0.17
0.15
0.14
EH
0.93
0.90
0.86
CMC 1 wt% 1
y = 0.1863x°'9991 j
0.1
0.11 0.77 : 3 Graph Results
0.08 0.67 I 0.01 z ut [m/s]
0.07 0.61
0.001
1 0.19
0.05
0.003
0.00
0.54
0.41
.0.40
0. 81
(E-Esu)/(1-Ss»)
Us [m/s] 
0.23
E [-J
0.93 CMC 0.8 wt% J[
0.21 0.90 y = 0.2536x°'8993 J
0.18 0.83 0.1 Graph Results
0.13 0.71 : 3 1 z ut [m/s]
0.10 0.60 ] 0.01 0.9 0.25
0.06
0.006
0.00
0.50
0.41
0.40
0.001
0.01 0.1
(s"eSn)/(l'BSu)
lis [m/s]
0.28
0.25
.... £ L-J....
0.93
0.88
CMC 0.6 wt %
1
y = 0.3144X0'8778
0.21 0.80 0.1 Graph Results
0.16 0.70 3 z ut [m/s]
0.11 0.58 0.01 0.88 0.31
0.08
0.008
0.50
0.41
0.001
10.00 0.40 0.01 0.1
(s*eSI})/(l*eSu)
Us [m/s]
0.37
0.35
£ l-J 
0.94 
0.91
CMC 0.4 wt% 1
y = 0.4048x°'7929 :
0.32 0.86 Graph Results
0.28 0.79 \ 0.13 z ut [m/s]
0.23 0.70 0.79 0.4
0.18
0.11
0.61
0.50 0.01
0.015
0
0.41
0.40
0.01 0.1
(e-esu)/ (±-Ssb)
Us [m/s] 
0.52
" E H  
0.94 CMC 0.2 wt% 1
0.48 0.91 y = 0.5289x°'667 J*
0.43 0.85 Graph Results
0.39 0.80
0.1 s'
z ut [m/s]
0.36 0.75 0.67 0.53
0.32
0.28
0.22
0.69
0.64
0.56 0.01
10.17
0.034
0.00
0.50
0.41
0.40
0.01 0.1
(e"sSI})/(l-eSB)
;-[(e'eSB)/(l*eSB)]
=US C-25 Dh = 40 mm
Liquid: Aqueous CMC solution
Solid: Tantalum 4*4 mm
Appendix C
Us [m/s]
0.68
0.63
0.57
Us [m/s] £ [-]
0.31 0.95
0.28 0.92
0.25 0.86
0.22 0.8
0.16 0.7
0.11 0.59
0.01 0.42
0 0.41
u s [m/s] £ l-T
0.47 0.94
0.44 0.91
0.4 0.87
0.34 0.8
0.32 0.76
0.28 0.7
0.25 0.65
0.19 0.57
0.02 0.42
0 0.41
(£"£sb)/(1*£sb)
CMC 0.8 wt%
(£-esb)/(1'£sb)
us Lm/sJ ..... r t - r
0.59 0.94
0.56 0.91
0.54 0.89
0.5 0.85
0.38 0.72
0.34 0.67
0.29 0.62
0.22 0.55
0.03 0.42
0 0.41
CMC 0.6 wt%
(£‘£sb)/(1-£sb)
"u t
0.94
0.89
0.83
CMC 0.4 wt%
0.54 0.8
0.5 0.75
0.4 0.63
0.34 0.58
0.25 0.53
0.05 0.42
0 0.41
lls [m/s] £ l-J
0.91 0.95
0.88 0.93
0.85 0.91
0.76 0.85
0.73 0.82
0.67 0.77
0.55 0.67
0.43 0.58
0.09 0.43
0 0.41
(£‘esb)/(1*£sb)
CMC 0.2 wt%
0.01 0.1
(£-£sb)/(1"£sb)
Graph Results
z ut [m/s]
0.98 0.33
Graph Results
z ut [m/s]
0.65 0.94
Graph Results
z ut [m/s]
0.77 0.63
Graph Results
z ut [m/s]
0.82 0.5
Graph Results
z ut [m/s]
0.67 0.73
[^(S'SsbI/CI-^Sb)]
=us C-26
Dh = 40 mm
A p p e n d i x
D
M e a s u r e d  H e a t  T r a n s f e r  C o e f f i c i e n t
I n
Newtonian and non-Newtonian
Liquid-Solid Fluidized Bed
Appendix D
Single Phase Flow
Liquid: Pure Water
Us TAs T b a exp
[ Ill/s ] DC] r c ] [W/m2 K]
0.36 60.0 39.7 2646
0.44 56.6 39.6 3119
0.50 55.0 39.7 3495
0.61 52.6 39.9 4108
0.72 50.8 40.0 4767
0.90 48.7 40.0 5752
1.05 48.0 40.3 6501
1.24 46.9 40.5 7421
1.43 45.9 40.3 8381
1.75 45.0 40.5 10050
H I w j (  A);.. I a p l  8 H I B  i
0.45 74.7 60.6 3734
0.50 73.6 60.7 4054
0.66 70.4 60.5 5124
0.S5 68.0 60.1 6295
1.05 66.8 60.4 7473
1.20 66.6 60.9 8314
1.36 65.2 60.3 9290
1.45 65.3 60.8 9944
1.60 64.6 60.5 10722
Ifalr.Uw.Jlv- .m r n m . . _ iBSSHS
0.36 96.2 80.8 3408
0.65 89.5 80.6 5578
0.76 88.2 80.4 6352
0.84 87.5 80.3 6871
0.95 86.4 80.1 7597
1.25 84.5 79.8 9483
1.35 84.0 79.6 10063
1.54 83.2 79.5 11155
n 1 m s vfa-
Us [m/s]
D-l
Appendix D
Single Phase Flow
Liquid : Sugar solution 20 wt%
Us TAs T b rt'exp
[ m/s ] r c ] [ UC ] [W/m- K]
0.57 67.0 40.0 2021
0.77 60.5 40.1 2624
0.84 59.0 40.3 2854
0.94 57.8 40.6 3099
1.12 54.6 40.4 3701
1.15 53.8 39.8 3759
1.31 52.3 39.7 4145
1.44 51.6 40.2 4530
1.54 51.0 40.4 4828
1.65 50.8 40.7 5028
[ Li,: . LL l'u-. ... ~  1
0.51 84.8 59.5 2151
0.63 80.0 59.3 2597
0.76 77.5 60.0 3054
0.85 76.6 60.1 3226
0.96 74.6 60.7 3719
1.16 72.0 60.4 4357
1.25 70.8 59.8 4682
1.32 70.1 59.6 4812
1.42 68.8 59.0 5245
1.56 68.5 59.5 5586
1.70 68.2 60.0 6010
[ 8 S 1 8 M I1— I
0.45 104.6 80.7 "2252
0.58 99.6 80.6 2799
0.65 98.6 80.7 2987
0.79 95.7 80.5 3472
0.85 94.5 80.4 3710
0.98 93.0 80.3 4133
1.18 91.0 80.2 4765
1.32 89.7 80.2 5220
1.45 89.0 80.2 5715
1.66 88.0 80.1 6343
1 " I \  ^ § i
Us [m/s]
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Appendix D
Single Phase Flow
Liquid : Sugar solution 40 wt%
Us Ts Tb O'exp
[ ni/s ] E C ] E C ] [W/m2 IC]
0.53 100.2 40.0 927
0.75 81.6 39.9 1324
0.88 75.5 40.0 1544
1.25 65.7 40.3 2144
1.42 63.3 40.8 2405
1.55 60.7 39.9 2586
1.68 58.8 39.4 2770
EEEvj
0.52 " 104.0 * 59.6 1248
0.65 96.0 59.4 1505
0.82 88.7 59.0 1846
0.93 84.5 59.1 2144
1.15 81.4 60.5 2582
1.34 78.8 60.7 2949
1.56 75.9 60.1 3353
1.70 74.2 59.5 3594
. ■ i i i  . |
0.75 106.“ 80.4 2121
0.86 103.2 80.6 2372
1.03 99.5 80.4 2824
1.21 96.8 80.3 3225
1.36 95.2 80.2 3528
1.47 94.2 80.4 3798
1.66 93.2 80.9 4220
1.75 92.4 80.7 4435
B B M I I
Us [m/s]
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Appendix D
Single Phase Flow
Liquid : Sugar solution 60 wt%
Us TAs T b
[ in/s ] r c ] [-C] [W/m2 K]
1.20 92.8 40.1 1057
1.34 90.0 40.3 1118
1.45 86.3 40.0 1200
1.55 83.0 39.8 1280
1.68 80.3 40.2 1380
1.76 78.2 40.4 1460
1.85 76.7 40.9 1540
[ S H f K 'l/V .G -
1.05 107.5 60.0 1165
1.25 101.0 60.4 1366
1.36 97.9 60.0 1459
1.57 93.8 60.4 1649
1.68 91.5 60.0 1750
1.75 90.6 60.5 1825
1.85 88.9 59.9 1901
• *; * ■ ■ ■ m m m
1.35 109.2 80.6 1912
1.50 106.5 80.5 2089
1.65 105.0 80.5 2210
1.75 104.0 80.5 2310
1.85 101.6 80.0 2470
1.96 101.0 80.4 2570
I
Us [m/s]
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Appendix D
Solid : Aluminum 3*3 mm ( dpe = 3.43 mm)
Liquid: Pure Water
aexp
[m /s] r c ] D C ] [ - ] [W/m2 IC]
0.05 51 .9 40 .5 0 .46 4541
0.1 49.1 40 .8 0 .56 5887
0.13 48.1 40 .3 0 .62 6200
0.14 47 .8 40.1 0 .64 6370
0.17 47 .5 39 .7 0 .70 6521
0.21 47 .6 39 .8 0 .79 6387 S
0.25 48 39 .6 0 .87 5919 r,£
0.28 49 39 .6 0 .9 4 5370 i
0.29 51 .6 39 .7 0 .9 7 4423 a
0.3 53 .4 39 .8 0 .99 3841
m u is
.... m u  ■ |
0.07 70 61 0.51 5740
0.11 69.2 61 .8 0 .58 6370
0.14 67.1 60 .6 0 .6 4 6730
0.18 66 .7 59 .8 0 .72 7120
0.21 69 61 0 .78 6682
0.24 68.1 59 .6 0 .85 6160
0.27 68 .5 59 .4 0 .92 5740
0.29 71 .4 60 .4 0 .9 6 4800
0.3 74 59 .7 0 .98 3930
— BMtoMii -•i. j
0.1 87 .2 79 .7 ?d .56 6060
0.14 86 .5 79.2 0 .64 6520
0.15 86.1 79.1 0 .66 6760
0.17 88 81.2 0 .70 7228 S
0.19 87 .8 80 .8 0 .7 4 7330 M£*>
0.24 88.5 80 .6 0 .85 6598
0.26 88.2 79 .5 0 .89 6160
0.28 88 79 .6 0 .94 5740
0.29 90 .5 79 .5 0 .96 5100
0.3 93 .5 80.5 0 .99 4220
9000
7000
5000
3000
1000
ATb=80 
a Tb=60 
© Tb=40
0.1
9000
7000
5000
3000
1000
0.4
ATb=80 
n Tb=60 
©Tb=40
0.5
0.2 
Us [m/s]
0.3 0.4
a A
A
0.6 0.7
E[-]
0.8 0.9
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Appendix D
Solid : Aluminum 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution ( 20 wt% )
Us
[m /s]
T s
E C ]
T b
E C ]
s
[ - ]
C^ exp 
[W/m2 K]
0.06 53 .8 4 U ~ 75.51 3774
0.08 51 .5 39 .3 0 .55 4130
0.11 51 .2 40 0.61 4400
0.13 51 .5 40 .5 0.65 4650
0.16 51 .4 40 .5 0 .72 4668
0.2 53 .2 40 .7 0.81 4124
0.23 56 .7 40 .5 0 .89 3342
0.24 30.1 41 0.91 2911
0.25 61 .7 40 .6 0 .94 2629
0.26 64 .2 40 .5 0 .97 2320
.• ' f
, .7—„ .— _ ,
0.09 ' 7 E 6 60 .6 0.56 4520
0.11 71.2 61 0.60 4820
0.14 69 .5 59 .7 0 .66 5000
0.18 69 .2 59 .7 0 .75 5450
0.19 70 .4 59 .7 0 .77 4836
0.21 71 .4 59 .8 0.82 4528
0.24 74.1 60 0 .89 3764
0.26 77 .6 60 0 .94 3040
0.27 81 .3 60 0 .97 2555
H S H  i , 1 | j
0.1 90 .5 80.1 0.57 5060
0.12 89 .6 80 .8 0.61 5270
0.14 90 .2 80 .9 0 .66 5510
0.15 89 .4 79.5 0.68 5440
0.16 87 .6 79.1 0.70 5650
0.17 87 .7 79 .2 0.72 5900
0.18 88 .2 79 .6 0.74 6036
0.22 89 .3 79 .5 0.83 5400
0.25 91 .8 79 .8 0.91 4460
0.28 95.1 79 .7 0.98 3360s I
7000 
6000 
_  5000S  £^ 4000 
^ 3000 
2000 
1000
0 0.05 0.1 0.15 0.2 0.25 0.3
us [m/s]
7000 
6000 
5000
Sri
J. 4000 
a 3000 
2000 
1000
0.4 0.5 0.6 0.7 0.8 0.9 1
S [-]
ATb=80 
raTb=60 
©Tb=40
A A aEi ^
ATb=80 
n Tb=60 
•  Tb=40
i ■ i i i i i i i. i t i i—i .i i i i  i
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Appendix D
Solid : Aluminum 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution ( 40 wt% )
Us
[m/s]
TAs
r c ]
T b
[ X ]
8
[ - ]
^exp
[W/in2 K]
0.04 6 4 ^ “ 40.9 6.45 2300
0.07 59 .8 40.8 0.57 2760
0.1 57 .7 40.3 0.65 2960
0.12 58 .6 40.9 0.71 3013
0.13 59 .9 41.2 0.74 2925
0.16 62 .9 40.6 0.83 2459
0.18 69.5 39.9 0.89 1848
[ ' • . .
0.05 78.6 60 .2 0.50 2900
0.08 76.1 60 .6 0 .57 3370
0.11 74.2 60.1 0 .64 3630
0.14 74 .8 60.2 0 .72 3780
0.18 79.1 60.1 0 .83 2830
0.2 85 60.3 0.89 2190
0.22 95 60.5 0.95 1600
....I7r- I S * iaasiti# ■ S M B S
0.05 96.8 80.6 0.50 3300
0.09 94 .8 80.6 0.58 3740
0.11 92 .6 79.5 0.63 3890
0.15 93.2 80.2 0.72 4091
0.16 93 .5 79.6 0.75 3900
0.17 93 .8 79.5 0.77 3670
0.19 95 .3 79.3 0.83 3390
0.21 98 .4 79.2 0.88 2870
0.23 100.5 79.2 0.94 2400
S K S I - • |
Us [m/s]
s [-]
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Appendix D
Solid : Aluminum 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution ( 60 wt% )
exp 
[W/m2 K]
N£
1786 E
1987 
2071 
2220
1988 
1816 
1612
Us [m/s]
E
a
£ [-]
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Appendix D
Solid : Brass 3*3 mm ( dpe -  3.43 mm)
Liquid: Pure Water
Us TAS T b 8 £^exp
[ m/s ] ( “C ] t “C ] [ - ] [W/m2 K]
0.17 45.9 39.9 d.52 7570
0.27 45.3 40.4 0.61 8840
0.31 44.8 40 0.65 9390
0.34 45.1 40.2 0 .67 9790
0.4 46 .4 41.2 0.73 9440
0.45 47.3 41 .6 0.78 9300
0.47 46.5 41.2 0.80 9000
0.51 45.2 40.5 0 .84 8850
0.58 46.2 40.1 0.92 7770
0.61 47.5 40.6 0.95 7280
0.63 48.6 41.2 0 .97 6980
0.65 48.5 41.3 0 .99 6640
r (
0.19 '6 5 .6 60.5 0 .54 8969
0.26 64.7 60.8 0.60 10330
0.31 64.2 60.3 0.65 10900
0.34 65 60.9 0.68 11600
0.38 65.4 61 0.72 11600
0.41 65.2 61.1 0.75 11300
0.45 64.9 60.5 0.79 10960
0.54 65.4 60.7 0.88 10100
0.61 66 60.6 0.96 8800
 ^ v • v •
0.22 83.1 79.5 0 .57 10800
0.31 83 79.6 0.65 12460
0.39 83.8 79.8 0.73 13370
0.51 83.4 80.1 0.86 11800
0.61 85.6 80.3 0.97 9440
0.63 86 80.4 0.99 8920
L . m . • -‘.i || -• . |%).■ ‘ ' i
Us [m/s]
15000
13000 A
A
Ei El A11000 A ■ 0
9000 a
©
# © © a A
7000 © ©
5000
ATb=80
3000 » Tb=60
1000
© Tb=40 — i----1----1----<----1----1----1__ i__
0.4 0.5 0.6 0.7 0.8 0.9 1
S [-]
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Appendix D
Solid : Brass 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution (20 wt% )
Us TAs T b 8 a  exp
[m /s] [ X ] [ X ] [ - 1 [W/m2 K]
0.1 5b 4b 0 .47 5120
0.17 48 41.1 0 .53 6440
0.22 47.9 41.3 0 .57 6850
0.27 47.2 40 .6 0 .62 7212
0.35 47 40 .4 0 .69 7710
0.41 47.2 39 .8 0 .75 7340
0.46 46 .9 39 .7 0.81 7000
0.53 49.5 40 .2 0 .88 6000
0.6 51.8 40 .4 0 .96 4910
0.63 58 .4 40 .7 0 .99 4430
I l S S t
0.12 67.9 5 9 .9 '" 0 .49 6350
0.15 66.2 59 .6 0.51 6840
0.21 66.6 60 0 .56 7600
0.27 65 .2 60.1 0 .62 8360
0.32 66 .2 60 .7 0 .66 8950
0.37 66.4 60.9 0.71 9440
0.4 66.5 61.1 0 .74 9250
0.44 66.8 61 0 .79 8900
0.49 65 59 0.84 8510
0.54 66 59 .5 0 .89 7670
0.6 67.5 60 0 .96 63407* fa" < Wr ■ ’* . “ vir.fa •[*!
0.11 87 80 .7 0.48 6940
0.16 86.4 80 .6 0 .52 8070
0.22 85.1 80 .7 0 .57 8850
0.27 85.2 80 .5 0 .62 9600
0.33 75.1 80 .4 0 .68 10620
0.4 84.8 80 .3 0 .75 10720
0.44 84.8 80 .2 0 .79 10480
0.5 85 80 .2 0 .85 9640
0.55 85 .4 80.2 0.91 8800
0.6 86 .4 80.1 0 .97 7770
i  m W M U S SB S SS S i . ' ULLL i
us [m/s]
"e
a
0.4 0.5 0.6 0.7 
S [-]
0.8 0.9
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Appendix D
Solid : Brass 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution (40 wt% )
Tb 8 EteXp
[ m/s ] E C ] E C ] [ - ]  [W/m2 K]
0.18 52 3^ .4
0.21 51 .8 39 .9 0 .5 9 4500
0.29 50 .9 40 .8 0 .6 7 5070
0.39 50.1 40 .3 0 .79 5260
0.44 52 40 0 .85 4380
0.49 55 39 .9 0.91 3570
0.53 58 40 0 .9 6 2980
L ' 1 f l i m iim m l l
0.17 70.1 ' 59 .5 0 .5 4 4770
0.22 69.8 60.1 0 .5 9 5450
0.33 68 .5 60 .7 0 .7 0 6400
0.41 68 .2 60 .5 0 .78 6540
0.46 68 .6 59.1 0 .8 4 5480
0.51 70 59 0.90 4820
0.55 72 .6 59 .4 0 .9 4 4000
0.57 75 .8 59 .6 0 .9 7 3400
1..........  i '•-Y • 1
0.12 91 80.7 0 .49 5150
0.2 89.1 80 .9 0 .5 6 6330
0.3 87.2 80 .4 0 .6 6 7300
0.35 86.8 80 .2 0.71 7740
0.41 86.9 80.3 0 .7 7 7270
0.46 87 80.4 0 .83 6710
0.49 88.1 80 .6 0 .86 6400
0.52 89.3 80.4 0 .90 5680
0.55 90.8 80 .5 0 .9 3 5130
0.59 94 .6 80 .6 0 .98 3910
' ■ V ' ; J
lls [m/s]
S [-]
Appendix D
Solid : Brass 3*3 mm ( dpe = 3.43 mm)
Liquid ; Sugar solution ( 60 wt% )
Us TAs T b 8 E^ exp
[ m /s ] [ X ] [ X ] [ - 1 [W/m2 K]
0.11 bb.4 4b .3 "T T sF - " 2630
0.15 57 .3 40 0 .64 3030
0.2 55 .4 39 .8 0 .73 3460
0.24 55 .2 40 .2 0.81 3600
0.29 58 .6 40 .4 0.90 3000
0.31 62 40 .9 0.94 2540
0.33 66 .5 40.1 0.98 2080
: ■' • : c -:y:
0.12 77 .5 59 .9 • -- .5 5 3000 '
0.16 75.1 60 .5 0.60 3760
0.23 71 .2 60 0 .70 4720
0.28 71.1 60 .4 0 .77 4920
0.31 71 .6 60 0.82 4450
0.35 75.1 60 .4 0.88 3660
0.37 76 .2 60 0.92 3340
0.41 80 .2 60 .6 0.98 2750
S____ 1 T: - X  M.. u. ,
0.14 93 .5 80 .4 0.55 4070
0.2 90 .2 80 0.62 5050
0.23 90 .4 80 .5 0 .65 5510
0.29 89.1 80 .5 0.73 5970
0.32 90 .2 80 .5 0.77 5540
0.37 91 80 .6 0 .84 4850
0.43 94.1 80 .6 0.92 4020
P . 1  ’ • - f&g Is s e !  .
7000
6000
5000
M
4000£
a 3000 
2000 
1000
ATb=80 
a Tb=60 
© Tb=40
El ©
0.1 0.2 0.3
Us [m/s]
0.4 0.5
B [-]
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Appendix D
L i q u i d : P u r e  W a t e r
Solid : Stainless steel 3*3 mm ( dpe = 3.43 mm)
Us TAs Tb 8 rtexp
[m/s] r c ] r c ] [ - ] [W/m2 K]
0.2 45.8 dd.5 —0T56 7450
0.23 46.2 40.3 0.58 8140
0.26 45.1 39.7 0.61 8490
0.3 45.4 40.1 0.65 8962
0.34 44.9 39.8 0.69 9390
0.37 45.6 40.2 0.72 9340
0.43 46.1 40.2 0.78 9050
0.5 46.1 40.1 0.85 8560
0.6 47.5 39.8 0.96 6800
j . ' •'
—  r ,.T r,\.i .............. ....  .<
0.21 65.1 60.4 0.57 8890
0.24 64.8 60.3 0.59 9520
0.25 64 59.9 0.60 10000
0.28 64.5 60 0.63 10330
0.3 64.1 60.1 0.65 10800
0.35 64.4 60.6 0.70 11070
0.38 63.5 60 0.73 10960
0.4 64.5 60.7 0.75 10848
0.46 64.5 60.2 0.82 10500
0.5 64.8 60.2 0.86 10040
0.55 65.8 60.5 0.92 9240
0.58 66.4 60.8 0.95 8660
0.6 66.3 60.5 0.97 8090
■ M l ’’ .
0.23 83 79.4 0.59 11050
0.27 83.2 79.5 0.63 11731
0.31 83.1 79.7 0.67 12287
0.36 83.3 80.2 0.72 13031
0.4 83.9 80.5 0.76 12660
0.45 84.4 80.7 0.81 12260
0.48 84.5 80.5 0.85 11800
0.51 84.6 80.2 0.88 11410
0.56 84.8 80.3 0.94 10360
0.6 86 80.5 0.98 8720
U s [m/s]
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Appendix D
L i q u i d  : S u g a r  s o l u t i o n  (  2 0  wt% )
Solid : Stainless steel 3*3 mm ( dpe = 3.43 mm)
Us TAs T b 8 OteXp
[m/s] E C ] E C ] [ - ] [W/m2 K]
0.06 46.4 6.45 4940
0.1 50.1 40.9 0.48 5240
0.14 49.5 40.9 0.51 6050
0.2 47.2 40 0.56 6510
0.27 46.2 39.4 0.63 6970
0.35 46.4 39.9 0.71 7400
0.38 47.2 40.2 0.74 7200
0.4 47.8 40.4 0.76 7050
0.45 48 40.8 0.82 6710
0.54 49.6 40.2 0.92 5600
0.56 49.6 39.5 0.94 5130
0.59 51.4 39.8 0.98 4540
■ i
0.12 68.4 60 0.49 6200
0.17 66.4 60 0.54 7130
0.23 65.2 60 0.59 8000
0.3 65.4 60 0.66 8700
0.35 65.8 60 0.71 9100
0.4 65.7 60.2 0.76 9000
0.42 66.1 60.5 0.78 8610
0.47 67 60.6 0.84 8160
0.53 70 60.7 0.91 7200
0.6 69.1 60 0.99 5800
V -cY, •• v,' ii 1
0.1 87.4 79.7 0.48 6710
0.18 85.1 79.8 0.55 8200
0.26 84.1 79.6 0.62 9280
0.34 84.2 79.4 0.70 10670
0.38 84.3 79.4 0.74 10430
0.44 84.4 79.5 0.81 10030
0.46 84.8 79.4 0.83 9490
0.51 86.4 80.3 0.89 8660
0.55 86.5 80.2 0.94 7870
0.6 88 80.2 0.99 6800
■ ■ M M i
13000  
11000 
„  9000w
j |  7000  
d  5000  
3000  
1000
0 0.2 0.4 0.6 0.8
Us [m/s]
13000 r—   ----------------------------------------------------------------------
11000 :: • a  A
A
9000 1 A  B a AC7 ■ . a Q A
«  : A  "  m  a
5  7000 1 A m  ©  @  ^  a  ,>: A © © i lft •
a 5000 : %:   ©
; A T b = 8 0
3000 - q Tb=60
• •  Tb=401000 t n~:--i I li 1---1--- ,--- 1--- ,---1--- ,---
0.4 0.5 0.6 0.7 0.8 0.9 1
E [-]
■ A
1 A B Q
:
 .
A A
° o  
a A
 ®  ®Q  _ a
© 0 
@
b=80
oTb=60
•  b=40
— —— <- - — * i........ . i .
ATb=80 
nTb=60 
•  Tb=40
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Appendix D
Solid: Stainless steel 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution ( 40 wt% )
Us
[ m /s ]
TAs
r c ]
T b
[ ~ C ]
8
[-]
^exp
[W/m2 K]
0.16 5 3 .5 4 0 .0 0.55 4030
0.2 52.1 40.6 0.59 4310
0.24 51.6 40.4 0.63 4660
0.28 51 40.9 0.68 4940
0.32 50.6 40.3 0.73 5200
0.36 51.5 40.3 0.77 4760
0.4 53.3 40.9 0.82 4216
0.44 54.1 40.2 0.87 3650
0.48 58 40.9 0.93 3127
0.52 60.8 40.5 0.98 2648
• ii&l 1
0.16 71.'8 60 0.54 4480
0.2 70.5 60.1 0.58 5040
0.25 69.2 60.6 0.63 5670
0.29 68.4 60.4 0.67 6086
0.34 68.3 60.5 0.73 6282
0.38 68.3 59.8 0.77 5858
0.41 68.2 59.4 0.81 5654
0.43 69.2 60 0.83 5200
0.49 72.2 60.5 0.90 4374
0.54 76.6 60.1 0.96 3230
f.\ M M
" 0.18 87.2 80 **0.55 % 5200
0.2 88.6 80 0.57 6000
0.25 87.2 80 0.62 6540
0.31 86.6 79.9 0.68 7060
0.35 87 80.1 0.73 7440
0.4 87.4 80.2 0.78 6710
0.45 88.6 80.2 0.84 6136
0.49 88.9 79.4 0.89 5470
0.52 90.3 79.6 0.92 4660
0.56 94 79.6 0.97 3820
m m s i
9000
7000
¥
- I  5000  
£
a
3000
1000
U s [m/s]
n
E
I
a
e [-]
D -15
Appendix D
Solid: Stainless steel 3*3 mm ( dpe = 3.43 mm)
Liquid : Sugar solution ( 60 wt% )
Us TAs T b 8 E^ exp
[ m/s] r c ] [ X ] [ - ] [W/m2 K]
0.1 62.4 45.7 " T T r r 2480
0.12 60.3 40 0.61 2690
0.14 59.3 40.5 0.64 2900
0.18 56.6 40.3 0.72 3250
0.22 55.4 40 0.80 3410
0.25 56.5 40 0.86 3160
0.26 58.9 40.6 0.88 2980
0.29 64.5 40.7 0.94 2310
0.3 64.6 40 0.96 2210
0.31 68.3 40.3 0.98 1970
! B B M ...... .... i M... Q15
75.6 60.5 0.60 3520
0.17 73.5 60.4 0.63 3910
0.21 71.5 59.8 0.69 4480
0.25 71.6 60.8 0.75 4670
0.29 73 59.8 0.81 4000
0.33 76.1 60.3 0.88 3400
0.36 78.5 60.6 0.93 3000
0.39 81.5 60 0.98 2560
M i! ! !
0.14 93.2 79.5 0.55 3870
0.18 91 79.7 0.60 4620
0.22 90.6 80 0.66 5110
0.29 89.8 79.8 0.75 5400
0.35 91.5 79.8 0.84 4560
0.38 92.6 79.9 0.88 4160
0.4 93.6 80 0.91 3900
0.42 95.8 80.3 0.94 3500
0.44 96.7 80.1 0.97 3270
j j f l  |J !
us [m/s]
S [-]
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Appendix D
Solid : Glass ( dp = 4 mm )
L i q u i d : P u r e  W a t e r
US Tx s T b 8 ^exp
[ m /s ] E C ] E C ] [ - ] [W /m 2 K ]
0.1 4  6.1 40 0 .55 5490
0.13 47.3 39.7 0.60 6260
0.15 47.8 40.2 0 .6 4 6730
0.18 46.6 39 .9 0.70 7363
0.21 47.3 40.4 0 .76 6890
0.24 48 40.2 0 .82 6292
0.26 49.1 39.8 0 .86 5441
0.28 53 40.8 0.91 4350
0.31 56.4 40.5 0 .97 3365
•... m m m M m
0.12 67.1 59.8 0 .58 6600
0.16 66.5 60.1 0.66 7270
0.2 66.7 60.4 0 .74 7684
0.23 66.3 59.3 0 .80 7160
0.26 67.5 60.3 0 .86 6600
0.27 68.6 60.3 0 .88 6016
0.29 70.4 60.8 0 .93 5500
\
0.16 86/4 ' 8 0 . 5 ^ 0 .66 7930
0.19 86.2 80.6 0.72 8440
0.21 85.6 80.1 0.76 8770
0.26 86.5 80.2 0 .87 7920
0.28 87.8 80.5 0.91 6840
0.3 88.6 80.1 0 .96 5970
0.31 91.1 80.3 0 .98 4740
f e U i g M  ' SS3SK&M
U s [m/s]
E El
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Appendix D
Solid : Glass ( dp -4 mm )
Liquid : Sugar solution ( 20 wt% )
Us TA s T b 8 E^ exp
[ m/s ] r e ] [ X ] [ - ] [W/m2 K ]
0.06 57.1 66 .2 0 .46 3000
0.09 54.3 39 .8 0.55 3600
0.11 52.5 40 0 .58 4040
0.14 52.6 39 .9 0 .64 4280
0.16 51 .4 40 0.69 4460
0.19 51 .5 40 .2 0.75 4550
0.21 53 .2 40 .6 0.80 4200
0.23 53.8 40 .5 0 .84 3900
0.25 54.1 40.1 0 .89 3690
0.26 56.2 40 .4 0.91 3270
0.27 58 40 .5 0 .94 3030
0.29 61.2 40 .6 0 .98 2600
B l U i 1  H  . .
0.12 70 59.3 0 .60 4820
0.17 69 .6 60 0.70 5330
0.2 69.8 60.4 0.76 5450
0.22 71 60.5 0.81 4910
0.26 72 60.4 0.90 4430
0.28 74.5 60.5 0 .94 3750
0.3 77.2 60 .7 0 .99 3180
\T , : <  • 1 fM tlia
~ 0.09 9 2 79.3 0 .54 4160
0.15 89.2 79.9 0 .66 5400
0.19 88.5 79 .7 0 .74 5840
0.21 87.9 79.4 0.78 5960
0.23 89.2 79 .9 0.83 5510
0.25 89.6 79 .6 0.87 5120
0.27 90.5 79.4 0 .92 4760
0.28 91 79.3 0 .94 4400
0.3 92.8 79 .4 0.99 3960
B 9 H I . . . . . .
Us [m/s]
7000
6000
5000
5
:§  4000  £
3  3000
2000
1000
ATb=80 
a Tb=60 
©Tb=40
0.4 0.5 0.6 0.7 
S [-]
0.8 0.9
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Appendix D
Solid : Glass ( dp = 4 mm )
Liquid : Sugar solution ( 40 wt% )
U s TAs Tb 8 (1^exp
[ m/s ] r c j [ “C] [ - ] [W /m2 K]
0.07 66.5 46.7 0754 2100
0.09 64.9 40 .7 0.59 2250
0.12 62 .6 40 .4 0.67 2460
0.15 61.8 40.7 0.75 2580
0.16 63.4 40.6 0.77 2378
0.18 66.5 40.6 0.83 2134
0.19 71 .6 40.8 0.86 1800
0.2 77.3 40.9 0.88 1530
0.22 85.4 40.8 0.94 12411§11I|g|
0.08 84.5 60.6 0.55 2250
0.1 82.4 60.3 0.59 2450
0.11 80 59.4 0.61 2640
0.14 79.2 60.3 0.68 2860
0.16 77.5 59.9 0 .73 3008
0.17 78.8 60.3 0 .76 2860
0.19 80.3 60.8 0.81 2710
0.21 84.5 60.9 0.86 2291
0.22 87.6 60.5 0.89 2003
0.24 98 60.7 0.94 1470
m u m i ,r >
0.11 97 .2 80.5 0.60  ' 3070
0.14 96 .2 80.7 0.67 3400
0.16 95.1 80.6 0.71 3600
0.17 95.1 80.8 0.74 3740
0/19 95.7 80.7 0.78 3518
0.2 97.2 80.8 0.81 3210
0.22 99.4 80.6 0.86 2855
0.24 103.8 80.7 0.91 2310
SBpflpI ' M M M m T _  j
4000
3500
3000
2500
£
S 2000 
1500 
1000
ATb=80 A
a Tb=60
MS
. A A
®Tb=40 A
A
A a
a r a  A
a £2©a ©
5 ® B A
: © © El
©
© m
©
i i . t  -i—i—i . i - . i ■ i ■ ■ ■ ■ i ■ . .L -1..L . 1 1 1_ L .
0.05 0.1 0.15 0.2
Us [m/s]
0.25 0.3
4000 
3500 
3000 
2500 t
ATb=S0 
a Tb=60 
•  Tb=40
an a A a
£
« 2000
1500
1000
El ©
0.4 0.5 0.6 0.7
e H
0.8
a A
Q
0.9
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Appendix D
Solid : Glass ( dp -4 mm )
Liquid : Sugar solution ( 60 wt% )
Us
[ n i / s ;
T s
E C ]
T b
E C ]
8
[ - ]
^exp
[W/m2 K]
0.06 72 40.6 0.67 1760
0.08 68.2 40.5 0.77 1983
0.09 66.8 40.6 0.82 2080
0.1 66.5 40 0.87 2049
0 .1 1 68.5 39.6 0.92 1910
0.12 70.9 39.8 0.97 1766
i l l l I H N I
.\:7%';v; r j
0.08 85 60 0.67 2190
0.09 84.1 60 0.71 2270
0.1 82 60.5 0.75 2530
0.12 80.4 60.5 0.83 2640
0.13 83.1 60.6 0.87 2430
0.14 85.2 60.3 0.91 2230
0.15 87.2 60 0.95 1990
1 S T ?
0.08 102.5 80.5 0.62 2400
0.09 100 80 0.65 2600
0 .1 1 99.2 80 0.72 2770
0.13 98.6 80 0.78 2840
0.15 99.5 79.8 0.85 2610
0.17 103.1 79.6 0.92 2310
r1 M S I M i
3000  
2600  
Sf 2200Ms
I  
8
1800
1400
1000
Us [m/s]
e [-]
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Appendix D
Solid : Carbon steel ( dp = 3 mm )
L i q u i d : P u r e  W a t e r
Us TAs T b 8 E e^xp
[ m/s ] [ X ] [ X ] [ - ] [YV/m2 K]
0.25 4 6 .6
_ 0 . 5
G W 7800
0.35 45.5 40.2 0.70 8817
0.4 45 40 0.75 9150
0.48 45.6 40 0.84 8660
0.52 46 40 0.89 8000
0.59 47 40 0 .97 7051
s m
0.28 65 60 0.63 8960
0.32 65.1 60.2 0.67 9447
0.35 64.6 60 0.70 9780
0.41 63.8 59.2 0.77 10430
0.46 64.5 60 0.82 10180
0.5 64.5 60 0.87 9840
0.55 65.3 60 0.93 8800
0.57 65.6 60 0.95 8160
K l i M P f f l m m
0.26 84 80 0.61 9860
0.292 84.6 80.7 0.65 10600
0.34 84.5 80.5 0.70 11250
0.41 84 80.2 0.77 12050
0.451 84.1 80 0.82 11760
0.5 84.2 80 0.88 11200
0.55 85 80.5 0.94 10016
0.58 85.5 80.6 0 .97 8800
B H H
E
ca a
A
11000 A  A
A  g
A  El Q A
9000
■ © @ ©  Et A
© ©  n
7000 ©
5000
A T b = 8 0
3000 a Tb=60
® T b = 4 0
1000 __L — 1— 1— 1— J— 1— 1— 1— 1—J__1__1__l— J__
0 0.2 0.4  0.6 0.8
U s [m/s]
s H
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Appendix D
Solid : Carbon steel ( dp = 3 mm )
Liquid : Sugar solution ( 20 wt% )
Us TAs T b 8 E e^xp
[ >n /s; E C ] E C ] [ ~ ] [W /m2 K ]
0.15 46.5 66.3 6.51 5350
0.22 47.3 39.7 0.58 6200
0.28 46.8 39.9 0.64 6930
0.37 47.4 40.7 0.74 7650
0.42 47.2 40.5 0.80 6750
0.45 48.3 40.6 0.83 6270
0.49 48.1 39.5 0.88 5900
0.51 48.3 39.6 0.91 5530
0.53 48.3 39.1 0.93 5240
0.58 50.2 39.6 0.99 4720
[-%' H '' . 1  § 1 1 !  U t  1
0.13 69.2 60.8 0.49 6000
0.2 65.6 59.3 0.56 7470
0.28 66.3 60.7 0.64 8200
0.32 64.3 59.2 0.68 8770
0.39 64.5 59.4 0.76 8850
0.42 65.2 59.5 0.79 8400
0.46 65.7 59.6 0.84 8000
0.48 66 60 0.86 7573
0.5 66.7 60 0.89 7200
0.55 68.3 60.3 0.95 6270
0.58 70 60.5 0.99 5570
-I |  "“ " I
0.12 87.4 79.8 0.48 6430
0.16 86.2 79.5 0.52 7230
0.22 85.3 79.4 0.58 8360
0.3 84 79.3 0.66 9440
0.4 84.1 79.1 0.77 10400
0.47 84.4 79.3 0.85 9000
0.53 86 80.1 0.93 7870
0.58 87.3 80.1 0.99 6650
. . .  — . . . •-.’■J. K ' j|
U s [m/s]
11000
9000
s 7000
E
j*
5000
3000
1000
A
A
! m □ A
A  □ a
© %  A
: a  a e  
\  ©
©
a
© a
A
© & □
------ 1------ 1----- J____1____1____L.----- 1------ L_
A  Tb=80 
a Tb=60 
© Tb=40
€
0.4 0.5 0.6 0.7 
8 [-]
0.8 0.9
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Appendix D
Solid : Carbon steel ( dp = 3 mm )
Liquid : Sugar solution ( 40 wt°7c )
Us
[ m/s ]
TA S
r c ]
T b
r c ]
8
[~ ]
•^exp
[W/m2 K]
0.11 66.1 40.5 0.50 2770
0.14 58.6 40.4 0.53 2950
0.19 55.4 40.3 0.59 3420
0.24 54.6 40.3 0.65 3730
0.29 53.2 40 0.71 4000
0.35 52.6 40.4 0.79 4180
0.38 55.7 40.6 0.83 3480
0.4 57.6 40.5 0.86 3130
0.43 60.5 40.4 0.90 2700
0.45 63.5 40.3 0.93 2340
0.47 71.5 40.3 0.95 1770
0.48 76.3 40.4 0.97 1540
‘ I i
0.11 76.5 60.1 0.49 3260
0.16 73.6 59.7 0.54 3820
0.21 72.5 60.2 0.59 4310
0.29 70.8 60 0.68 4800
0.36 70.5 60.5 0.77 5030
0.38 71.4 60 0.79 4670
0.42 72.4 59.8 0.84 4120
0.45 74.2 60.1 0.88 3760
0.48 77.3 60.5 0.92 3180
0.52 81.2 60.5 0.97 2630
■ ■ I t .....1 1  a m , I.......... i m  i
0.12 92.5 80.1 0.49 4130
0.14 92.3 80.5 0.51 4420
0.18 91 80.4 0.55 4870
0.24 89.3 80.3 0.61 5640
0.31 88.2 80.5 0.69 6540
0.34 87.8 80.2 0.73 6720
0.37 88.1 80 0.76 6313
0.42 89.3 80 0.82 5310
0.457 90.2 80 0.87 5010
0.48 92 80 0.90 4280
0.52 95 80.2 0.95 3580
8000  
7000  
6000  
^  5000s
E 4000 
a
3000
2000
1000
A T b = 8 0  
a Tb =60  
® T b = 4 0 A
©
0.1 0.2 0.3 0.4
Us [m/s]
0.5 0.6
B H
Appendix D
Solid : Carbon steel ( dp = 3 mm )
Liquid : Sugar solution ( 60 wt% )
Us
[m /s]
TAs
[ X ]
T b
[ X ]
s
[ - ]
E^ exp 
[W /m 2 K ]
0.1 63.4 4b.6 0.56 2380
0.14 58.9 40.2 0.67 2880
0.2 56.2 40 0.80 3230
0.23 58.1 40.2 0.86 2950
0.25 61.2 40.3 0.91 2580
0.27 65.6 40.4 0.95 2163
/ Z i X » 1 w ' 1 11 .
0.12 79.2 60.5 0.56 2900
0.16 74.3 60 0.63 3710
0.22 72.3 60.4 0.73 4451
0.24 73.1 60.7 0.77 4150
0.27 75.1 60.9 0.82 3680
0.31 77.2 60.5 0.89 3180
0.35 81.3 60.4 0.97 2600
' A  ’ " m m m . : • ■: ■
0.14 94.8 80.4 0.56 3710
0.17 92 80.1 0.60 4380
0.2 90.8 80.1 0.64 4860
0.25 90.2 80.5 0.72 5115
0.28 91 80.5 0.76 4905
0.32 92.2 80.5 0.83 4420
0.36 94.3 80.5 0.89 3830
0.41 97.5 80.6 0.97 3100
Us [m/s]
S H
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Appendix D
Solid : Carbon steel ( dp -4 mm )
L i q u i d : P u r e  W a t e r
U s TAs Tb s CL^exp
[ m/s ] r c ] r c i [ - 3 [W /m2 K]
0.29 45.2 39.8 0.63 8600
0.36 44.7 3 9 .7 0 .70 9393
0.41 44.3 39 .6 0 .75 9771
0.47 44.8 39 .9 0 .82 9513
0.54 45.9 40 .4 0 .89 8600
0.57 46.7 40 .9 0.93 7910
0.6 46 .9 40.5 0 .96 7410
0.62 48 .5 40 .8 0.98 6580
, tJihZlLXLvml.-*...  I f
0.34 65.1 60 .6 0 .6 9 9870
0.38 64.8 60.5 0 .73 10380
0.42 64.3 60.4 0 .77 10809
0.48 64.2 60.1 0 .84 10450
0.53 64.7 60.4 0 .89 10000
0.55 65.2 60 .6 0.91 9570
0.58 65.4 60.1 0 .95 9019
0.6 65 .9 60.2 0 .97 8400
0.28 84 .7 80.8 0.63 10600
0.31 84.1 80.4 0 .66 11140
0.35 83.8 80.3 0.70 11860
0.42 84.3 80.6 0.78 12535
0.49 83.9 80 .3 0.86 11920
0.53 84.3 80 .4 0 .90 11290
0.56 84.8 80 .3 0 .94 10402
0.58 85 80 .2 0 .96 9750
_ _  _  . . .  - - j
liii
Us [m/s]
sH
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Appendix D
Solid : Carbon steel ( dp = 4 mm )
L i q u i d  : S u g a r  s o l u t i o n  (  2 0  w t %  )
U s TA s T b S ^exp
[ m/s ] E C ] E C ] [ - ] [W/m2 K ]
0.15 46.6 40.3 0 7 5 T " 5480
0.26 47 .8 40.6 0.61 6780
0.31 47 .5 40.9 0.66 7340
0.37 46 .5 40.7 0.72 7960
0.4 47 .6 40.9 0.75 7370
0.44 48 40.9 0 .80 6940
0.49 4 7 .3 40.7 0 .85 6426
0.54 4 9 .5 40.9 0.91 5630
0.56 50.5 40.8 0.93 5190
0.6 52 40.8 0 .98 4591
... ..
lllliiMi : ;
0.13 68 .5 60 " 5910
0.2 66 .5 60.8 0.56 7910
0.31 65.3 60.1 0 .66 9010
0.38 65.2 60.2 0 .73 9400
0.42 65.5 60 0 .78 9070
0.45 65.1 59.5 0.81 8650
0.51 65.5 59.5 0 .88 8090
0.54 66.1 59.7 0.91 7455
0.56 67.3 60 0.93 6568
0.6 6 9 60.3 0.98 5688
:v ' 7TI 
, . . ...M i n
0.12 88 80.4 0 .49 6530
0.17 86.5 80.2 0.53 7720
0.24 85.6 80.2 0.60 8710
0.29 85 80.4 0.65 10020
0.4 84.5 80.2 0 .76 10950
0.44 84.5 80.1 0.81 10450
0.47 84.8 80.1 0.84 9750
0.49 84.9 79.9 0 .86 9330
0.56 85 79.9 0 .94 8520
0.58 85 .4 79.9 0 .97 7960
0.59 86.1 79.9 0.98 7513
0.6 87.6 80.1 0.99 6840
g g g S l g l ■ ■ ’ i ' *
u s [m/s]
13000
11000
A Tb=80  
a Tb=60  
© Tb=40
A A
tf
s
I
a
9000
7000 :
5000 :
3000 :
1000
0.4 0.5 0.6 0.7
S [-]
0.8 0.9
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Appendix D
Solid : Carbon steel ( dp =4 mm )
Liquid : Sugar solution ( 40 wt% )
U s
[ m /s]
TA s
r c ]
T b
r a
£
[ - ]
rt'CXp 
[W/m2 K]
0.13 57 40.2 0.5 "I 3150
0.18 55.2 40.5 0.56 3560
0.22 53.2 40 0.60 3930
0.3 52.5 40.3 0.68 4283
0.34 52.3 40.4 0.73 4440
0.37 53.5 40.5 0.76 4110
0.4 53.4 40 0.80 3891
0.44 55.2 40 0.85 3493
0.48 58.1 40.3 0.90 3008
0.51 62.1 40.8 0.93 2522
0.54 68.3 40.2 0.97 2070
a ■
' :
0.12 75.2 60.1 0.49 3494
0.15 73.4 60 0.52 3850
0.18 71.5 60.2 0.55 4440
0.24 71.4 60.7 0.61 4780
0.28 69.3 60 0.65 5200
0.35 68.7 59.5 0.72 5480
0.38 69.8 59.7 0.76 5200
0.42 70.6 60.3 0.80 4890
0.48 72.5 60.4 0.87 4260
0.53 74.8 60 0.93 3570
0.56 77.6 60.4 0.97 3100
’ft' ft Tft 7 - / -
W T W . . .......
0.15 91.8 80.5 0.52 4560
0.16 90.6 80.6 0.53 5040
0.22 89.3 80.5 0.58 5800
0.29 87.5 80.3 0.65 6780
0.35 87.2 80.4 0.72 7080
0.39 87.9 80.4 0.76 6710
0.4 88 80.5 0.77 6400
0.43 88.5 80 0.81 6080
0.46 89.6 80.2 0.84 5600
0.51 91.6 80.7 0.90 4940
0.57 95.3 80.4 0.97 3480
§f • • ............ . ..... •.... ■ 1
u s [m/s]
s  H
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Appendix D
Solid: Carbon steel ( dp ~ 4 mm )
Liquid : Sugar solution ( 60 wt% )
Us TAs T b 8 E^ exp
[ m/s ] [ X ] [ X ] [ - ] [W/m2 K]
0.14 ” 5 0 40 O L B T 2880
0.19 56.2 40.2 0.70 3340
0.24 55.3 40.7 0.79 3580
0.26 56.2 40.5 0.83 3400
0.28 57.3 40.7 0.87 3230
0.3 59 40.5 0.91 2890
0.33 64.6 40.8 0.96 2290
M U M f
0.13 77.4 59.8 0.55 3043
0.17 73.2 59.9 0.61 3930
0.21 71.3 59.8 0.66 4490
0.25 71.9 60.8 0.72 4910
0.28 71.3 60.4 0.76 4700
0.32 72.8 60.7 0.83 4260
0.34 74.2 60.8 0.86 3980
0.36 74.8 60.2 0.89 3650
0.4 77.6 60.5 0.95 3150
■ ■ ■ ■ ■ ■ •* ilr. .... . ■ ■ ■
0.14 93.5 80.9 0.54 4120
0.18 90.1 80.2 0.59 4910
0.23 89.3 80.1 0.65 5430
0.29 89.3 80.5 0.72 5840
0.32 90.3 80.7 0.76 5400
0.35 101 90.8 0.81 5000
0.37 91 80.2 0.83 4710
0.41 92.6 80.5 0.89 4290
0.45 94.3 80.7 0.95 3840
E S S / : M gWHO! -Li.
. r** ■
. x x x Z j
us [m/s]
8 H
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Appendix D
Solid : Lead ( dp = 2.9 mm )
Liquid: Pure Water
Us TAs Tb 8 ^cxp
[ m/s ] r c ] r c i [ - ] [W /m 2 KJ
0.12 50 40.8 (Tf^r 5390
0.17 47.3 40.3 0.50 7120
0.26 45 40 0.56 8660
0.35 45.2 40.2 0.63 9458
0.43 45 40.7 0.70 10196
0.49 44.4 40 0.75 10120
0.57 47 42 0 .83 9840
0.6 45.7 40.6 0 .85 9240
0.68 46 40.6 0.93 8070
0.72 45.7 39.5 0 .97 7300
0.74 48.6 40 0.99 5811
l.k . \ *...... ’___ •..1'.  . ......'
0.12 68 60 0.46 6250
0.18 65.7 60.5 0.50 8000
0.24 64.5 59.8 0.55 9550
0.31 64 59.5 0.60 10110
0.38 63.7 59.8 0.66 10936
0.44 63.1 59.5 0.71 11680
0.51 64 60 0.78 11160
0.56 64.3 60 0.82 10900
0.61 65 60.6 0.87 10580
0.68 64.5 60 0.94 9420
0.71 65 60 0.97 8840
0.73 67.3 60.4 0.99 7120
E S  I E /I f lk L L v ’;W l l l l l
0.12 86/2 " ^ 7 9 . 3 " 0 .46 6890
0.18 85.3 80 0.51 8520
0.22 84.2 80 0.54 9810
0.31 84.3 80.5 0.61 11000
0.37 84.2 80.5 0 .66 12000
0.41 84 80.5 0.69 12580
0.44 83.7 80.5 0.72 13160
0.48 84 80.5 0.76 12800
0.53 83.6 80 0.80 12520
0.58 83.8 80 0.85 12400
0.64 84 80 0.91 11350
0.67 84 80 0.94 10710
0.69 84.3 80 0.96 10130
0.71 85 80.5 0.98 9470
U s [m/s]
15000
13000
11000
9000
7000
5000
3000
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Appendix D
Solid : Lead ( dp - 2.9 mm )
Liquid : Sugar solution ( 20 wt% )
U s Txs Tb E a exp
[ ni/s ] E C ] E C ] [ - ] [W /m 2 K ]
0.14 4^.6 40.4 0 .4 § 5370
0.21 48.2 40.3 0 .53 6330
0.31 47.2 40.2 0.61 7030
0.39 46.3 40.1 0 .68 7740
0.46 45.4 39.6 0 .74 8110
0.54 46.3 39.6 0 .82 7280
0.59 46.8 39.4 0 .87 6630
0.61 47.8 39.9 0 .89 6200
0.64 49 40.2 0 .92 5760
0.68 50.2 40.1 0 .96 5000
0.7 52.3 40.5 0 .98 4400
i' <E /E E |
' 0.13 68.4 59.5 0 .47 5611
0.17 66.5 59.5 0 .50 6680
0.28 65.9 59.9 0 .59 8290
0.4 64.8 60 0 .69 9400
0.47 64.3 59.9 0.75 9790
0.54 65.4 60 0.82 8960
0.59 65.8 60.2 0 .86 8520
0.63 66.3 60.5 0.90 7800
0.67 68 60.9 0 .94 6750
0.7 68.1 60.1 0 .97 5970
PiSIIll® f l y  MSMS
* 0.14 89.3 80.7 0 .4 8 5920
0.16 87.3 80.2 0 .49 6930
0.25 85.2 80.1 0.56 8630
0.37 83.9 79.7 0.66 10560
0.48 83.5 79 .4 0 .76 11260
0.55 83.6 79.2 0.83 10400
0.61 85.1 80.1 0 .89 9490
0.66 85.7 80.1 0.94 8800
0.67 85.6 80.2 0.95 8240
0.69 86.2 79.8 0.97 7740
0.7 86.3 80 0 .98 7240
L.~ . ■ B l i l i l S l i l l l t M
Us [m/s]
S [-]
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Appendix D
Solid : Lead ( dp = 2.9 mm )
L iq u id  : S u g a r  solu tion  ( 40 wt% )
Us TAS T b 8 EQxp
[ m/s ] r c ] [ X ] [ - ] [W /m 2 K ]
0.16 56.5 4077 0.51 3340
0.22 54.3 40.8 0 .5 7 3750
0.28 53.2 40.7 0 .6 2 4160
0.36 52.3 40.8 0 .70 4450
0.43 51.6 40.7 0 .7 7 4610
0.47 53.4 40.8 0 .82 4080
0.51 54.3 40 0 .86 3670
0.56 57.6 40 0 .9 2 3100
0.58 59.8 40.3 0 .9 4 2770
0.61 64.6 40.7 0 .97 2270
" * , j
0.21 71.5 59 .9 0 .54 4600
0.28 71.6 60.8 0 .60 4940
0.37 69.5 60.3 0 .69 5460
0.43 69.3 60.4 0 .7 5 5680
0.47 70.5 60.8 0 .78 5200
0.51 71.6 60.7 0 .83 4890
0.55 71.6 59.9 0 .87 4450
0.58 74.3 60.6 0 .90 3930
0.62 76.3 60.3 0 .94 3340
0.65 80.1 60.7 0 .9 7 2800
IM M IHHI 5 i i' *
0.19 89.3 79.4*" " 0 .52 5180
0.25 88.6 80.2 0 .57 5970
0.31 87.8 80.3 0 .62 6600
0.35 87.5 80.4 0 .6 6 6950
0.45 87.2 80.5 0 .75 7380
0.5 87.3 80.5 0.80 6890
0.55 89 80.7 0 .85 6070
0.6 90.5 80.7 0 .90 5250
0.62 81.6 70.5 0 .92 4690
0.66 93 .6 80.2 0 .97 3840
8B 881881B B M H 1  i g t t l i S i l i i i
8000
7000
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A
A
s o o o  :
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£  4000
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3000
2000
1000
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ATb=80 
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0.6 0.8
8000
7000
6000
^  5000  -5
t L  4000
a
3000
2000
1000
ATb=80
h Tb=60 A A
9 Tb=40 A ^A
A AB
: A  ^ Aa A8  ^ A: H © © m A@ ©: € © A: © ©@ a
1 1 *
©
-1--l___i--»--1--1--_,_L__
0.4 0.5 0.6 0.7
e H
0.8 0.9 1
D-31
Appendix D
Solid : Lead ( dp = 2.9 mm )
L iq u id  : Su g a r solution ( 60 wt% )
Us TAs Tb e ^exp
[m /s] r c ] r c i [ - ] [W/m2 K]
0.12 62.5 4b 0.56 2500
0.16 58.3 40.3 0.63 3020
0.22 55.3 40 0.72 3520
0.28 53.6 40 0.83 3770
0.3 55.4 40 0.86 3460
0.34 59.7 40 0.93 2720
0.35 62.5 40.6 0.95 2460
0.36 64.5 40 0.97 2180
| - B M H i W
0.15"" 76.5 60 0.55 3230
0.2 71.1 59.2 0.62 4250
0.23 71.6 60.3 0.66 4720
0.3 69.3 60 0.75 5160
0.36 72 60.5 0.84 4500
0.4 74.6 60.8 0.89 3840
0.45 78.6 60 0.97 2932
BMilfli _  |.
0.15 93.6 80.3 0.53 3930
0.19 91.1 80.3 0.57 4760
0.22 98.7 88.2 0.60 5160
0.25 89.6 80.4 0.63 5620
0.3 88.5 80.5 0.69 5970
0.35 88.3 80.6 0.75 6110
0.39 90.5 80.8 0.80 5420
0.42 91.7 80.9 0.84 5080
0.45 91.6 80 0.88 4650
0.48 92.6 80.2 0.92 4270
0.51 96 80.8 0.95 3500
1111111HSIRi&KN ■  |
7000
6000
5000
4000
A Tb=80  
a Tb=60  
© T b=40
A
£  
a 3000
2000
1000
A
- I— 1__I I 1 I
0.1 0.2 0.3 0.4
us [m/s]
0.5 0.6
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E
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a
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Appendix D
L iq u id  : 0.2 wt% aqueous CM C solution  
Single Phase F low
Us
[ m/s ]
TAs
r c ]
Tb
E C ]
E^exp 
[W /m2 K]
0.25 79.0 39.5 614
0.35 69.3 39.7 812
0.43 64.2 39.6 966
0.53 62.4 39.7 1050
0.64 58.9 39.9 1240
0.76 56.2 40.0 1440
0.90 53.6 40.0 1690
1.03 51.7 40.3 1980
1.16 50.8 40.5 2170
1.00 49.2 40.3 2490
1.56 48.0 40.5 2870
; : .:
o . s T  ' 78.7 50?2 ’ 84 3 '
0.43 71.2 50.4 1136
0.53 67.4 50.1 1356
0.67 64.1 50.2 1657
0.85 62.1 50.2 1910
1.04 59.8 50.0 2270
1.21 59.1 50.4 2520
1.47 57.2 50.5 3160
l i s i s i l g g jig :7 1^ |
0.21 86.1 60.4 930 ”
0.33 80.4 60.4 1180
0.46 76.5 60.4 1440
0.59 72.6 59.8 1780
0.88 69.2 59.9 2389
1.09 67.6 60.1 2872
1.32 66.5 60.3 3391
1.48 65.1 59.6 3737
B B B H I e S l l l i l i l
0.20 89.0 69.5 1200
0.26 86.4 69.6 1400
0.33 83.6 70.0 1700
0.39 82.5 70.0 1812
0.51 80.0 70.2 2269
0.61 79.0 70.3 2500
0.77 77.7 70.4 2930
0.90 77.0 70.4 3240
1.05 76.5 70.7 3560
1.26 74.2 69.5 4180
1.43 73.7 69.4 4570
tSifiSfSSS ; ,
lls [m/s]
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Appendix D
Liquid : 0.2 wt% aqueous CMC solution
Solid : Brass 3*3 ( dpe = 3.43 mm)
Us TA s T b c rtexp
[ m/s ] r c ] r c ] [ - ] [W/m2 K]
0.26 49.4 39.4 0.62 2240
0.32 47.0 40.2 0.68 3110
0.36 46.0 40.3 0.72 3600
0.40 44.2 39.4 0.76 4140
0.45 44.7 40.0 0.80 4280
0.50 45.5 40.2 0.87 3890
0.54 46.4 40.3 0.92 3450
0.58 47.8 39.9 0.96 2770
0.60 50.2 40.1 0.98 2200[ : L r
■ ■ ■ s 1 K 1
0.28 56.0 50.1 0.62* 3550
0.35 54.9 50.5 0.69 4520
0.38 54.0 50.2 0.71 5000
0.42 53.1 49.4 0.75 5710
0.49 54.7 50.0 0.82 5170
0.59 55.8 50.0 0.92 3910
0.65 58.4 50.0 0.98 2600
0.30 65.2 60.7
in M M
0.62 4430
0.38 63.5 60.1 0.69 5600
0.43 63.7 60.7 0.73 6200
0.44 63.3 60.6 0.74 6530
0.53 63.7 60.5 0.82 6170
0.60 64.0 60.0 0.88 5260
0.68 65.9 60.6 0.96 3980
0.70 67.0 59.7 0.98 3530
i. .. .
-1 1 1 - n
l l i i t l l i 1 1 1 ! T 71
0.33 ■ ~ 74.5 *“ 70.4 0.58 4900
0.37 72.5 69.5 0.60 5970
0.44 72.2 69.5 0.65 6570
0.49 72.5 70.1 0.68 7000
0.57 72.4 70.1 0.73 7750
0.65 72.5 69.9 0.79 7270
0.74 72.7 69.5 0.86 6540
0.81 74.1 70.0 0.91 5360
0.90 76.3 71.0 0.98 3800
■ ■ ■ ■ ■ ■ ■ ■ ■ 1
us [m/s]
e  H
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Appendix D
Liquid : 0.2 wt% aqueous CMC solution
Solid : Stainles Steel 3*3 ( dpe = 3.43 mm)
U s TAs Tb 8 Etexp
[ m/s ] r c ] r c ] [ - ] [W/m2 K ]
0.31 48.9 40.3 0.69 3040
0.34 47.3 40.5 0.73 3400
0.38 46.8 40.5 0.76 3670
0.40 46.1 40.3 0.79 3980
0.45 47.2 40.1 0.85 3650
0.51 48.9 40.0 0.91 2880
0.56 50.9 39.8 0.97 2030
i H H B i
11 m
y * 1
0.33 5 6 . r 50.4 0.68 4060
0.36 56.1 50.5 0.71 4400
0.39 55.3 50.5 0.74 4910
0.42 55.0 50.5 0.77 5400
0.46 54.7 50.3 0.82 4830
0.51 56.1 50.4 0.86 4260
0.56 57.0 50.0 0.92 3340
0.61 58.7 49.8 0.98 2460
■ ■ ■
0.33 65.6 60.4 0  6 6 4600
0.38 64.4 60.3 0.71 5130
0.40 63.9 60.2 0.73 5580
0.44 63.7 60.3 0.76 6040
0.49 63.8 60.2 0.81 5750
0.53 64.0 60.1 0.85 5320
0.56 64.6 60.2 0.88 4930
0.59 64.8 59.8 0.92 4540
0.62 65.5 59.9 0.94 4080
0.66 66.6 59.5 0.98 3000
[' ”  ’ i
"0.32 74.3.... 70.2 0.58 4800 ’
0.37 73.5 70.1 0.62 5490
0.42 73.2 70.1 0.65 6170
0.45 73.0 70.2 0.68 6540
0.51 72.6 70.0 0.72 6870
0.57 72.5 70.1 0.76 7310
0.65 72.8 69.9 0.82 6580
0.73 73.5 69.7 0.88 5470
0.81 74.2 69.6 0.94 4320
0.85 75.4 69.7 0.98 3630
U s [m/s]
S [ - ]
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Appendix D
Liquid : 0.2 wt% aqueous CMC solution
Solid : Carbon Steel ( dp - 3 mm)
»s TA S Tb 8 E^-exp
[m /s] EC] r c ] [ - ] [W/m2 K]
0.22 50.9 40.1 0.62 2360
0.28 49.0 40.7 0.68 2730
0.31 47.4 40.2 0.72 3180
0.35 46.4 40.1 0.76 3450
0.38 46.2 40.2 0.80 3840
0.44 47.3 40.2 0.87 3140
0.46 47.9 39.8 0.91 2680
0.50 50.4 40.3 0.95 2200
0.51 52.8 40.5 0.97 1850
i B M I S U M ! 4Mf£ 1
0.24 57.1 51.0 0.61 3200
0.30 54.4 49.2 0.67 3650
0.33 54.6 50.1 0.71 4240
0.39 54.4 49.9 0.78 5180
0.43 55.0 50.2 0.83 4530
0.48 55.4 49.9 0.89 3910
0.52 57.5 50.4 0.94 3000
0.55 59.9 50.2 0.98 2290
' 1 M M  m
0.28 66.1 61.2 0.64 4140
0.33 64.8 60.8 0.68 4860
0.37 64.7 61.0 0.73 5360
0.41 63.6 60.3 0.77 5800
0.48 63.7 60.1 0.84 5270
0.52 64.5 60.4 0.90 4670
0.56 64.4 59.7 0.94 4160
0.58 65.6 59.8 0.96 3550
0.60 68.0 60.7 0.98 2940
W rn. m m i .V  -I
0.34 “ 74.3 70.6" 0.61 5150
0.39 73.4 70.4 0.65 5970
0.44 73.2 70.6 0.70 6530
0.52 72.5 69.9 0.76 7080
0.63 73.1 69.6 0.85 6040
0.70 74.1 69.4 0.91 4630
0.76 76.3 70.1 0.97 3360
tf
I
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8000
6000
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A T b = 6 0  
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Appendix D
Liquid : 0.2 wt% aqueous CMC solution
Solid : Carbon Steel (dp-4 mm)
Us TAs T b e (V'-'•exp
[m /s] [ “C l [ “C ] [ - ]  [W/m K]
0.22 49.6 40.3 0.58 2340
0.36 46.5 40.8 0.71 3430
0.40 45.7 40.9 0.75 4070
0.45 44.2 39.8 0.80 4380
0.51 46.2 41.1 0.87 3960
0.56 46.2 40.2 0.92 3440
0.58 48.0 40.5 0.94 2850
0.60 50.2 40.4 0.96 2270
l i l l t h h u i J
" 0.27 55.7 50.2 0.60 3640
0.38 53.9 50.2 0.70 4800
0.43 53.5 50.2 0.74 5260
0.47 53.3 50.1 0.79 5710
0.55 54.1 50.2 0.86 4930
0.62 55.3 50.3 0.93 4000
0.66 58.2 50.1 0.98 2660
l i l l i S l i l l
0.28 64.6 60.2 0.59 4480
0.35 63.6 60.1 0.64 5100
0.39 62.9 60.1 0.68 5950
0.42 62.6 60.1 0.70 6290
0.49 62.7 60.3 0.77 6700
0.59 63.3 60.4 0.85 6030
0.64 63.8 60.2 0.90 5200
0.70 64.4 59.9 0.96 4400
0.74 66.2 59.7 0.99 3260
I B S ! ? j
0.30 73.6 69.6 0.55 4950
0.36 72.8 69.7 0.59 6000
0.47 72.4 69.6 0.65 6730
0.52 72.9 70.5 0.69 7200
0.63 72.5 70.3 0.77 7770
0.73 72.5 70.5 0.84 7230
0.77 72.9 70.5 0.86 6770
0.83 73.0 70.1 0.91 5830
0.87 73.4 69.9 0.94 5130
0.92 75.0 69.8 0.97 3940
S i s !
U s [m/s]
10000
8000
S '  6000 
s
I
a 4000
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Appendix D
Liquid : 0.2 wt% aqueous CMC solution
Solid : Lead (dp- 2.9 mm)
Us T Tb s E^ exp
[ m/s ] [ X ] [ X ] [ - ] [W/m2 K]
0.25 50.2 41.1 0.58 2470
0.33 48.6 41.2 0.65 3420
0.41 46.0 40.4 0.72 3910
0.49 44.0 39.7 0.80 4620
0.55 44.2 39.6 0.85 4310
0.59 46.8 41.5 0.89 3910
0.64 46.9 40.1 0.94 3140
0.67 49.4 40.2 0.98 2400
I M ^ i WM ■ i : : - . - ■ " Sill 1
' 0.25 56.9 ....... 50.2 0.56 3470
0.38 55.0 50.3 0.67 4540
0.43 55.1 51.1 0.71 4950
0.47 53.3 49.8 0.74 5620
0.51 53.4 50.2 0.78 5970
0.58 53.5 49.9 0.85 5240
0.63 54.3 49.7 0.89 4500
0.68 55.7 50.2 0.94 3910
0.72 58.2 50.2 0.98 2820
- , m B m Vi;Li ]
0.25 65.7 60.5 0.55 3890
0.35 64.2 60.4 0.63 5200
0.40 62.9 59.7 0.66 5770
0.45 62.5 59.6 0.71 6360
0.49 62.9 60.2 0.74 6850
0.54 62.7 60.2 0.78 7040
0.60 63.1 60.1 0.83 6540
0.66 63.7 59.9 0.88 5550
0.72 66.2 60.7 0.94 4600
0.78 67.5 60.7 0.99 3630
LLMlI I P iSSllliii s l l l w l
0.30 74.2 70.3 0.53 5000
0.40 72.9 70.2 0.59 6400
0.47 72.2 69.8 0.63 6960
0.55 72.3 70.2 0.68 7570
0.62 72.0 70.0 0.72 8130
0.71 72.8 70.3 0.78 7600
0.81 73.7 70.1 0.85 6490
0.91 74.4 70.0 0.92 5060
1.00 76.2 70.0 0.98 4080
SHUlifS , T" vsr-;'" a ZL. j
lls [m/s]
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Appendix D
L iq u id  : 0.4 wt% aqueous CM C solution  
Sing le  Phase F low
U s
[ m/s ]
TAs
r c i
Tb
[ “Cl
e^xp
[W/m2 K]
0.30 88.7 40.4 505
0.39 79.7 40.3 616
0.50 72.2 40.4 757
0.62 66.6 40.3 908
0.76 62.1 40.2 1083
0.90 58.9 40.2 1256
1.04 57.0 40.7 1429
1.16 55.2 40.8 1600
1.28 53.8 40.8 1760
1.41 52.7 40.7 1900
1.53 51.6 40.8 2080
F ■ 5 * I— yk’c/F .............]
0.39 83.9 50.5 723
0.56 74.4 49.9 971
0.81 67.8 50.5 1350
1.00 63.7 49.9 1670
1.20 62.6 50.5 1882
1.35 60.6 49.8 2090
1.58 59.2 50.0 2406
1.74 58.0 49.9 2680
S M P H0.27 94.4 ^ 5 9 . 9 700
0.40 86.0 60.0 920
0.56 80.7 60.3 1160
0.83 74.4 60.3 1630
1.10 71.2 60.3 2060
1.32 69.2 60.0 2400
1.57 67.7 59.9 2790
1.76 67.1 60.0 3002
'S M y ■ ■ ■ ■ ■ ■ iBHHHi
0.19 101.9 69.8 750
0.28 93.6 69.8 1000
0.42 87.4 69.8 1330
0.56 84.8 69.8 1550
0.71 81.9 69.9 1890
0.87 80.6 70.5 2200
1.00 79.0 70.1 2470
1.21 78.3 70.7 2830
1.38 77.2 70.4 3140mm I 1 2
Us [m/s]
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IjAppendix D
Liquid : 0.4 wt% aqueous CMC solution
Solid : Brass 3*3 ( dpe = 3.43 mm)
Us Tx s T b 8 rtexp
[ m/s] E C ] E C ] [ - ] [W/m2 IC]
0.15 54.5 41.0 0.57 1490
0.20 51.6 40.5 0.64 1990
0.27 49.9 40.7 0.72 2640
0.34 48.2 40.2 0.81 3040
0.38 47.7 40.4 0.87 2760
0.41 49.2 40.4 0.91 2440
0.43 51.2 40.1 0.94 2140
0.45 53.8 40.2 0.97 1800
I N R K , • ..
0.20 60.2 50.4 0.60 2220
0.26 58.5 50.5 0.67 2820
0.30 56.0 49.1 0.72 3280
0.35 55.6 49.4 0.78 3880
0.41 56.7 50.7 0.85 3400
0.46 57.7 50.2 0.91 2870
0.49 59.9 50.0 0.96 2370
0.51 62.7 50.6 0.98 1950
H U M S ! B i i l i
0.26 6S.2 60.9 0.65 3220
0.30 66.0 59.8 0.69 3880
0.35 65.5 60.2 0.75 4570
0.39 64.5 59.5 0.79 4920
0.45 65.1 60.4 0.86 4440
0.50 65.7 60.1 0.92 3660
0.52 66.2 59.7 0.94 3260
0.54 66.9 59.2 0.97 2710
0.55 69.4 60.3 0.98 2330
A S li} .7.
>
u p s
0.28 76.2 70.2 0.59 3670
0.34 75.6 70.7 0.64 4570
0.41 72.7 68.8 0.70 5300
0.49 74.1 70.8 0.77 5860
0.56 73.3 70.3 0.84 5240
0.61 73.7 70.0 0.88 4540
0.67 74.9 69.9 0.94 3770
0.70 77.5 70.1 0.96 3200
j H f i M i SS1BS1 ^  .
u s [m/s]
D-40
Appendix D
Liquid : 0.4 wt% aqueous CMC solution
Solid : Stabiles Steel 3*3 ( dpe = 3.43 mm)
Us
[ m/s]
TA S
[ X ]
T b
[ X ]
8
[-]
EQxp 
[W/m2 K]
0.19 57.4 41.2 0.63 1670
0.24 54.1 41.0 0.69 2110
0.27 52.1 41.3 0.74 2460
0.31 51.1 41.4 0.80 2840
0.35 49.6 40.4 0.86 2610
0.40 51.7 40.4 0.92 2100
0.43 54.3 39.9 0.97 1660
|... i€ SS
I
,—
0.23 60.5
505
0.66 2300
0.29 58.7 50.4 0.73 2900
0.33 57.3 50.3 0.78 3430
0.38 57.1 50.5 0.84 3090
0.42 57.7 50.5 0.89 2720
0.45 58.3 50.1 0.94 2350
0.47 59.6 50.1 0.96 1950
0.48 61.7 50.2 0.98 1650
w w BBh Hw ■ H IMlfl
4 0.24 69.6 " 60.7 0.64 2660
0.29 67.9 60.8 0.70 3310
0.32 67.0 60.9 0.74 3770
0.36 65.6 60.5 0.78 4230
0.41 65.4 60.6 0.84 3920
0.44 65.7 60.3 0.88 3530
0.47 67.1 60.9 0.92 3130
0.49 68.1 60.8 0.95 2850
0.51 69.4 60.5 0.97 2310
IBSHllift m m
0.27 76.8 70.5 0.60 3490
0.34 75.3 70.5 0.66 4160
0.44 74.1 70.3 0.75 5290
0.50 73.5 70.1 0.80 5020
0.56 74.4 70.1 0.86 4230
0.61 75.9 70.1 0.92 3530
0.68 78.0 70.2 0.98 2800
u s [m/s]
E [-]
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Appendix D
Liquid: 0.4 wt% aqueous CMC solution
Solid : Carbon Steel ( dp - 3 mm)
US Txs T b 8 ^exp
[ ni/s ] EC] EC] [-] [YV/m2 K]
0.17 58.4 40.9 0.62 1520
0.22 54.3 40.8 0.69 1940
0.26 52.1 40.8 0.76 2460
0.30 50.2 40.2 0.82 2740
0.35 51.0 39.5 0.90 2250
0.39 54.8 39.9 0.97 1550
1 I M H i
0.19 62.2 '“ "50.2 0.63 1970 *
0.25 59.8 50.0 0.71 2650
0.29 58.6 49.9 0.76 3140
0.31 57.8 49.9 0.80 3370
0.37 59.0 49.9 0.88 2840
0.41 60.0 50.0 0.94 2240
0.43 62.2 50.4 0.97 1740
f . ....ISSS!,E iL. AEl 1 : „  l3 J
0.19 70.1 60.2 0.60 2250
0.25 67.9 60.6 0.68 3050
0.28 67.2 60.9 0.71 3580
0.30 66.4 60.6 0.74 3740
0.33 65.8 60.4 0.78 4020
0.38 66.7 60.3 0.84 3670
0.44 67.8 60.1 0.93 2800
0.47 69.1 59.9 0.98 2260
L I Z !MBHBIH B H B v - .-r l l l i i i i i j
0.28 76.7 70.7 0.63 4020
0.36 75.5 70.8 0.71 4780
0.40 75.2 70.8 0.75 5200
0.45 74.1 70.2 0.80 4890
0.50 75.1 70.2 0.86 4050
0.58 75.8 69.7 0.94 3230
0.61 77.6 69.5 0.98 2630
U s [m/s]
£H
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Liquid : 0.4 wt% aqueous CMC solution
Solid : Carbon Steel (dp-4 mm)
Txs Tb 8 E^exp
[ ni/s ] [ X ] [ X ] [ - ] [W/m2 K]
0.16 56.5 41.7 0.57 1480
0.19 52.1 40.0 0.61 1830
0.24 49.0 40.2 0.67 2370
0.29 47.9 40.3 0.73 2710
0.35 46.5 40.0 0.80 3160
0.38 48.3 40.4 0.85 2720
0.42 49.5 40.1 0.90 2350
0.45 51.6 40.2 0.95 1987
0.47 54.5 40.1 0.97 1670
m s m TfFxT' ' u s  in
0.20 60.4 50.4 0.59 2240
0.25 57.9 50.4 0.65 2700
0.30 56.6 50.2 0.70 3140
0.34 55.8 50.2 0.75 3540
0.38 55.6 50.4 0.80 3933
0.42 56.5 50.4 0.86 3440
0.47 57.6 50.1 0.91 2900
0.50 59.5 50.4 0.95 2420
0.52 61.1 49.8 0.98 2000
KVvT' j * m m m n jR
0.22 66.2 59.3
+ “ 60
‘ 2860
0.28 65.0 59.4 0.65 3370
0.36 64.3 59.9 0.74 4300
0.41 63.6 59.7 0.80 4800
0.45 64.3 60.0 0.84 4420
0.48 64.9 59.9 0.89 3880
0.51 66.1 60.3 0.92 3560
0.53 67.5 60.3 0.94 3000
0.56 68.8 60.0 0.98 2500
u  m m i l n m m
0.24 75.7 70.4 0.56 3600
0.35 74.6 70.5 0.64 4720
0.44 73.7 70.6 0.72 5640
0.50 73.2 70.5 0.77 5970
0.57 73.5 70.2 0.83 5500
0.65 74.2 70.2 0.90 4590
0.69 74.9 69.6 0.94 3820
0.73 76.7 69.4 0.98 2950
m m m  i  □ j*. — .. —.i
Us [m/s]
£[-]
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Appendix D
Liquid : 0.4 wt% aqueous CMC solution
Solid : Lead (dp - 2.9 mm)
“ s
[ nl/s ]
TA s
r c ]
Tb
[ “C]
8
[~]
CL^exp
[W /m 2 K ]
0.18 55.5 40.3 0.58 1680
80000.25 51.5 40.2 0.65 2220
0.32 49.2 40.1 0.73 2810
0.35 48.2 40.3 0.77 3000 6000
0.39 47.0 40.4 0.82 3320
0.43 48.7 40.5 0.86 2920 F
0.48 50.8 40.6 0.92 2630 J! 4000
0.51 53.2 39.9 0.97 1940 EiL
. . .. ■~'yT * * ' - 1 a
0.20 61.1 48.8 0.57 2130 2000
0.26 60.4 50.2 0.64 2880
0.31 57.5 48.9 0.69 3230
00.36 56.0 48.8 0.74 3660
0.40 57.0 50.7 0.78 3850
0.42 56.0 50.5 0.81 4080
0.47 56.6 50.0 0.86 3650
0.51 58.6 50.8 0.91 3260
0.53 59.5 50.4 0.94 2830
0.56 62.0 50.3 0.97 2160
O T b=70  
A Tb=60  
a Tb=50  
♦  Tb=40
O
A
%
o <$>
0.2 0.4 0.6
Us [m/s]
0.8
0.30 67.7 60.3 0.65 3490
0.36 66.1 60.2 0.71 3980
0.40 65.1 60.1 0.75 4400
0.45 64.3 60.2 0.80 5020
0.49 64.7 59.9 0.85 4530 5?
0.53 65.0 59.5 0.89 4090 <NE
0.59 66.4 59.3 0.95 3090 $
0.61 68.4 59.3 0.97 2670 a
f :' L i W B s m
0.29 76.6 69.8 0.57 3730
0.37 74.5 70.1 0.63 4590
0.45 73.2 69.8 0.69 5490
0.52 72.3 69.6 0.74 6160
0.57 72.7 69.4 0.78 6380
0.66 74.2 70.2 0.86 5580
0.74 75.4 69.9 0.93 4750
0.80 77.2 69.8 0.98 3550
asaaaBaaMiia
, ' ‘.
8000
6000
4000
2000
O T b = 70
A T b = 60
nT b = 5 0
❖ Tb=40 O  °
O  O
A  _
°  i  A  °
! c
A  a 0  A
a  ❖ a A
♦  ® i f  a
E
o
—1—1--1—1—1—1—1—1—1—1—1--1—1—1—1—1--L_1—1_1_1_1_1_1_1_1 . 1 .1, ,.l
0.4 0.5 0.6 0.7
EH
0.8 0.9
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Appendix D
L iq u id  : 0.6 wt% aqueous CM C solution  
Single  P hase F low
Us TA S T b ^ e x p
[m /s] r c i r c i [W /m 2 K ]
0.28 100.2 40.0 404
0.40 86.0 40.3 534
0.62 72.5 40.7 756
0.75 67.4 40.5 889
0.90 63.5 40.7 1038
1.03 61.1 40.9 1168
1.20 58.7 41.2 1336
1.38 55.7 40.7 1540
1.62 51.6 39.1 1820
1.82 51.1 39.8 2000
2.05 49.8 40.0 2280
i W i M I __________ ______ ______
0.47 85.6 51.0 700
0.65 75.7 49.5 913
0.82 70.9 49.6 1108
0.96 68.6 50.2 1276
1.10 66.6 50.3 1430
1.26 64.2 50.3 1660
1.48 61.8 50.1 1940
1.73 60.2 50.1 2220
1.98 59.3 50.5 2520
2.19 58.3 50.4 2750
0.31 90.5 58.4 750
0.45 86.3 59.7 900
0.60 82.3 60.2 1070
0.94 74.5 59.5 1540
0.77 78.0 60.0 1300
1.12 72.4 59.7 1800
1.29 71.2 60.4 2080
1.46 69.6 59.7 2260
1.66 68.9 60.3 2560
1.91 67.6 60.0 2840
5000 
4000 
S ' 3000
"s 
I
a 2000
1000
0.55 86.0 70.6 1500
0.67 83.8 70.5 1730
0.87 80.9 70.0 2080
1.05 79.1 69.8 2380
1.17 78.2 69.7 2573
1.29 77.4 69.5 2750
1.41 77.5 70.2 2960
1.57 76.6 70.1 3240
1.74 76.4 70.4 3470
1.97 75.5 70.1 3820
r.  -«
O Tb=70 
ATb=60 
0 Tb=50 
ft Tb=40
A A
O
O A
A 0 A 0 ft '
A
A
a
A
ft
0.5 1 1.5
Us [m/s]
2.5
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Appendix D
iLiquid : 0.6 wt% aqueous CMC solution
Solid : Brass 3*3 ( dpe = 3.43 mm)
Us
[ m/s ]
TAs
[ X ]
Tb
[ X ]
8
[ - ]
CL^exp
[W/m2 K]
0.14 61.74 40.42 0.59 1400
0.17 58.49 40.00 0.63 1620
0.23 54.96 40.24 0.72 1960
0.30 53.11 40.27 0.83 2340
0.33 50.92 39.81 0.87 2130
0.35 52.36 39.97 0.91 1900
0.38 52.40 40.01 0.95 1600
0.40 56.62 39.96 0.99 1400
I l S i S • J
0.16 65.63 50.17 0.59 1710
0.19 63.60 50.75 0.63 1970
0.23 60.44 49.95 0.69 2270
0.26 59.39 49.95 0.73 2460
0.31 57.93 49.87 0.80 2990
0.36 57.54 49.89 0.86 2760
0.38 59.10 50.30 0.89 2530
0.41 60.73 50.25 0.94 2200
0.43 62.35 49.66 0.97 1900
r _ .  ,  
! . . _____
0.22 70.35 59.98 0.64 2460
0.27 68.61 59.77 0.71 2840
0.30 68.30 60.41 0.75 3070
0.35 67.08 60.42 0.81 3430
0.40 67.75 60.27 0.88 3070
0.43 68.85 60.43 0.92 2730
0.45 70.19 60.42 0.95 2420
0.47 71.61 60.31 0.98 2160
’ ‘
0.26 77.78 69.72 0.61
. . .
2900
0.32 76.59 69.73 0.67 3450
0.40 75.69 70.05 0.75 4100
0.47 75.11 70.21 0.82 4370
0.53 76.03 70.19 0.88 3820
0.57 76.90 70.03 0.93 3240
0.60 78.31 70.26 0.96 2860
0.62 79.24 69.80 0.98 2430
[' f  S L":
M S i l l l SlEillltlS■ ■ ■ ■ ■ ■  I ■  !
u s [m/s]
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Appendix D
Liquid : 0.6 wt% aqueous CMC solution
Solid : Stainles Steel 3*3 ( dpe = 3.43 mm)
us TA s Tb 8 CL^exp
[m /s] E C ] E C ] [ - ]  [W/m2 K]
0.15 59.3 40.1 0.62 1360
0.18 57.3 40.0 0.66 1530
0.21 55.1 40.0 0.71 1760
0.24 53.2 40.0 0.76 1960
0.28 52.6 40.8 0.82 2130
0.30 51.4 40.1 0.86 1980
0.33 52.9 40.6 0.90 1810
0.35 54.3 39.8 0.94 1540
0.37 57.1 40.4 0.98 1290illi |
0.16 64.2 50.9 0.61 1660
0.20 62.1 50.8 0.66 1940
0.22 61.3 50.9 0.69 2080
0.24 60.4 50.5 0.73 2240
0.26 59.9 50.4 0.76 2450
0.29 58.6 49.8 0.80 2720
0.32 58.4 50.0 0.84 2600
0.34 59.0 49.6 0.88 2470
0.37 60.6 49.9 0.91 2190
0.40 62.4 49.4 0.96 1790
[ S B M B B m m m 1 I i  '
0.22 70.8 61.0 (166 2350
0.29 68.9 61.0 0.76 2920
0.32 66.5 59.6 0.80 3220
0.37 68.2 60.5 0.88 2860
0.40 69.1 60.2 0.91 2530
0.42 69.4 59.7 0.94 2280
0.44 70.5 59.4 0.97 1990
I B IH i r
.j L p w B p i f t p 1 1
*  0.23 79.8
_i 2
‘ 0.60 2670
0.26 78.8 71.2 0.63 2840
0.32 77.4 71.1 0.69 3300
0.36 76.2 70.8 0.73 3630
0.41 76.9 70.9 0.78 4020
0.48 77.3 70.5 0.86 3630
0.51 76.7 69.3 0.90 3180
0.56 79.0 70.6 0.95 2650
0.59
... — —
80.0 70.4 0.99 2230
u s [m/s]
8 [-]
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Appendix D
Liquid: 0.6 wt% aqueous CMC solution
Solid : Carbon Steel ( dp = 3 mm)
Us Txs T b s n'-"'exp
[ m/s ] r c ] [~ C ] [ - ] [W/m2 K]
0.09 59.6 40.3 0.54 1220
0.12 58.5 40.8 0.59 1320
0.16 56.3 40.3 0.66 1460
0.19 55.2 40.7 0.71 1720
0.23 53.4 40.2 0.78 1950
0.26 52.4 40.0 0.83 2060
0.29 53.7 40.0 0.89 1860
0.31 55.4 40.0 0.93 1530
0.33 57.5 40.0 0.96 1330
. d U . .  ' . /  ' ju_ . _  . . . . . .
0.13 64.5 50.1 0.58 1600
0.18 61.9 49.9 0.66 1900
0.21 60.9 50.1 0.71 2080
0.24 61.1 50.9 0.75 2200
0.27 59.0 49.5 0.80 2400
0.29 58.8 50.2 0.83 2600
0.31 59.7 50.1 0.87 2410
0.33 60.7 50.2 0.90 2170
0.36 61.4 49.6 0.95 1920
0.39 63.3 50.0 0.99 1730
H S U S m u m
0.15 72.5 60.3 0.59 1870
0.21 69.6 60.3 0.67 2280
0.25 68.4 60.0 0.73 2600
0.27 68.2 60.2 0.77 2790
0.30 67.1 59.5 0.81 3100
0.33 67.8 59.4 0.86 2870
0.37 69.9 60.2 0.92 2450
0.40 71.3 60.0 0.97 1990
5000
4000
s
I
a 2000
1000
O T b = 7 0  
A T b = 6 0  
a Tb=50  
f t  Tb=40 O
o o
0
ft ♦
O  A  0 .
. 13 £3 M
fl Q
A  ^  ♦  f t  0  nA
0.1 0.2 0.3 0.4
U s [m/s]
0.5 0.6
5000
4000
E
a 2000
1000
p s i  8M BE
i
0.22
■ —  m u
79.2 70.8 0.60
—- j  - *  
2600
0.27 76.7 69.2 0.66 2980
0.34 76.8 70.3 0.74 3500
0.38 76.0 70.1 0.79 3800
0.40 75.8 70.1 0.81 3950
0.44 75.3 69.2 0.86 3530
0.46 76.5 69.8 0.89 3220
0.48 77.8 70.3 0.91 2900
0.51 78.9 70.1 0.95 2500
0.53 79.7 69.7 0.98 2240
O T b = 7 0  
A T b = 6 0  
a Tb=50  
ftT b = 4 0 O
o o
A OA O
ft
* W A O0 Q A u
m a 0 o
f t  ^  A  £3 A
- J— I— I— I— I— I— I— I— I— I___I__I— I— I— I__ I I I I__1—
0.4 0.5 0.6 0.7
£  H
0.8 0.9
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Appendix D
Liquid : 0.6 wt% aqueous CMC solution
Solid : Carbon Steel (dp - 4 mm)
U s TA s Tb e CL^exp
[ m/s ] E C ] E C ] [ - ] [W/m2 K]
0.10 59.35 41.02 0.53 1280
0.15 56.48 40.91 0.59 1490
0.19 53.56 40.56 0.65 1760
0.24 52.10 40.99 0.72 2030
0.27 50.99 40.83 0.77 2200
0.32 49.40 40.31 0.84 2400
0.37 50.90 39.91 0.92 2050
0.39 53.82 39.87 0.95 1650
0.40 56.57 39.66 0.97 1380
w m m C E E / E E H M H M N i s m B M H
0.18 61.9 50.4 0.60 I960
0.24 59.6 50.4 0.69 2400
0.31 58.3 50.3 0.78 2730
0.34 57.2 50.1 0.82 3005
0.39 58.2 50.1 0.89 2680
0.41 59.5 50.2 0.92 2380
0.44 60.4 49.7 0.97 2100
0.46 62.0 49.6 1 .0 0 1830
'I.... .i. . . . . . . i. jr.- ■  YL^ tLu._
0.26 68.1 59.7 0.68 2600
0.31 67.5 60.4 0.74 3030
0.35 66.5 60.5 0.80 3461
0.41 66.6 59.8 0.87 3130
0.45 68.1 60.4 0.93 2740
0.48 69.3 60.5 0.97 2340
M W 1
0.24 77.7 70.7 0.59 2870
0.32 76.5 70.7 0.66 3450
0.41 75.8 70.7 0.74 4030
0.46 74.1 69.8 0.79 4460
0.53 75.4 70.5 0.86 4030
0.56 76.1 70.4 0.90 3600
0.59 76.6 70.0 0.93 3200
0.61 77.9 70.1 0.95 2800
0.64 78.8 69.7 0.98 2440
Us [m/s]
EH
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Appendix D
Liquid : 0.6 wt% aqueous CMC solution
Solid : Lead ( dp = 2.9 mm)
Us TAs T b 8 ^exp
[ m/s ] [ X ] [ X ] [ - ] [W/m2 K]
0.15 60.3 40.6 0.58 1510
0.22 54.7 40.3 0.66 1970
0.27 52.8 40.8 0.73 2170
0.30 50.3 39.6 0.78 2350
0.35 49.8 40.5 0.84 2620
0.37 50.S 39.8 0.87 2490
0.40 53.1 39.8 0.92 2140
0.43 57.4 40.4 0.96 1740
“ ■' . i l .
0.15 64.2 49.3 0.55 1660
0.22 60.2 49.2 0.64 2170
0.26 59.1 49.9 0.68 2480
0.31 58.8 50.2 0.74 2660
0.38 57.6 50.3 0.83 3100
0.41 58.0 49.6 0.87 2970
0.43 58.6 49.5 0.90 2710
0.47 60.1 49.6 0.95 2390
0.49 61.4 49.7 0.98 2120
t....... . .....  ...................................................  T .... .
0.17 72.8 61.3 0.56 2130
0.22 71.3 61.2 0.61 2350
0.29 69.0 61.1 0.68 2850
0.35 67.6 60.S 0.76 3290
0.39 66.8 60.5 0.81 3580
0.45 68.6 61.1 0.88 3260
0.50 69.0 60.0 0.94 2780
0.52 71.5 60.7 0.97 2560
wmrn ____ U „ r i  1
0.29 77.4 70.6 0.60 " 3140
0.38 76.1 70.6 0.68 3880
0.44 75.5 70.5 0.74 4320
0.51 74.7 70.2 0.80 4630
0,57 75.9 70.7 0.86 4280
0.61 76.2 69.9 0.90 3820
0.64 77.1 70.0 0.93 3330
0.69 79.2 70.0 0.98 2660
L-.C- —_______ _ .......... .
us tin/s]
D -50
Appendix D
L iq u id  : 0.8 wt%  aqueous CM C solution  
S ing le  P hase F low
Us
[ m /s ]
TA S
r c ]
T b
[ X ]
E^ exp 
[W/m2 K]
0.28 108.1 40.5 362
0.39 94.7 40.1 448
0.49 86.3 40.7 534
0.61 79.2 40.9 632
0.76 72.5 40.3 750
0.89 68.0 40.0 859
1.15 62.6 40.3 1064
1.47 58.0 41.2 1380
1.82 55.0 41.6 1700
2.08 53.1 41.4 1930
t l l l l l l l l l l l l l i i l i I l f i l l i a
" 0.56 85.6 49.8 676
0.66 81.4 50.2 771
0.78 77.1 50.0 884
0.92 73.1 49.7 1014
1.08 70.8 50.5 1161
1.21 68.9 50.5 1280
1.37 67.3 50.9 1421
1.50 64.5 50.0 1600
1.64 64.2 50.8 1720
1.79 62.7 50.6 1860
1.94 62.0 50.7 2021
m m m m m S i M S l i l l  . . . . .  -.........
0.26 107.0 60.4 520
0.43 96.5 59.2 650
0.63 87.1 59.8 880
0.76 83.0 60.2 1040
0.90 80.1 60.5 1200
1.00 78.3 59.9 1280
1.11 77.0 60.1 1380
1.25 74.6 59.6 1540
1.45 73.2 60.1 1750
1.71 70.9 59.6 2000
1.92 69.3 59.2 2210
‘ _________ 1
T~-;: jjffff | j |
0.39 98.4 70.5 860
0.51 93.5 70.4 1029
0.59 90.7 70.4 1165
0.67 89.8 71.0 1250
0.79 87.5 70.8 1400
0.96 84.5 70.3 1620
1.10 82.6 70.0 1810
1.26 81.5 70.1 1990
1.42 80.3 70.1 2200
1.53 79.8 70.4 2350
1.80 78.5 70.2 2630
— . ................... i______ M i S S
3000
2000Cl
a
a
1000
o A
O
0° a
O  A d
3 *D*“ ♦ A.*♦
I I I '  ■ I
O T b=70  
A T b = 60  
b Tb=50  
❖ T b = 40
0.5 1 1.5
Us [m/s]
2.5
D-51
Appendix D
Liquid : 0.8 wt% aqueous CMC solution
Solid : Brass 3*3 ( dpe = 3.43 mm)
Us
[m/s]
TA S
r c j
Tb
[ “C]
s
[ - ]
OCexp
[W/m2 K]
0.11 62.6 40.2 0.58 996
0.14 60.3 40.7 0.63 1240
0.18 57.2 40.6 0.70 1461
0.23 54.7 40.5 0.78 1760
0.28 53.4 40.4 0.87 1565
0.31 57.5 40.4 0.92 1315
0.32 63.1 40.3 0.94 1160
i  1l l f l l l
a n 67.2 50.9 0.56 *  "1440
0.15 64.5 50.3 0.62 1690
0.19 62.8 50.4 0.68 1970
0.25 61.4 50.4 0.77 2200
0.31 59.9 49.9 0.86 2200
0.33 62.9 50.5 0.90 1950
0.35 67.2 49.8 0.93 1640
0.15 71.3 59.8 0.59 2040
0.21 69.0 59.7 0.69 2560
0.25 68.5 60.1 0.74 2840
0.33 67.7 60.5 0.86 3000
0.36 68.9 59.7 0.90 2400
0.40 73.9 60.0 0.96 1660
— igjimMMi
0.22 79.2 704 0.61 ....  2760
0.29 78.5 71.1 0.68 3090
0.38 77.3 71.0 0.78 3490
0.44 75.9 70.0 0.85 3590
0.47 76.3 69.6 0.89 3180
0.50 78.0 69.7 0.93 2760
0.52 79.4 69.5 0.95 2420
0.54 82.8 70.8 0.98 1950
u s [m/s]
Appendix D
Liquid : 0.8 wt% aqueous CMC solution
Solid : Stainles Steel 3*3 ( dpe = 3.43 mm)
Us TAs Tb 8 E^exp
[ m/s ] E C ] E C ] [-] [W/m2 K]
0.11 62.9 40.1 0.59 926
0.14 59.8 40.0 0.64 1095
0.17 57.8 40.0 0.69 1265
0.21 55.8 40.0 0.77 1470
0.25 55.0 40.8 0.84 1620
0.26 56.1 40.1 0.87 1462 s
0.29 59.4 40.6 0.90 1256 s
0.31 63.6 39.8 0.95 1040 |
TTT- ,3 EE'EiEE — — a
" 0.09 “ 70.5 *50.8 0.53 1130
0.12 66.8 50.5 0.58 1350
0.16 65.6 50.9 0.65 1580
0.17 63.5 50.4 0.67 1670
0.21 62.1 49.8 0.73 1860
0.26 60.9 50.0 0.82 2050
0.29 61.8 49.6 0.86 1860
0.32 64.7 49.9 0.91 1560
0.34 67.1 49.4 0.94 1320
' -EE: :'v - m u
0.10 73.1 61.0 0.53 1590
0.17 70.6 61.0 0.64 2090
0.22 67.9 59.6 0.71 2470
0.29 67.9 60.5 0.82 2830
0.32 68.9 60.2 0.87 2460 S
0.34 70.0 59.7 0.90 2180
0.37 73.5 59.4 0.95 1530 1
m m m BBSS a
0.12 81.8 " ^ 7L 2^ 0.52 2040
0.22 79.3 71.2 0.62 2510
0.26 78.5 71.1 0.67 2780
0.33 77.4 70.8 0.74 3150
0.38 77.1 70.9 0.81 3250
0.41 76.4 69.3 0.85 3000
0.45 79.0 70.5 0.90 2600
0.48 80.4 70.6 0.93 2270
0.51 82.1 70.4 0.97 1770
u s [m/s]
E[-]
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Appendix D
Liquid : 0.8 wt% aqueous CMC solution
Solid : Carbon Steel ( dp - 3 mm)
Us TA S Tb s E^ exp
[ m/s ] [ X ] [ X ] [ - ] [W/m2 K]
0.10 63.1 39.8 0.59 880
0.13 60.1 39.9 0.65 1067
0.18 57.8 40.4 0.75 1340
0.23 55.6 40.0 0.85 1485
0.26 58.4 40.4 0.91 1235
0.28 61.2 40.6 0.95 1047
0.29 63.2 40.1 0.97 949
H I  p l l . ..........|
0.12 68.1 "^ 49.6 0.59 1270
0.15 65.0 49.5 0.65 1500
0.18 63.4 49.4 0.70 1650
0.24 61.6 49.8 0.82 1841
0.29 64.3 50.1 0.90 1483
0.32 67.7 50.1 0.97 1182
f — v , : ‘ ....... .... ....  ' f
0.09 . — - y j 61.0 0.53 1440
0.13 74.5 60.6 0.60 1660
0.15 71.9 60.0 0.63 1910
0.19 70.4 60.0 0.69 2220
0.24 69.7 60.2 0.78 2470
0.26 69.3 60.3 0.81 2510
0.30 71.1 60.8 0.88 2165
0.33 71.7 60.1 0.93 1760
0.35 74.8 60.1 0.97 1410
■ j _ J j.I l l l l l i l M S  ' 1
0.13 81.1 69.6 0.53 1970
0.19 81.0 71.0 0.60 2250
0.25 79.1 70.4 0.69 2640
0.29 78.5 70.5 0.74 2900
0.33 77.5 70.1 0.79 3040
0.39 78.7 69.9 0.87 2500
0.42 80.7 69.9 0.91 2110
0.45 83.4 70.6 0.96 1780
4000
3000
J?
-t 2000
1000
O T b = 70
A T b = 6 0
a Tb=50
^ T b = 4 0
O  °
► I
p
i
0
a  A  o
O  A E3 a n
A m  A  °
A
sa 8 ^  ^  A B A
4
9
%
j—i—i—i—i— i—i—i—i—i__i__i__i__i ■ • ■ ■
0.1 0.2 0.3
Us [m/s]
0.4 0.5
EH
Appendix D
Liquid: 0.8 wt% aqueous CMC solution
Solid : Carbon Steel ( dp = 4 mm)
Us TA s Tb s OQxp
[ m/s ] m CC] [ - ] [W/m2 K]
0.14 63.8 40.0 0.61 1000
0.17 59.9 39.8 0.67 1170
0.20 57.5 40.0 0.72 1340
0.24 57.8 42.3 0.78 1500
0.27 54.2 40.3 0.83 1650
0.30 56.7 40.5 0.89 1430
0.32 59.7 40.5 0.92 1220
0.34 64.5 40.5 0.95 1067
[' ..V®./®
0.12
. j.. .
68.9 522 0 .5 7 *
j
1400
0.17 64.7 50.7 0.64 1640
0.20 61.8 49.4 0.68 1840
0.24 62.3 51.1 0.74 2010
0.29 60.3 49.7 0.82 2130
0.31 62.1 50.3 0.86 1930
0.34 64.0 50.0 0.90 1640
0.37 67.1 50.1 0.95 1380
I ^  ~ I S S S I ! B p u m M m m MI
0.13 72.3 * 60.5 0.56 1830
0.17 70.9 60.6 0.61 2080
0.20 69.3 60.0 0.65 2290
0.23 68.3 59.9 0.70 2510
0.26 67.4 59.5 0.74 2690
0.30 67.6 60.2 0.80 2880
0.33 68.1 59.9 0.84 2669
0.36 69.2 59.9 0.89 2380
0.39 71.1 59.3 0.93 1930
0.41 75.2 60.7 0.96 1600
M M s i p s  ’7
0.18 79.3 70.5 0.56 2370
0.23 78.2 70.4 0.61 2640
0.27 76.9 70.0 0.65 2900
0.33 75.8 69.5 0.71 3200
0.38 76.3 70.5 0.77 3550
0.42 77.0 70.5 0.81 3260
0.47 77.6 70.2 0.87 2890
0.48 78.2 70.1 0.89 2680
0.52 80.0 70.5 0.94 2320
0.55 82.3 70.2 0.97 1880
i -r  •]
Us [m/s]
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Liquid : 0.8 wt% aqueous CMC solution
Solid : Lead ( dp - 2.9 mm)
U s TAS Tb 8 •^exp
[ ni Is ] E C ] E C ] [ - ] [W /m2 IC]
0.12 63.2 39.4 0.57 1000
0.18 59.4 39.8 0.66 1263
0.21 57.5 39.4 0.70 1381
0.25 55.4 39.7 0.76 1556
0.28 54.2 39.8 0.81 1709
0.30 56.1 39.8 0.84 1647
0.33 59.6 40.4 0.89 1500
0.37 63.8 40.5 0.95 1165
sk B S S B H §1 1 1 , j
0.13 67.6 50.1 0.56 1434
0.20 64.8 50.0 0.65 1793
0.25 62.4 50.2 0.72 2064
0.30 61.2 50.1 0.80 2229
0.33 61.6 49.3 0.84 2100
0.37 63.9 49.3 0.90 1764
0.40 67.0 49.8 0.94 1531
'J . . .mmm
0.14 73.2 59.9 0.56 1950
0.18 71.3 59.9 0.61 2170
0.21 70.3 60.1 0.64 2440
0.24 68.9 59.6 0.68 2590
0.28 68.3 60.0 0.73 2750
0.33 67.6 60.1 0.80 3000
0.37 68.2 60.1 0.85 2770
0.40 69.4 60.0 0.90 2400
0.42 70.9 59.9 0.92 2170
0.45 73.7 60.1 0.96 1720
Us [m/s]
. . . . .  .
iS S f lP lSSMISraaii
0.22 79.7 70.6 0.58 2600
0.27 78.6 70.4 0.62 2950
0.30 78.0 70.4 0.65 3210
0.34 77.4 70.6 0.70 3380
0.43 76.1 70.1 0.78 3640
0.47 76.8 69.9 0.83 3360
0.50 77.9 70.4 0.86 3100
0.53 78.9 70.4 0.89 2780
0.57 79.6 69.9 0.94 2470
0.60 81.6 69.9 0.97 1970
£[-]
Appendix D
L iq u id  : 1 wt%  a queous C M C  solution  
S ing le  P hase  F low
[m/s]
TAs
[ X ]
Tb
[ X ]
E^ exp
[W/m2 K]
0.81 82.8 40.8 579
1.01 75.8 40.2 680
1.20 72.1 40.9 772
1.36 68.2 40.6 869
1.51 65.0 40.2 963
1.70 62.6 40.4 1068
1.87 60.8 40.5 1163
2.06 59.1 40.6 1270
I B i i l l t. • W B M  J
0.75" 92. i 50.2 579
0.86 87.7 49.8 640
1.00 83.7 50.2 720
1.19 82.2 52.4 807
1.38 76.9 51.0 924
1.63 73.8 51.6 1069
1.93 69.6 50.8 1228
L • / : - y?till!fafaifs
0.84 98.4 ^ 6 4 S T ■ 720
0.99 94.0 63.6 793
1.20 91.3 64.4 890
1.35 87.4 62.9 972
L50 85.1 62.3 1040
1.66 80.9 60.3 1145
1.79 80.3 60.8 1211
K «J-~ 1 ^ 1S 1 j
0.64 105.0 ~  70.4 701 '
0.80 100.6 70.5 796
0.96 98.0 70.5 867
1.10 95.7 70.5 946
1.27 93.3 70.3 1033
1.43 91.4 70.2 1120
1,67 89.0 70.1 1240
1.78 87.6 69.8 1320
I I M 1 1 I 1 —
1500
1000
fNE
£
a 500
O
A ❖
o A,
OTb=70 
ATb=60 
a Tb=50 
•&Tb=40
0.5 1.5 2.5
U s [m/s]
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Appendix D
Liquid : 1 wt% aqueous CMC solution
Solid : Brass 3*3 ( dpe = 3.43 mm)
Us TAs T b 8 ^exp
[ m/s ] [ VC ] [ “C ] [ - ] [W/m2 K]
0.08 69.1 40.2 0.60 666
0.12 63.5 40.2 0.69 953
0.15 60.0 39.8 0.76 1182
0.20 58.1 40.3 0.86 1440
0.22 65.1 40.8 0.91 1070
0.25 76.6 39.9 0.96 800
r  ” I  :i m m h i si
ll
mm L/.
-r
IS 11
1
0.08 76.5 50.6 0.57 800
0.13 68.2 50.1 0.66 1220
0.15 66.0 49.8 0.71 1440
0.17 65.3 50.6 0.74 1640
0.22 63.6 50.1 0.84 1880
0.24 65.7 50.0 0.88 1600
0.26 68.5 49.7 0.92 1350
0.27 76.6 50.1 0.95 1110
0.10 ^ 1 5 .4  " 60.6 0.58 1500
0.15 71.8 60.2 0.66 1950
0.19 69.4 59.1 0.74 2360
0.23 69.7 60.3 0.80 2640
0.26 71.9 60.8 0.85 2380
0.28 73.7 60.4 0.89 2020
0.32 79.7 60.1 0.96 1360
P i l l
0.12 82.1 70.8 0.54 1800
0.15 79.8 69.8 0.58 2060
0.20 78.0 69.4 0.64 2550
0.32 76.8 69.1 0.81 3310
0.35 80.2 70.6 0.85 2840
0.39 82.7 70.5 0.90 2270
0.42 86.5 70.3 0.95 1680
' V f / Y  f v / ’*®
•S'-C H 111 M
N
s
Us [m/s]
SH
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Appendix D
Liquid: 1 wt% aqueous CMC solution
Solid : Stainles Steel 3*3 ( dpe = 3.43 mm)
Us 
[ m/s ]
TAs
E C ]
T b
E C ]
s
[ - ]
^exp
[W/m2 K]
0.10 75.2 I T T 0.66 850
0.12 69.3 41.8 0.70 910
0.14 62.0 40.4 0.76 1058
0.18 59.2 40.8 0.84 1274
0.21 65.8 40.2 0.90 960
0.23 75.7 40.1 0.96 653
H H B I n m *  ~  ]
* 0.10 77.1 50.6 0.62 1030
0.12 71.5 50.4 0.66 1200
0.15 66.9 49.6 0.73 1350
0.20 64.6 49.6 0.82 1620
0.24 67.1 49.5 0.91 1110
0.27 75.6 49.9 0.97 800
8M M BII f i i l l i l l l l l S Z j m i l s l l i l l i l l l i l i
"  o t i4 749 59.0 0.67 1650
0.17 73.9 60.1 0.71 1980
0.19 73.4 61.3 0.77 2240
0.22 71.8 60.7 0.82 2340
0.24 72.6 60.6 0.86 1960
0.27 74.6 60.1 0.90 1590
0.28 76.5 60.4 0.93 1320
0.30 79.6 60.8 0.97 1140
E ’- T v -\' Y :.v7‘,JV ;C :!,' •: ' 1
0.19 82.9 71.3 0.64 2190
0.22 80.6 70.4 0.69 2530
0.26 79.2 69.8 0.75 2780
0.30 78.2 69.8 0.81 2960
0.34 81.5 70.4 0.88 2240
0.37 84.5 71.2 0.92 1810
0.40 87.8 70.6 0.96 1400
g l g j g p
— 1 1
4000
3000
O T b=70  
A T b = 60  
b Tb=50  
A Tb=40
tfM
2000
£
a
1000
o
0.1 0.2 0.3
Us [m/s]
0.4 0.5
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Appendix D
Liquid : 1 wt% aqueous CMC solution
Solid : Carbon Steel ( dp = 3 mm)
Us
[ m/s ]
T s
[ X ]
T b
[ X ]
8
[ - ]
EQxp 
[W/m2 K]
0.09 80.9 40.5 0.66 600
0.11 70.5 40.4 0.71 800
0.13 63.4 40.1 0.76 1023
0.16 59.4 40.4 0.84 1235
0.18 66.3 41.7 0.89 970
0.20 75.0 41.0 0.94 710
U M I A l , / . . gj
0.11 78.8 51.0 0.67 921
0.14 69.6 50.5 0.73 1230
0.17 65.2 50.9 0.81 1620
0.19 67.7 51.6 0.85 1440
0.21 70.8 ' 51.2 0.90 1200
0.23 77.2 50.3 0.94 890
g g g p ! i K l M SeSS'SSi  7  1fa.fac S 11
0.13 75.2 60.4 0.67 1560
0.16 70.5 60.2 0.74 2120
0.18 69.9 60.4 0.78 2330
0.20 71.6 60.3 0.83 2100
0.22 73.8 60.9 0.86 1770
0.24 75.7 60.6 0.91 1530
0.26 79.8 60.0 0.95 1190
w m m mmM
0.13 83.5 70.5 u.58 1760
0.17 79.6 69.6 0.64 2120
0.20 79.5 70.7 0.69 2420
0.24 76.9 69.3 0.76 2790
0.26 77.6 69.3 0.79 2620
0.28 78.8 69.3 0.83 2340
0.31 81.8 70.6 0.88 2020
0.33 83.9 70.4 0.91 1700
0.36 87.6 69.9 0.96 1320
1— m i i J
3000
2000
£
53 1000
OTb=70 oATb=60 oa Tb=50 o♦ Tb=40 A u OAD A q
° „ A oA Am
m ♦ 0 A °
H ^  &
----1—- J ------«------ L. -J----1--------1 __1 .... .. 1 .x... . i ...............*.......
0.1 0.2 
Us [m/s]
0.3 0.4
EH
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Appendix D
Liquid : 1 wt% aqueous CMC solution
Solid: Carbon Steel (dp-4 mm)
Tx s T b 8 CilA'exp
[ ni/s ] r c ]  r c ] [ - ]  [W /n f K]
0.12 72.9 40.4 0.67 740
0.16 63.3 40.4 0.75 1040
0.18 59.7 40.6 0.79 1230
0.21 56.7 40.2 0.86 1360
0.24 63.3 40.5 0.92 1040
0.26 73.9 41.3 0.96 740
; ..... ' j j i 1 B  1
0.10 82.7 50.2 0.60 740
0.13 74.4 50.6 0.64 1000
0.15 69.8 50.7 0.68 1230
0.17 66.3 50.5 0.73 1470
0.20 64.7 50.2 0.78 1638
0.23 63.4 50.4 0.84 1812
0.24 62.7 50.6 0.85 1647
0.26 66.0 50.5 0.89 1500
0.27 70.9 51.1 0.92 1190
0.29 77.0 50.1 0.96 890
,J 1 ’s n ’V®®®®®®®!/®/
. . ......
" " T L  ,j
0.14 76.3 61.3 0.64 1540
0.18 72.5 60.9 0.70 1950
0.20 70.0 60.3 0.74 2300
0.22 69.6 60.9 0.77 2530
0.25 68.5 60.6 0.83 2730
0.28 70.2 60.0 0.88 2200
0.30 74.2 60.6 0.92 1690
0.33 80.2 6L 4 0.97 1190
| !k ik L li£
W H M m m
0.18 81.4 70.5 0.61 2070
0.24 79.4 70.8 0.68 2550
0.28 78.1 70.8 0.74 2930
0.30 77.7 71.0 0.77 3140
0.33 77.2 70.9 0.81 3360
0.36 78.1 70.6 0.85 2860
0.39 79.8 70.3 0.89 2340
0.41 81.7 70.1 0.93 1950
0.44 86.9 69.7 0.97 1460
£ I __ ■ Si
U s [m/s]
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L iq u id  : 1 wt%  aqueous C M C  solu tion  
S o l id : L ead  ( dp = 2.9 m m )
Us TAs T b 8 C^ exp
[ m/s] r c ] E C ] [ - ] [W /m2 K]
0.10 78.2 40.3 0.61 950
0.12 69.9 40.2 0.65 1030
0.15 65.3 41.0 0.71 1180
0.18 59.8 40.2 0.77 1320
0.22 57.3 40.3 0.84 1451
0.25 64.2 40.4 0.90 1265
0.28 73.5 40.9 0.96 905
1
0.10 79.8 ’ 50.9 " 0.58 1050
0.12 74.3 50.0 0.61 1220
0.17 67.8 49.8 0.69 1530
0.15 71.5 50.9 0.66 1360
0.20 65.2 50.0 0.75 1710
0.24 64.2 50.8 0.83 1930
0.28 68.0 49.8 0.89 1531
0.32 76.1 50.1 0.96 950
K m m s m
0.13 ‘ 75.5 60.0 0.60 1500
0.17 73.6 61.0 0.65 1820
0.19 70.9 60.6 0.70 2180
0.24 69.1 60.7 0.78 2605
0.27 71.1 60.9 0.82 2790
0.32 73.4 60.7 0.90 2050
0.36 79.3 60.5 0.97 1310
l l S M f - . •
B
i
0.22 79.4 70.2 0.63 2470
0.28 77.3 70.0 0.71 2970
0.32 76.5 69.8 0.76 3320
0.36 78.1 70.0 0.81 3610
0.40 80.8 70.3 0.86 2980
0.43 84.1 69.2 0.90 2450
• • g g i r  i
U s [m/s]
s [-]
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